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Preface 


Extractive metallurgy is the art of extracting metals from their ores and refining 
them.  


This book deals with the processes, operations, technologies and processing 
routes of extractive metallurgy, i.e. the (production) extraction of metals from ores, 
concentrates (enriched ores), scraps and other sources and their refining to liquid 
metals before casting or to solid metals.  


In many books dealing with metallurgy, the introduction starts by recalling the 
steps of the progress of metallurgy. These steps, according to and since Lucrèce, are 
identical to those of human progress: the copper age, the bronze age, the iron age, 
the silicon age1. According to Mohen2, the considerable role attributed to the three 
principal metals in the development of human societies must not be overstressed or 
overvalued. It is nonetheless true that “metallurgy is the most advanced prehistoric 
manifestation of the mastery of natural resources” (Mohen). Extracting copper from 
its ore dates back to the middle of the fifth millennium before our age and extracting 
iron from its ore dates from the beginning of the second millennium before our age.  


The winning (production) of metals and alloys today is still one of the basic 
industries of the transformation of matter. Metals and alloys still are essential 
resources for metallic, mechanic, electromagnetic, electric and even electronic 
industries (silicon is treated as a metal).  


                             
1 S.L. SASS, The Substance of Civilization: Materials and Human History from the Stone Age 
to the Age of Silicon, Arcade Publishing, 1999. 
2 J.P. MOHEN, Métallurgie préhistorique, Masson, Paris, 1990. 
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This industry is characterized by: 


– Production (of primary metal) ranging from 1,345 million tons (Mt) of steel a 
year to 138,000 tons of titanium, in 20073.  


Steel Aluminum Copper Zinc Lead Nickel Magnesium Titanium 


1,345 38 15.6 10.6 7.0 1.66 0.79 0.138 


Table 1. World metal production in 2007 


– Very high growth rates in the years 1950 to 1973, and again since 2000. The 
production of steel was 200 million tons in 1950. The production of aluminum 
increased from 2 million tons in 1950 to 10 million tons in 1973, reaching  
38 million tons in 2007. If in developed countries the growth in terms of tonnage has 
strongly slowed in recent decades, this is due to a smaller consumption of these 
products owing to the increase in mechanical and physical properties of the 
materials and parts forged from these materials, thus requiring less material for the 
same usage. However the annual production of steel in China increased from  
182 million tons in 2002 to 489 million tons in 20074. 


– Production costs varying by a factor of 20 to 25 between steel and titanium. 
The three principal costs in metal production are investment, ore and energy 
consumption. The energy consumption is about 20 GJ/ton of steel, 80 GJ/ton of 
aluminum and 160 GJ/ton of titanium. Hence the permanent research into 
improvements of the processes or operations and/or the development of new 
processes. 


– Very high recycling rates. Recycled steel represents 46% of iron sources in 
worldwide steel production. The “electric furnace processing route” produces 35% 
of steel. It uses 75% less energy than the integrated route. The recycling rate of 
aluminum represents 25% of total production and the energy consumption from 
recycled aluminum represents 5% (energy reflow) of energy consumption from the 
ore. The production of primary zinc is 7.4 million tons and from recycled zinc is 
2.1 million tons. In the case of lead, the production from recycled lead is greater 
than 50%. 


– Very high quality products with degrees of purity (i.e. contents of harmful 
impurities) for the finished products, comparable to the purity of materials for 
electronics and with very narrow concentration ranges of the alloying elements, to 
obtain physical or mechanical properties with very small dispersions. For metal 
castings reaching 300 tons, steel grades with carbon content of less than 25 ppm, 


                             
3 US Geological Survey, Minerals Commodity Summaries and Minerals Yearbook, 2007. 
4 Source: IISI (International Iron and Steel Institute). 
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and sulfur and phosphorus content of less than 20 ppm or even 10 ppm can be 
guaranteed. The impurities in liquid aluminum after electrolysis and refining are  
<3 ppm for Li, <1 ppm for Ni and <1/10 ppm for H. The contents of each impurity 
in copper for electric wire must be <1 ppm. Achieving these chemical performances 
coupled to research into the lowest energy consumption requires perfect mastery of 
the process and thus a profound knowledge of its technology. 


– The energy consumption and reduction of pollution (rejected CO2, SO2 and 
dust) from the production of metals have become major objectives, leading to the 
development of new processes or product lines. 


– Non-ferrous metal ores often have very low contents of many rare or noble 
metals, whose extraction and recuperation often constitutes essential steps for the 
global production economy. Such extraction requires very complex processing 
routes for recovering rare or precious metals.  


Often the metal can or could be produced via several processing routes. The 
industrial processing routes for a given metal are to a large extent dependent on 
economic considerations, i.e. the cost of raw materials, cost of energy, cost of 
equipment and market conditions. 


The raw materials for the production of metals and alloys are the ores on one 
hand and recovered and recycled products on the other: 


– the ores. The ores of Sn, Fe, Mn, Cr, Al, Ni are oxides. The ores of many  
non-ferrous metals, e.g. Cu, Ni, Pb, Zn, Cd, Mo, are sulfides; 


– the recycled metals (Fe, Al, Cu, Zn, Pb); 


– the steel plant dust containing metals or oxides (Zn, Cd, Pb); 


– the residues from leaching operations, e.g. the red muds, a residue containing 
titanium, vanadium, gallium produced by bauxite leaching during the Bayer process, 
the gold cyanide sludge; 


– the drosses, slags and scoria treated to recover rare metals or to eliminate 
harmful components. 


The operations of mineralogy are known as ore-dressing. In the general case, the 
ore must be concentrated to free it from minerals of no value, called the gangue, 
whose main components are oxides (SiO2, Al2O3, CaO, MgO). This is done using 
physical operations: grinding (comminution) or fragmentation of the ore to small 
sizes to allow easy separation, then separation by sedimentation and enrichment by 
flotation, magnetic sorting etc., leading to a raw material enriched in components.  


The operations of extractive metallurgy treat ores, concentrates and recycled 
metals. These are mixtures of oxides or sulfides. The processing routes of the ore’s 
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treatment, raw or enriched, together with the technologies used in these routes 
depend first of all on the ore’s nature and its metal content. 


Thus iron ore is practically pure iron oxide (hematite or magnetite), with a 
content of iron of the order of 65% and several percent of silica (SiO2). The basic 
treatment will be the direct reduction of the iron oxide.  


Alternatively, the ores can be treated to give an essentially pure chemical 
compound of the metal and this compound may be converted to give the metal. For 
example, aluminum’s ore (bauxite), is composed of alumina (Al2O3, 30–60%), iron 
oxide (Fe2O3, 1–30%) and silica (1–10%). The first phase of the ore’s treatment will 
be the separation of these oxides to obtain the pure alumina, which will be reduced 
in a second phase by electrolysis in molten salts. 


The copper sulfide ores, whose copper content is very low, exceptionally 
reaching 5%, undergo processes of mineralogy (flotation) to obtain concentrates 
containing Cu (20–25%), Fe (30%) and S (30%). The separation of copper sulfide 
from iron sulfide via a selective roasting constitutes the first step of the treatment. 
The second step is a copper converting. 


Zirconium ore, zircon (silicate of zirconium and hafnium, i.e. ZrSiO4 and 
HfSiO4), is converted into gas chlorides whose separation is possible before the 
reduction of zirconium chloride to very pure zirconium.  


Extraction and refining operations may be carried out by pyrometallurgical, 
hydrometallurgical, halide and electrometallurgical processes:  


– pyrometallurgy involves processes carried out at high temperatures divided 
into:  


- primary pyrometallurgy, which converts the ore or concentrate to impure 
metal generally in liquid form. The main operations are oxide reduction, sulfide 
roasting, smelting and converting;  


- secondary pyrometallurgy is the treatment of the liquid metal, obtained either 
directly in the first step or by remelting metallic recycled products. It consists of 
several refining operations, mainly the removal of harmful elements left in the liquid 
metal (deoxidation, dehydrogenation, etc.) and addition of the alloying elements; 


– hydrometallurgy consists of operations of primary metallurgy performed in 
aqueous solutions, at relatively low temperatures and often under high pressure, 
such as leaching, precipitation and solvent extraction;  


– hydroelectrometallurgy consists of salt electrolysis in an aqueous solution, 
yielding the metal in a solid state. Electrorefining constitutes a refining process of 
the metal obtained in a first electrolysis;  
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– pyroelectrometallurgy consists of processes employing electrolysis (reduction), 
either of mattes or oxides (e.g. Al2O3) or chlorides (e.g. MgCl2) into molten salts, 
yielding the metal in a liquid state;  


– chlorometallurgy consists of the following processes: 


- chlorination of a highly reactive metal oxide, such as titanium or zirconium, 


- separation of the chlorides via physical processes: distillation and extractive 
distillation, 


- reduction of chlorides by metallothermic reduction. 


The upholding into operation of an existing processing unit, the improvement of 
an industrial operation, the implementation of a new technology (not formerly used 
in the unit) and the development of a new process all fall within technical 
considerations, as well as economic considerations. In this series, economical 
considerations will not be discussed, for obvious reasons, but sound economic 
decisions rest on in-depth technical analyses of the processes and operations. Such 
in-depth analyses are based on process engineering principles. These methods use 
mathematical models allowing us to simultaneously take into account the 
elementary processes and their couplings5. These mathematical models are sets of 
fundamentally-based differential equations derived from thermodynamics, kinetics, 
heat flow, fluid flow, mass transfer and electromagnetic phenomena. Modeling will 
thus be at the heart of all the analyses here. The solutions to these differential 
equations, via analytical or numerical methods, allow us to achieve sound 
quantitative previsions. Analytical solutions of these equations of partial derivatives 
have been established in numerous instances, but only for specific cases. They are 
nonetheless interesting as they reveal the influence of certain factors or parameters 
on the processes. This leads to very useful dimensionless numbers. These analytical 
solutions and the dimensionless equations are presented and used in these volumes. 
For the numerical methods of the solution of equation systems, the reader is referred 
to specialized publications. 


The subject of extractive metallurgy is also addressed in two other publications 
written by myself and published by ISTE. The first volume, Basic Thermodynamics 
and Kinetics deals with the fundamentals of thermodynamics and kinetics of the 
extraction processes. The second volume, Metallurgical Reaction Processes, deals 
with the extraction and refining unit processes. This final volume, Processing 
Operations and Routes, deals with the operations and technologies used in industrial 


                             
5 J. SZEKELY, “The mathematical modeling revolution in extractive metallurgy”, 
Metallurgical Transactions B, Vol. 19B, p. 525-540, 1988, and H.Y. SOHN, “The coming-of-
age of process engineering in extractive metallurgy”, Metallurgical Transactions B, Vol. 22B, 
p. 737-754, 1991. 
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production and industrial processing routes, i.e. the combination of steps or 
operations used to convert the available ore  to metal, illustrated by flowsheets. 


This book is intended not only for students of metallurgical and mechanical 
engineering who want to acquire the bases of this technology, decreasingly taught in 
universities and engineering schools, but also for engineers confronted with a new 
production problem, either directly (management of a industrial operation or 
development of a new process) or indirectly (in the definition of a materials’ 
specification).  


It is conceived to be accessible to any student or engineer with general chemistry 
and physics training. It only necessitates elementary knowledge in chemistry, 
thermodynamics and chemical kinetics. One of the objectives of this book is to 
allow the easy consultation of books and technical publications dealing with this 
field.  


This book is the result of my chemical engineering training, courses taught in the 
Écoles des Mines of Nancy and Paris (France), visits to industrial plants, research 
performed in collaboration with industry, studies and common work as a consultant 
and as an industrialist in direct contact with numerous producers of metallic parts. I 
would like to thank, more particularly, engineers from the research centers of 
Arcelor-Mittal (IRSID), Alcan (ex-Péchiney), Cezus and Eramet for their advice and 
authorized opinions. 


I would most particularly like to thank Professors Jean Philibert and 
André Pineau. Finally this book is dedicated to Professors Pierre Le Goff and  
Pierre-Marie Fourt. 


Alain VIGNES 


February 2011 







 


Chapter 1 


Physical Extraction Operations  


This chapter presents the unit operations of separation of the components of a 
mixture. These physical operations do not involve a chemical reaction. Only the 
bases of these processes are presented. 


1.1. Solid-solid and solid-fluid separation operations  


1.1.1. Flotation  


Flotation (“froth flotation”) is one of the primary mineral processing operations 
that is a beneficiation process. Flotation is a sorting (separation) process of 
chemically different solid particles by using surfactants and wetting agents 
[FUE 07]. The principle of froth flotation is as follows: after grinding into a fine 
powder, the solid particles to be separated are mixed with water. A water slurry 
(called a pulp) is then made. This pulp is treated with reactants (surfactants) that, by 
being selectively absorbed at the surface of certain particles, make them 
hydrophobic (having a greater affinity for air than for water). 


This pulp of hydrophobic and hydrophilic particles is placed in a flotation cell 
with impellers (see Figure 1.1.1) and air bubbles are blown through it. Air bubbles 
attach themselves to the hydrophobic particles and carry them to the surface if the 
result of the surface tension, mass and buoyancy forces is negative. They are floated 
out in a stable froth (concentrates) that is skimmed off and discharged of its burden. 
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Figure 1.1.1. Diagram of a froth flotation cell: showing pulp from the previous  
flotation cell; and pulp to the next flotation cell  


Collectors are ions of organic molecules that belong to the family of 
alkyldithiocarbonates or xanthates and dithiophosphates [RAO 04].   


Flotation is one of the processes used for concentrating (beneficiating) complex 
ores, such as sulfide and carbonate ores of nonferrous metals (lead, copper, zinc, 
nickel). Sulfide ores can always be concentrated by flotation with good yields. 
Flotation is the most commonly used technique for separating minerals from their 
gangue (silicates are wetted by water, sulfides are non-wetted). The ore has to be 
subjected to a grinding until particles with a size lower than 150 µm are obtained. 
This operation has a major economical importance (units have a treatment capacity 
of more than 100,000 tons of ore per day). 


Flotation also allows the separation of sulfides: in the treatment of zinc-lead 
sulfide ores, nickel-copper sulfide concentrates and nickel-copper mattes (see 
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Chapter 10, Figure 10.5.2) leading to a concentrate rich in one sulfide and a 
concentrate rich in the other.  


In the refining operations of steel and aluminum, flotation is used to remove 
from the liquid phase oxide inclusions formed during the deoxidation of steel (see 
[VIG 11b], Chapter 7, section 7.2.3) or present in [MIR 09]. This operation is 
performed by injection of argon bubbles that attach themselves to the inclusions. 


The removal of sulfur S°, which forms in the leaching of zinc sulfides, is 
performed by flotation (see [VIG 11b], Chapter 1, section 1.5.2.2). 


1.1.2. Settling under gravity  


Settling under gravity is the natural separation of solids that are suspended in a 
liquid. Settling can be accelerated by coagulation of the particles with flocculating 
agents.  


1.1.3. Centrifugation 


The gas-solid separation is carried out in cyclones (see Figure 1.1.2). The solid 
particles carried along by a gas flowing at a high rate, due to the centrifugal force, 
end up on the walls of the cyclone during a downward helical journey and fall to the 
lower conical part, whereas the gas escapes from the higher part.  


For liquid-solid suspensions, the separation by centrifugation is obtained by 
rotating the suspension.  


 


Figure 1.1.2. Gas-solid separation in a cyclone  
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1.1.4. Filtration  


Ordinary filtration is used in hydrometallurgical operations. For aqueous 
suspensions, the separation of the particles resulting from a precipitation is obtained 
by filtration, which is carried out by passing the slurry through a natural or synthetic 
cloth that will not permit passage of solids. The cloth should offer minimal 
resistance to water flow and act mainly as a support for the deposited solids that 
form the effective filter bed. The water may be forced through the filter under 
pressure or drawn through by suction.  


The presence of non-metallic inclusions in cast iron, steels and aluminum alloys 
is very detrimental to product quality. These very fine oxide inclusions (of 1−3 µm) 
are formed when the steel is deoxidized with various deoxididizers, such as 
aluminum, silicon, etc. They do not separate into the slag phase during these 
refining operations in spite of their low density. Filtration of liquid metals prior to 
casting is used to remove inclusions (see [VIG 11b], Chapter 7, section 7.2.3).  


The ceramic (alumina) filters are made either of a bed of spherical particles or of 
a monolith bearing parallel cylindrical pores with a diameter of about 1 mm. The 
pore diameter in a deep bed filter can be 100 times as large as the filtered particle 
diameter. The particles are captured by adsorption on the pore walls throughout the 
entire depth of the filter. The flow rate of the liquid metal in these pores is thus a 
significant parameter for the efficiency of these filters.  The ceramic (alumina) used 
allows the filtration of aluminum alloys (see Figure 1.1.3),  copper alloys, cast iron 
(see Figure 1.1.4) and of super-alloys. 


 


Figure 1.1.3. Pechiney deep-bed filter [CLE 95]  







Physical Extraction Operations     5 


 


   


  


Figure 1.1.4. Ceramic filter for cast iron (Daussan Group document)  


A filter, such as the one presented in Figure 1.1.3, with a height of 1.5 m and a 
global surface of 2.7 m2 can treat 25 tons of aluminum per hour. It contains 2.5 tons 
of liquid metal [BRE 95]. 


1.2. Separation operations of the components of a fluid phase  


1.2.1. Condensation 


Condensation allows separation of components of a gaseous phase by cooling. 
Condensation is carried out in zirconium and titanium metallurgy in order to 
separate the gaseous chlorides obtained by carbochlorination of the ores (see 
Chapter 10, Figure 10.10.1).  


1.2.2. Vacuum distillation  


In zirconium metallurgy, after the Kroll reduction that produces a pseudo Zr-Mg 
alloy, vacuum distillation producing a vaporization of magnesium allows the 
separation of magnesium and magnesium chloride from titanium or zirconium, 
leaving a sponge (see Chapter 10 Figure 10.10.1). 


Lead bullion is refined (see Chapter 10 Figure 10.7.1) using a vacuum 
distillation operation, to remove zinc whose content reaches ≈0.55%. At 600°C, 
under a vacuum of 0.05 mbar, the volatilized metallic zinc condenses on the higher 
part of a tank cooled down by water (see Figure 1.2.1).  A mechanical vacuum pump 
produces a residual pressure of about 0.05 mbar. A temperature of 600°C, a stirring 
time of five hours reduces the zinc content in lead from 0.50% to 0.05%. 
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Figure 1.2.1. Lead bullion refining in a batch vacuum dezincing plant. The distance between 
the evaporating and condensing surfaces is about 30 cm [DAV 00]   


1.2.3. Liquation  


After cooling, a two-component liquid phase is separated into two liquid phases. 
This is liquation. One of the phases is rich in component A and the other is rich in 
component B when the phase diagram of the A-B binary solution presents a 
miscibility gap. 


 Liquation is also an operation in which impurities in a metal are removed by 
cooling the mixture to just above the melting point of the pure metal. Where the 
solubility of the impurity decreases and precipitation of this impurity or a compound 
occurs.  







Physical Extraction Operations     7 


 


   


This operation is used in zinc metallurgy, in the pyrometallurgical processing 
route based on the Imperial smelting process, after zinc condensation by lead to 
separate lead from zinc (see Chapter 4, Figure 4.4.1 and Chapter 10 Figure 10.6.1). 
The zinc-lead equilibrium diagram (see [VIG 11a], Chapter 3) presents a miscibility 
gap. By lowering the temperature of the liquid phase down to 430−440°C, two 
liquid phases form; one of the phases is rich in zinc and contains 0.9% lead and the 
other is rich in lead and contains 2% zinc. The phase rich in zinc contains some iron 
and the solubility of iron in zinc significantly decreases when the temperature is 
reduced from 800°C to 419°C. By cooling, we obtain a liquid very rich in zinc and a 
solid component: phase ζ (whose formula is FeZn13). This operation is carried out 
by keeping zinc in a reverberatory furnace with a sloping hearth for 24 to 48 hours 
at a temperature of 430−440°C. Lead settles down, as do the FeZn13 crystals, called 
“zinc matte”. Three products are thus obtained:  


– refined zinc with 0.9% lead;  


– lead with 5−6% zinc; 


– the “matte”. 


This operation is carried out for many other metals. In the extraction of tin by 
smelting-reduction, we obtain tin with 2% iron (see [VIG 11b], Chapter 7, section 
7.6 and Chapter 10, Figure 10.3.1 of this volume). Refined tin is obtained by 
liquation. By cooling down the tin bath, precipitation of FeSn2 compounds occurs. 
The solid precipitates, having a density close to that of tin, form a dross whose 
separation from liquid tin is performed by filtration or centrifugation. During this 
operation, other impurities (Cu, As, Sb) that also form inter-metallic components are 
also partly removed.  


In lead refining, copper is the first impurity to be removed from lead bullion. The 
“decoppering” is performed by liquation (see [VIG 11b], Chapter 7, section 7.5.1 
and Chapter 10, Figure 10.7.1 of this volume). The lead bullion is melted and held 
just above its melting point. The solid copper precipitates and rises to the surface, 
forming a dross that is skimmed off. 


The recovery of silver and gold from lead bullion, known as “lead desilverizing” 
involves liquation by the Parkes process (see [VIG 11b], Chapter 7, section 7.5.4 
and Chapter 10, section 10.7, Figure 10.7.1 of this volume). This  is performed by 
addition of zinc to the (Pb + Ag + Au) solution at 480°C. The phase diagram of the 
Pb-Zn-Ag system (see Figure 1.2.2) shows that the system is split into two phases, 
with silver being concentrated in liquid zinc. The temperature of the melt is 
gradually lowered to below 419.5°C, at which point the zinc (now containing all the 
silver and gold) begins to solidify as a crust on the surface of the lead and can be 
skimmed off.  
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Figure 1.2.2. Lead-zinc-silver ternary phase diagram [WIL 80]  


1.2.4. Distillation  


Distillation is a separation operation of the components of a liquid phase whose 
boiling points are not too close to each other. The simplest equilibrium diagram for 
two-component system is composed of a liquid-phase region, a gas-phase region and 
a two-phase liquid + gas region. The temperature-composition curves for each phase 
in two-phase equilibrium are the two curves that separate the single phase from the 
two-phase region (see Figure 1.2.3). At temperature T2, for instance, the liquid phase 
is richer in component B and the gas phase is richer in component A. The principle 
of distillation relies upon this fact.  


Separation is carried out in a distillation column with trays above each other, 
along which a temperature gradient is imposed (see Figure 1.2.4).  A layer of liquid 
is held on each tray and bubbles of the gas phase pass through. At each tray, the 
liquid phase and vapor phase in equilibrium have different compositions. There is 
then extraction from the liquid phase of one or two of the most volatile components, 
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which are carried out by the gas bubbles and absorbed by the liquid phase of one or 
two components of the gaseous phase with the highest boiling points [PET 04].  


 


Figure 1.2.3. Liquid–vapor phase diagram of a binary system  


 


Figure 1.2.4. Tray distillation column  


In this operation, the liquid mixture to be distilled is introduced to the column at 
an intermediate level. The vapor phase circulates upwards in the column as bubbles 
through the liquid layer of each tray; it carries away the most volatile component(s). 
The liquid phase circulates downwards due to gravity and becomes richer in the 
components whose boiling points are the highest. A fraction of the liquid at the 
bottom of the column is removed, as residue; another part is vaporized in the boiler. 
This fraction forms the vapor phase required for distillation. The vapor at the head 
of the column is condensed; some of the condensates are carried back to the head of 
the column and form the liquid phase that passes goes down the column.  


This operation is carried out in the INCO pressure carbonyl process of nickel 
production, where nickel is converted into nickel carbonyl, Ni(CO)4 (see [VIG 11b], 
Chapter 7, section 7.9 and Figure 7.9.1). Distillation is used to separate nickel 
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carbonyl Ni(CO)4 (TE: 43°C) from iron carbonyl Fe(CO)5 (TE: 102.8°C). Ni(CO)4 is 
released at the head of the column.  


Zinc, obtained by pyrometallurgy, contains always lead, cadmium, (see [VIG 
11b], Chapter 7, section 7.7). Zinc refining is performed by “fractional distillation”, 
in a unit consisting of four parallel working columns (see Figure 1.2.5).  Each 
column has between 56 and 58 silicon carbide (SiC) trays with holes that allow 
vertical counter-current flows of rising vapor and descending molten metal zinc 
between the trays [HAN 00]. Crude zinc is inserted at 580°C into the middle of the 
lead column where the less volatile elements, such as iron, copper and lead, are 
removed along with half the zinc at the bottom of the column. This metal feeds a 
liquation furnace where the Zn-Pb separation is carried out. The zinc thus recovered 
is reheated to 600°C and feeds a second re-boiling column (not represented in the 
figure) where zinc vapor with a purity of 99.995% collects at the top of the column. 
The vapor passing out of the top of the lead column containing about 0.3−0.9% 
cadmium, is condensed and fed into the cadmium column.  


After condensation, the vapor passing out of the top of the cadmium column, 
enriched in cadmium (20% Cd–80% Zn) is fed into a second cadmium column (not 
represented in the figure), at the top of which cadmium, with a purity of 99.997% or 
more, is obtained. The metal at the bottom of the cadmium column is zinc with a 
purity of 99.995%.        


 


Figure 1.2.5. Refining of zinc: distillation unit for the separation of zinc, cadmium and lead  
(New Jersey zinc distillation process)[HAN 00]  
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1.2.5. Extractive distillation  


When the components of a liquid phase have boiling temperatures very close to 
each other, extractive distillation can be used to separate them by adding a solvent in 
which one of the components predominantly dissolves. The distillation unit consists 
of two columns. The distillation column (see Figure 1.2.6) is fed with the mixture.  
The solvent is introduced in the column above the feed level. It has a high boiling 
point, remains in the liquid state and absorbs, as it moves downwards, the less 
volatile component. The more volatile component is obtained at the top of the 
column. The mixture of the solvent and less volatile component passes from the 
bottom of the extractive distillation column and is distilled in the second 
regeneration column. The purified solvent obtained at the bottom of this column is 
recycled in the first column. 


 


Figure 1.2.6. Schematic representation of an extractive distillation unit  


1.2.5.1. Extractive distillation of chlorides  


Extractive distillation is carried out in zirconium metallurgy to separate 
zirconium and hafnium chlorides (see Chapter 10, Figure 10.10.1).  The separation 
of these chlorides is difficult as both components have similar properties; however 
the hafnium content in the ore has to be reduced from a few percent to 100 ppm in 
the metal, which represents an extraction factor of about 1,000. The Cezus process is 
a continuous process of separation of ZrCl4 and HfCl4 by extractive distillation using 
a mixture of molten salts, KCl-AlCl3, at a temperature of 350°C under atmospheric 
pressure (see Figure 1.2.7).  


The zirconium and hafnium chloride vapor is preheated to 500°C and is injected 
at mid-level into the tray column. The ascending vapor flows counter-currently with 
a descending solution of potassium and aluminum chlorides, KAlCl4 (AlCl3-KCl), 
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which are used as the solvent. This solution becomes richer in ZrCl4 and the 
ascending vapor becomes richer in hafnium chloride, which is released at the head 
of the column. At the bottom of the column, the solvent enriched in zirconium 
chloride passes through a boiler at 500°C where the zirconium chloride is vaporized 
and carried along by a neutral gas before being recovered by condensation. The 
solvent recovered is injected back into the head of the column. 


 


Figure 1.2.7. Cezus process unit of extractive distillation of ZrCl4/HfCl4 chlorides  
(French patent 73 40395, 2 250 707, November 14, 1973) 
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Chapter 2 


Hydrometallurgical Operations  


The reactors, their design, size (scale-up) and process control (operation) for the 
three basic hydro-metallurgical operations − leaching, precipitation and solvent 
extraction − are dealt with in this chapter. 


2.1. Leaching and precipitation operations  


2.1.1. Leaching and precipitation reactors  


Leaching and precipitation operations are carried out in two types of reactors: 
bubble columns (also called air lift reactors, free-air-lifts or air-agitated Pachuka 
tanks); and the continuous stirred tank reactor (CSTR) and autoclave.  


In the bubble columns and Pachuka tanks used for leaching operations, a 
discontinuous gas phase in the form of bubbles is injected into a continuous phase, 
the slurry, in order to stir the liquid phase and keep the solid particles in suspension. 
Bubble columns can be single-staged, multi-stage, batch or continuous. Particle 
suspension is the most important parameter in the design of energy-efficient 
Pachuca tanks. 


Several investigations on particle suspension have been carried out in bubble 
columns in the presence and absence of a draft tube [ABR 92]. Bubble columns 
operate with height/diameter ratio as high as 10, superficial air velocities  
(0.1−1 M/s) and dilute slurries containing only 5−10 wt pct particles. An expression 
of the critical air velocity for off-bottom suspension, VSGm, has been established by 
Narayanan [NAR 69].  
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In order to obtain a more homogeneous suspension, systematic circulation of the 
liquid induced by the gas current injected in a siphon (full center column, see Figure 
2.1.1) is required. Pachuka tanks range in diameter from 5−10 m, with a draft tube-
to-tank diameter ratio of the order of 0.1. They operate at low air velocities  
(10-2 m/s), the slurry containing 50−60 wt pct solids. The hydro-dynamic operating 
conditions of these reactors have been studied in detail [MEH 01, ROY 98, 
SHE 89]. An exhaustive review dealing with the design and dimensioning (sizing) 
of these reactors has been written by Shah [SHA 82]. 


 


Figure 2.1.1. Pachuca tanks: air-agitated slurry reactor with a full-length draft tube (full-
center-column) showing the fluid flows [ROY 98]  


CSTRs operate with a continuous feed, which is either a slurry to be leached or a 
solution in which solid particles will be produced by precipitation. The solid 
particles are maintained in suspension by mechanical stirring. 


For oxidizing pressure leaching, the horizontal autoclave, operated in a 
continuous mode, is generally the equipment of choice [BER 91]. Autoclaves are 
usually made of several compartments (see Figure 2.1.2). Each compartment is 
equipped with a mechanical stirrer to keep the solid particles in suspension. 
Injection of air, oxygen or other gases occurs in every compartment. The gas phase 
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is continually vented to remove inert gases, thus maintaining the desired partial 
pressure of oxygen. We can also notice the presence of coils for heat exchange. Each 
compartment is a “CSTR” with feed and discharge of the suspension in steady state. 
The slurry cascades from one compartment to the next. The composition of the 
leaching solution, which is considered as being homogeneous in every compartment, 
varies from the first compartment to the last one. Especially the concentration of one 
of the leaching reagents (usually an acid or H+ ion or a base or OH– ion) decreases 
from one compartment to the next, and thus different reactions between the first 
compartment (leaching) and the last compartment (for instance, precipitation) may 
occur (see [VIG 11b], Chapter 1, sections 1.2.2.4 and 1.3.1.3). When there is 
injection of an oxidizing gas, the concentration of the oxidizing agent in the aqueous 
phase can be considered as being constant in every compartment; thus the oxygen 
potential or oxidizing capacity is constant. The acidity or the basicity, however, 
decreases between one compartment and the next.  


a) 


b) 


Figure 2.1.2. A four-compartment horizontal autoclave with mechanical stirring, 
 gas injectors and heat exchangers  


Acidic and oxidizing leachings of oxides and sulfides (see [VIG 11b], Chapter 1, 
sections 1.2.2. and 1.2.3) are carried out either at atmospheric pressure (T ≈ <100°C) 
or at higher temperature up to 250−270°C; the pressure in the reactor has to be 
higher than the vapor pressure of water (40 atm or 4,000 kPa at 250°C). At this 
temperature, the density of water is equal to 0.8 g/cm3 and therefore an autoclave 
filled with 80% of a liquid phase at a regular temperature will be entirely filled 
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(100%) by the aqueous phase in the liquid state. The volume of liquid in the 
autoclave is usually maintained at 65−70% [BER 91, CAM 99].  


The aim for these leaching operations is to obtain a dissolution of ore or 
concentrate particles that is as complete as possible. For precipitation operations, the 
aim is to obtain a distribution of the particle sizes that is as narrow as possible 
around a fixed mean value. The sizing (or scale-up) of these reactors for a fixed feed 
rate of the suspension, or conversely the setting of the operating conditions (feed 
rate of the suspension, flow rate of the oxidizing gas, temperature and pressure) to 
obtain the highest possible fractional conversion in a given reactor requires 
modeling.  


NOTE 1.– These models, even the most sophisticated ones, relying on numerical 
methods provide in the best cases the orders of magnitude and trends. They are 
useful, however, as they can give some information on the influence of the variation 
of operating parameters on the evolution of a system and this is why they are 
presented in this section.  


2.1.2. Continuous stirred tank reactor (CSTR) 


2.1.2.1. Residence time distributions  


In the case of a homogeneous reaction, this reactor is characterized by a uniform 
composition of the reactive mixture throughout the available volume. If the reactor 
is sufficiently well-mixed, the discharge has the same composition as the steady-
state composition of the solution in the reactor. The ideal residence time distribution 
of an elementary volume of fluid in a steady state that is well mixed in a flow 
reactor is given by [LEV 72, PET 91]: 


E(ts) = 1 .exp s


s s


t
t t


⎛ ⎞ ⎛ ⎞−⎜ ⎟ ⎜ ⎟
⎝ ⎠ ⎝ ⎠


 [2.1.1] 


where t s is the mean residence time of an elementary volume:  


t s = V/Q(discharge) = ρ V/G(discharge ) [2.1.2]  


where Vr is the reaction mixture volume; Q(s) is the discharge volumetric flow rate; 
G(discharge ) is the discharge mass flow rate of the reacting mixture; and ρ is its 
density.  


This residence time distribution shows that all residence times are a priori 
possible, from the instantaneous short-circuit of the input up to infinite swirling 
within the tank. The elementary volumes of the discharge present fractional 
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conversion ranging from 0 to 1. As a consequence, this reactor does not yield high 
fractional conversions, which explains the requirement for several CSTRs placed in 
cascade (or series). Industrial units are therefore made of several reactors placed in 
series.  


For a series j of equal-sized ideally-stirred tanks, the distribution of residence 
times of the suspension volume, thus the residence times of the particles going 
through the autoclave, is as narrow as the number of stages is high [LEV 79, 
PET 91]:  


E(ts) = ( )
11 1 . .exp


1 !


j
s s


si si si


t t
jt t t


−
⎛ ⎞ ⎛ ⎞−⎜ ⎟ ⎜ ⎟− ⎝ ⎠ ⎝ ⎠


 [2.1.3] 


and the mean residence time for the tank-in-series t s is: 


t s= j . t si  [2.1.4]  


where t si  is the mean residence time in one tank.  


2.1.2.2. The performance equations  


The material balance for reactant A for one compartment is given by: 


FAin = FAout + νA r V  [2.1.5]  


where FA is the molar flow rate of reactant A and r is the reaction rate corresponding 
to the composition of the leach solution in the reactor, thus to the composition of the 
leach solution leaving the reactor, CA = CA(out). This depends on the fractional 
conversion (see [VIG 11a], Chapter 1, equation [1.2.14a]):  


FAout = FAin(1 − χAs). [2.1.6]  


For a first-order reaction rate, the performance equation is:  


( )


( )


A out


A in


C
C


 = ( )
1


1 srk t+
 [2.1.7] 


and for a second order reaction rate:  


kr t s=
( )( ) ( )


2
( )


A out A in


A out


C C


C


−
 [2.1.8] 
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For a series j of equal-sized ideally-stirred tanks, and for the same reaction in 
each reactor, the performance equation is [LEV 72, LEV 79]:  


( )


( )


A out


A in


C
C


=
( )


1


1
n


srk t+
 [2.1.9] 


2.1.3. Models of leaching and precipitation operations  


The modeling of a leaching operation in a CSTR can be carried out using two 
different approaches: a model based on the residence time distribution of the 
particles in the reactor (RTD model); and a population balance model, taking into 
account, the particle size distribution (PSD) in the feed in both models. The basics of 
these models and the corresponding analytical solutions are exhaustively presented 
in the books by Levenspiel [LEV 72, LEV 79]. Only the main results are presented 
in this chapter. The numerical methods for the first modeling are presented in 
Dixon’s article [DIX 95] and for the second modeling, in Villermaux’s book 
[VIL 93] and in Marchal’s article [MAR 88]. 


Most of these models assume a perfect mixing of the leaching solution on 
entering the reactor, which is the basis of the CSTR model, i.e. “the maximum-
mixedness model”. Each fluid element entering the reactor is immediately mixed in 
the fluid present so that the concentration of the leaching reagent is uniform and 
constant in the reactor and equal to the concentration in the discharge. Each particle 
evolving independently of the others is in contact with a uniform solution during its 
residence time in the reactor. 


 A segregated-flow model has been developed by Crundwell [CRU 95]. It is 
based on the concept of segregated flows in which the material in the feed on 
entering the reactor is dispersed into volume elements composed of both particles 
and fluid. These elements remain intact and respond as batch reactors during their 
residence time in the reactor. The reaction of the particles with the solution results in 
lowering of the reactant concentration within each volume element. This lowering of 
the reactant concentration is a function of the residence time of the volume element 
(see equation [2.1.1]). This modeling is not presented in this book.  


Mathematical model equations have been developed for multistage CSTR in 
which multisize feeds react according to the surface reaction controlling shrinking 
core model (see [VIG 11a], Chapter 7, section 7.2.1.1).  







Hydrometallurgical Operations     21 


  


If we are only looking for the expression of the kinetic law of the fractional 
conversion of a set of particles as a function of the operating parameters, we can use 
the approach of the residence time distribution of particles in the reactor [DIX 95, 
PET 91]. If we are looking not only for the fractional conversion of a set of particles 
but also for their size distribution at discharge, the population balance approach is 
required [MAR 88].  


For leaching operations, modeling based on the distribution function of the 
residence times is usually used. For precipitation operations, population balance 
model is mainly used.  


In the modelings, we usually assume that distribution of the residence times of 
the particles is that of the volume elements of the suspension (see previous section) 
and is given by expressions [2.1.1] and [2.1.3]: 


( )s slurryt = ρ (slurry ) V(slurry in the reactor )/G(slurry in the discharge)  [2.1.10]  


where V(slurry) is the suspension volume in the reactor and G(slurry in the discharge) is the 
mass flowrate of the suspension. 


Actually, even in reactors that are stirred enough for the fluid phase to be 
considered uniform, the particles settle down and are resuspended by stirrers. The 
distribution of the residence times can therefore be very different from the one given 
by expressions [2.1.1] and [2.1.3] and has to be determined experimentally.  


2.1.4. Particle-size distribution (PSD) functions  


For a CSTR, the number of particles in the feed and the reactor is high enough to 
describe the population in statistical terms by (differential) particle-size distribution 
(PSD) function or particle-size density function or number density function ψ (Rp): 


dnp(Rp) = ψ (Rp) dRp  [2.1.11] 


where dnp(Rp) represents the number of particles at time t, per unit volume of the 
reaction mixture (of the suspension), whose size ranges from Rp to Rp + dRp.  


The PSD is obtained from sedimentation or by screening data on the feed to the 
reactor.  


The integral distribution function or cumulative distribution function (CDF) is 
the number of particles whose size ranges from 0 to Rp per unit volume. Its 
expression is given by:  


nP(Rp) = 
0
Rp∫ ψ (Rp) dRp [2.1.12] 
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The total number of particles per volume unit (i.e. the concentration) is:  


nP =
0
∞∫ ψ (Rp) dRp [2.1.13]  


In the same way, we define a distribution function based on the mass of the 
particles: the mass-PSD function ω(Rp) is the mass of particles per suspension unit 
volume whose size ranges from Rp and Rp + dRp. The total mass of the particles per 
unit volume (or mass concentration) is then equal to: 


mP = 
0
∞∫ ω (Rp) dRp [2.1.14] 


The normalized forms of the PDF are: 


fn(Rp) = ψ (Rp)/n P and fm(Rp) = ω (Rp)/mP  [2.1.15] 


0
∞∫  fn(Rp) dRp = 1  


The third moment with respect to normalized distribution function is the volume 
of unreacted particles per unit volume of slurry, which is given by: 


µ3v = (3π/4) 
0
∞∫  Rp


3 fn(Rp) dRp  [2.1.16] 


and the mass of the particles per suspension unit volume, which is given by:  


mP = (3π/4) ρp 0
∞∫  Rp


3 fn(Rp) dRp  [2.1.17] 


where ρp is the density of the particles and: 


fm(Rp) = Rp
3 fn(Rp) / 0


∞∫ Rp
3 fn(Rp) dRp  [2.1.18]  


The fractional conversion between the discharge and feed (see [VIG 11a], 
Chapter 7, equation [7.2.5]) is given by: 


XP = 1 – µ3m(discharge)/ µ3m(feed)  [2.1.19] 


Four different functions that have been curve-fitted to materials subject to 
comminution processes and then sized have been proposed [PET 91]. The integral 
size distribution curves are very close. It is the differential function of these 
distributions, ψ (Rp), however, that is required in leaching models (see Figure 
2.1.3b):   


– Rosin-Rammler-Bennett equation:  


np Rp( )
np


= 1− exp−
Rp


a


⎛ 


⎝ 
⎜ 


⎞ 


⎠ 
⎟ 


m


 [2.1.20] 
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fn (Rp) = 
m
a


Rp


a
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m−1


exp−
Rp
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⎠ 
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m


  [2.1.21] 


where a is the size of the particles for which 63.21% smaller than or equal to a; 


– Gates-Gaudin-Schuhmann equation: 


np (Rp)/nP = (Rp/b)m [2.1.22]  


– logarithmic equation: 


np (Rp)/nP = erf [ln(Rp/c)/σ] 


– Gaudin-Meloy equation: 


np (Rp)/nP = 1 – [1 – Rp / d] 


Figure 2.1.3 shows the integral and differential curves of these four functions. 
The ψ (Rp) functions are very different. The choice of the distribution function is 
therefore not trivial [PET 91]. Other equations have been proposed [PAP 92]. 


 


Figure 2.1.3. a) Integral particle size distribution functions (equation [2.1.12]); and  
b) differential particle size distribution functions (equation [2.1.11]) [PET 91] 
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2.2. Reactor models based on particle residence time distribution functions 


For a leaching reaction of particles B: 


A(aq) + B(s) → products  


Each particle, during its residence in a steady-state flow leaching reactor, is in 
contact with a solution in which the concentration of reactant A is uniform and equal 
to the discharge concentration. 


2.2.1. Performance equations for a single CSTR  


2.2.1.1. Mono-size particle feed  


The mean fractional conversion XB of a set of particles B with the same initial 
size in suspension in a CSTR under steady state, can be written as (see [VIG 11a], 
Chapter 7, equation [7.2.5]): 


XB = 
0
∞∫  XB(ts) E(ts) dts  [2.2.1] 


where XB(ts) is the fractional conversion of a particle whose residence time is ts, and 
E(ts) is the residence time distribution function (discharge age distribution) of the 
particles in the reactor given by expression [2.1.1]. This expression can be rewritten 
as the fraction of B that is not converted:  


1- X B = 
0
∞∫  {1 − XB(ts)} E(ts) dts  [2.2.2a] 


For particles whose residence time is greater than their time for complete 
conversion, the fractional conversion is unity and such particles do not contribute to 
the unconverted fraction. The unconverted fraction should therefore be calculated by 
the previous expression, where the limit of integration is τ: 


1 – XB = 
0
τ∫  (1 – XB(ts)) E(ts) dt  [2.2.2b]  


For homogeneous CSTRs, the calculation of the fractional conversion of a 
reactant from the distribution of residence times of the fluid elementary volumes 
only gives a correct result for first-order reactions. For particles subjected to a 
process (leaching or precipitation) within a uniform fluid, this expression is correct 
for reactions of any order with regards to the leaching reactant. Indeed, each particle 
evolves independently from others. Only the time a particle spends in the reactor is 
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involved, as it has a well-determined residence time. It thus fits the DTS model 
[LEV 72]. 


For a leaching or precipitation operation in a CSTR under steady state that is 
controlled by a heterogeneous reaction, the interfacial reaction being the controlling 
process with the concentration of reactant A being constant and uniform in the 
reactor, the rate of shrinkage (leaching) or growth (precipitation) of the particles gp 
(see [VIG 11a], Chapter 7, expressions [7.2.4] and [7.2.8]) is constant during their 
residence times in the reactor: 


gp = – dRp/dt = Rp0/τ [2.2.3] 


where τ, which is the time for complete conversion, is given for a first-order reaction 
by (see [VIG 11a], Chapter 7, equation [7.2.8]): 


τ (RpO) = RpO/VB b rs = RpO/VB b kr CA [2.2.4] 


The concentration of reactant A in the reactor, CA, which is identical to the 
concentration in the discharge, CA(out), is expressed as a function of the mean 
fractional conversion of particles at discharge, by: 


Qf(in) (1 – CA(out)/CA(in)) = 1/b . GB(in) XB/MB [2.2.5]  


where Qf(in) is the volumetric flow rate of the leaching solution entering the reactor 
and GB(in) is the mass flow rate of particles in the feed.  


Fractional conversion for the leaching of a spherical particle, whose residence 
time in the reactor is ts, is given by (see [VIG 11a], Chapter 7, equation [7.2.7]):  


XB = 1− 1− t s


τ
⎛ 
⎝ 
⎜ 


⎞ 
⎠ 
⎟ 


3
 [2.2.6] 


The fractional conversion for a set of particles of the same initial size Rp0 
obtained by integration of equation [2.2.2], is written as [LEV 79]:  


1 – XB = 1 – 3 t s
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 [2.2.7] 


where t s is given by equation [2.1.10]. This expression is only valid if the content 
of solids in the suspension is low (usually in the order of 30% for the first stage of 
the reactor) and the variation in volume (or mass) of the suspension between the 
input and exit of the stage is low. 
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For a fractional conversion getting close to unity (corresponding to quasi-
complete dissolution of the particles):  


XB → 1
4


t s


τ


⎛ 


⎝ 
⎜ 


⎞


⎠
⎟  [2.2.7b]  


The mean residence time of the slurry (or particles) should be four times that of 
complete dissolution of the particles [LEV 79].  


For a heterogeneous precipitation (growth of particles) from seeds of radius Rp0, 
initially present in the suspension,  the ratio between discharge mass flow rate GB(out) 
and seed mass flow-rate GB(seed) for a constant linear growth rate of the particles Gp 
is given by:  


GB(out)/GB(seed)= 1 + 3 y + 6 y2 + 6 y3  [2.2.8]  


where y = 
gp.t s


Rp0
.  


NOTE.– In the case of homogeneous precipitation with instantaneous germination 
(see section 2.3.3) in the reactor, this last expression does not apply.  


2.2.1.2. Multi-size particle feed  


In an ideal (perfectly mixed) batch reactor, every particle has the same residence 
time, which is equal to the operating time. The fractional conversion reached after a 
given time is [PET 91]: 


1 – XB = 
(max)


0


3


0


.
1


po


p s


p


R
sp


g t p
R


g t
R


⎛ ⎞
−⎜ ⎟⎜ ⎟


⎝ ⎠
∫  Ψ (Rp0) . dRp0 [2.2.9]  


The lower integration limit avoids negative values for the term inside the 
integral. The integration cannot be done analytically because the lower integration 
limit is a moving target as t increases, being a function of the integration variable 
Rp0. 


Figure 2.2.1 shows the curve of fractional conversion X as a function of the 
residence time for a PSD given by the Rosin-Rammler-Bennett equation [2.1.20] for 
a decreasing rate of gp = 0.9 µm/minute. 
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Figure 2.2.1. Extraction curves for batch and continuous pressure leaching of zinc sulfite 
concentrates for a set of particles with a size distribution function given by the Rosin-


Rammler-Bennet function and a rate of particle shrinking of 0.9 µm per minute: a) batch 
leach; and b) continuous leach as a function of the mean residence time [PET 91] 


For a CSTR, the mean fractional conversion of a set of particles that have a size 
distribution of Ψ(Rp0) at the input of each reactor (this reactor presenting a 
distribution of residence time E(t)), assuming that the function of distribution of 
residence time is the same for every particle size, can be expressed by the double 
integral [DIX 95, PET 95]:  


1 – XB = ∫∫ {1 – X(t, Rp0, CA)} . Ψ (Rp0) . E(ts) dRpdt  [2.2.10] 


thus:  


1 – XB = 
0


Rmax∫ Ψ(Rp0) . { 0
τ R( )∫ (1 – X(t, Rp0, CA)) E(ts) d ts} dRp [2.2.11] 


where X(t, Rp0, CA) is the fractional conversion of a particle with the initial size Rp0 
in the feed in contact with a solution of concentration CA = CAs, whose variation is 
represented by curve b (see Figure 2.2.1). 


The numerical methods that can be used to solve this expression are presented by 
Dixon [DIX 95]. 
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2.2.2. Performance equations for multistage CSTRs  


2.2.2.1. Mono-size particle feed and the same reagent concentration in each stage  


Even if the size distribution in the feed to the first tank (or compartment) in a 
cascade of CSTRs is mono-sized, the distribution leaving that first tank will have an 
exponential distribution reflecting the residence-time distribution of the first tank. 
The size distribution of the feed to the second and subsequent tanks would then be 
required.  


Nevertheless, when reagent concentration is the same in each tank, which can be 
the case when there is injection of oxygen in each tank or excess reagent in the first 
tank, because the time of complete conversion of a particle is the same in each 
reactor it is possible to express fractional conversion at the discharge of j stage. 
Starting from the distribution of residence times in a batch of CSTRs (see equation 
[2.1.3]), for a feed of particles of the same size, we obtain the discharge fractional 
conversion at the nth reactor in series by the following integration:  


1 – XB = 1− XB( )∫ 1
t si j−1( )!


⎧ 
⎨ 
⎪ 


⎩ ⎪ 


⎫ 
⎬ 
⎪ 


⎭ ⎪ 
t s


t si


⎛ 
⎝ 
⎜ 


⎞ 
⎠ 
⎟ 


j−1


exp − t s


t si


⎛ 
⎝ 
⎜ 


⎞


⎠
⎟ dt [2.2.12] 


This expression is only correct if the concentration of reactant A is the same in 
each stage; thus, if the heterogeneous reaction is the limiting factor [LEV 79]:  


– when n = 2: 


XB,2 = 6
y


− 6
y2 3+ e−y( )+ 24


y
1− e−y( ) [2.2.13]  


– when n = 3: 


XB,3 = 3
y


3− e−y( )+ 12
y2 3+ 2e−y( )+ 60


y
1− e−y( )  [2.2.14] 


where y = τ
t si


. 


For high fractional conversion, thus for low y, these equations become: 


– when n = 2:  


1 – XB,2 = y2


20
− y3


60
+ y4


280
− y5


1680
 [2.2.15] 


– when n = 3: 


1 – XB,3 = y3


120
− y4


280
 [2.2.16] 
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2.2.2.2. Multi-size particle feed and the same reagent concentration in each stage  


Again, when the reagent concentration is the same in each tank, the time for 
complete conversion of a particle being the same in each reactor, it is possible to 
express fractional conversion at the discharge of stage j by using the distribution 
function of the residence times in a CSTR batch (see equation [2.1.3]) and the 
distribution function of the initial particle sizes. The integration of equation [2.2.10] 
provides the discharge fractional conversion. Only numerical integration is possible. 
One method is given by Dixon [DIX 95]. 


As an example, some results of this type of numerical integration are given in 
Figure 2.2.2, where the variation curves of the fractional conversion for reactors 1, 
2, 3 and 4 in series are drawn as a function of the reduced residence time 1/y. Here 
the initial distribution of particle size is given by the Rosin-Rammler equation (see 
equation [2.1.20]) (m = 1,637 and a = 45 µm), and a linear rate of decrease in 
particle size of 2.438 µm/min.  


In the case of ferric-fluosilicate leaching of Pb concentrates, the linear leaching 
rate, which is largely insensitive to changes in [Fe3+], is 2.438 µm/min at 65°C. To 
achieve a 95% fractional conversion with four reactors in series, the mean residence 
time in each reactor must be equal to 0.263 τ. For a 45 µm particle, the time for 
complete conversion, τ, is equal to 9.22 min. The mean residence time in each 
reactor must therefore be equal to 2.43 min and for the four reactors in series, 
9.72 min. For a flow rate of 1,000 L/min, the volume of each reactor must be 
2,430 L, as given by equation [2.1.2]. 


 


Figure 2.2.2. Extraction curves for a feed material (PbS concentrate) with a Rosin-Rammler 
PSD (with m = 1.637) for different numbers of tanks in series as a function of the ratio of 


residence time in one tank to the time for complete conversion of a 45µm particle [DIX 95] 
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2.2.2.3. Modeling on a stage-by-stage basis and for a multi-size particle feed  


 In the general case, the composition of the leaching solution (the concentration 
of the reagent) varies from one stage to the next. The modeling of the operation for a 
tank-in-series autoclave must therefore be performed stage-by-stage, taking into 
account the reagent concentration in each stage, which controls the shrinking rate of 
the particles, and so determines time t for complete conversion and the distribution 
of particle sizes entering the next stage. The molar balance for the particles between 
reactors n − 1 and n is written as (see [VIG 11a], Chapter 7, equation [7.2.3]): 


FB,n-1 = FB,n + b rs Sn  [2.2.17] 


where FB,n is the flow rate of B particles in moles leaving reactor and Sn is the total 
active surface of the particles in the reactor. Thus, as a function of the mean 
fractional conversion:  


XB,n = (FB,n-1 – FB,n)/FB,n-1 = b rs Sn/FB,n-1 [2.2.18] 


This equation removes the necessity to calculate the surface of the particles in 
order to calculate the fractional conversion. Thus: 


FBn / FB0 = (1 – XB,n) … (1 – XB,1) or XB,n = 1 – Π(1 – XB,i) [2.2.19] 


The fractional conversion at each stage can be calculated with the help of 
equation [2.2.11] by taking into account the PSD at the discharge of reactor n and 
the concentration of the reagent at stage n + 1. A procedure for the calculation of the 
PSD function of reacted solids of the discharge of one stage as a function of PSD 
function at the entry of the stage is described in [PAP 92] as is the RTD concept. 
Performance equations have been developed for multistage CSTR by Papangelakis 
and Demopoulos [PAP 92].  


2.3. Reactor models based on the population balance equation model  


2.3.1. Population balance equation for a CSTR  


The concept of population has been proposed by Randolph [RAN 88]. In this 
modeling, the maximum-mixedness model is assumed implicitly. Particles and the 
leaching solution have the same residence time distribution. The concentration of the 
reagent in the solution is uniform in the reactor and equal to the concentration in the 
discharged solution.  
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This equation, which takes into account both the input and discharge flow rates 
of the particles within a given size class and whose solution, which gives the PSD, is 
established as any mass balance for a CSTR [MAR 88]:  


δ ψ Rp( ).V{ }
δt


+ V.
δ ψ Rp( ).gp{ }


δRp
+ Qoutψout Rp( )− Qinψin Rp( ){ }= rN.δ Rp − Rp0( )+ ra − rb


 
 [2.3.1]


 
where: 


– ψ(Rp) is the PSD function in the reactor (see equation [2.1.11]); 


– ψfeed (Rp) is the PSD (number density function) in the feed; 


– ψout (Rp) is the PSD in the discharge; 


– Qin is the volumetric flow-rate of the feed; 


– Qout is the volumetric flow-rate at the discharge; 


– gp is the shrinking (leaching) or growth (precipitation) rate of a particle, dRp/dt 
(see equation [2.2.3]); 


– rN . δ(Rp – Rp0) = I is the nucleation rate: the number of nuclei created from a 
supersaturated solution in the reactor where δ is the Dirac function. If Rp0 is the size 
of a nucleus, as δ(Rp – Rp0) = 0 when Rp ≠ Rp0, I = 0 (see [VIG 11a], Chapter 5, 
section 5.3);  


– ra is the agglomeration rate (particles sticking together to create a larger 
particle 


– rb is the breakage rate of a particle into smaller ones (see [VIG 11a], Chapter 5, 
section 5.3.2).  


A large number of methods of variable complexities have been proposed to solve 
this equation [CRU 92, CRU 94, CRU 05, VIL 93]. 


2.3.2. Leaching operation  


For a leaching operation, equation [2.3.1] reduces to: 


V.
δ ψ Rp( ).gp{ }


δRp
+ Qout ψout Rp( )− Qinψin Rp( ){ }= 0  [2.3.2] 
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usually rewritten as: 


δ ψ Rp( ).g p{ }
δRp


+ 1
t s


ψout Rp( )−ψin Rp( ){ }= 0 [2.3.3] 


The resolution of this equation, in the same cases as those presented in section 
2.2, gives the same results.  


2.3.3. Homogeneous precipitation operation  


In the case of homogeneous precipitation, two cases have to be considered: 


– discontinuous nucleation (slow homogeneous chemical reaction), see [VIG 
11a], Chapter 5, section 5.3.2 and Figure 5.3.1b);  


– continuous nucleation (fast homogeneous chemical reaction) by primary 
nucleation (see [VIG 11a], Chapter 5, Figure 5.3.1a) or by secondary nucleation 
when precipitation is carried out in the presence of seeds (see [VIG 11a], Chapter 5, 
section 5.3.3). This secondary nucleation process is preponderant in industrial 
operations.  


Every nucleus, being instantaneously or continuously formed, is the same size. If 
Rp0 is the nucleus size, as δ(R – Rp0) = 0 when R ≠ Rp0, the term I (the nuclei 
formation rate) does not appear in the differential equation. When there is neither 
agglomeration nor breakage, equation [2.3.2] can be applied to every precipitation 
case and equation [2.3.1] is reduced to:  


V.
δ ψ Rp( ).gp{ }


δRp
+ Qoutψout Rp,Rp0( ){ }= 0  [2.3.4] 


In the case of discontinuous nucleation, the number of particles (per suspension 
unit volume) of the discharge np(out) (see equation [2.1.12]) is equal to the number of 
nuclei that are instantaneously formed in each volume element coming into the 
reactor (volume elements that have a different residence times still have the same 
number of nuclei, nn): 


np = nn(Rp0) [2.3.5] 
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and the number of particles of size Rp (see equation [2.1.11]) can be written as: 


ψout (Rp) = 
ng


gp t s
 exp −


Rp


gp t s


⎛ 


⎝ 
⎜ ⎜ 


⎞ 


⎠ 
⎟ ⎟  [2.3.6]  


In the case of continuous nucleation (primary or secondary), nucleation rate I 
may be considered as constant (see [VIG 11a], Chapter 5, section 5.3.2), and the 
total number of particles in the discharge (see equation [2.1.12]) is given by 
[ROU 80]: 


nP(out) = ∫  ψout (Rp) dRp = ∫ I t E(t) dt = I t s [2.3.7]  


and the number of particles of size Rp, see equation [2.1.11], can be written as: 


ψout (Rp) = I
gp


⎛ 


⎝ 
⎜ ⎜ 


⎞ 


⎠ 
⎟ ⎟ .exp −


Rp


gp t s


⎛ 


⎝ 
⎜ ⎜ 


⎞


⎠
⎟⎟ [2.3.8]  


The number of particles of the discharge with a size >Rp (see equation [2.1.11]) 
is given by: 


nP(out)(Rp) = I.t s.exp −
Rp


gp t s


⎛ 


⎝ 
⎜ ⎜ 


⎞


⎠
⎟⎟  [2.3.9]  


In a graphic with ln nP(R) as a function of Rp, by reporting the values of the 
number of particles of the discharge with a size >Rp measured as a function of Rp, 
we can determine I and G if the points correctly line up (see Figure 2.3.1). 


 


Figure 2.3.1. Precipitation: ideal exponential crystal size distribution from perfectly mixed 
crystallizer. Graphical determination of nucleation rate I and growth rate G [ROU 80] 
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The volumetric flow-rate of the particles per unit volume of the reaction mixture, 
Qv, can be written as: 


Qv = ψout∫ Rp( )4
3


πRp
3dRp    [2.3.10] 


Thus, for a precipitation where the nuclei are almost all instantaneously formed: 


Qv = 8 π ng gp
3 t s


3 [2.3.11] 


and for a precipitation where the nuclei are formed continuously, with a rate I, we 
get:  


Qv = 8 π I gp
3 t s


4  [2.3.12]  


2.4. Solvent extraction operations 


In a “solvent extraction” operation, a species, called solute S, dissolved in an 
aqueous phase (feed) is extracted by an organic extractant (solvent) dissolved in an 
organic carrier E (e.g. kerosene) or vice versa (see [VIG 11b], Chapter 1, section 
1.4). One phase is dispersed into the other. The large interfacial area between the 
two phases produced by the dispersion of one phase into the other is responsible for 
the very fast solute transfer rates.  


The operation can be discontinuous, both phases initially being charged in the 
vessel. The dispersion is carried out mechanically. The phase separation occurs by 
settling. 


The operation can be continuous and carried out in a mixer-settler (see Figure 
2.4.1a). A mixer-settler is a device consisting of two chambers: a mixer chamber, 
where the dispersion is achieved mechanically by the mixing impeller; and a settler 
chamber, where phase separation occurs. The volume of the settler chamber is larger 
than that of the mixing chamber. Recycling of one phase can be used to optimize the 
mixing and dispersed phase hold-up. Phase separation by settling may be inhibited if 
the dispersed droplets are too small. The mixer can be operated with either the 
organic phase or the aqueous phase as the continuous phase. 


To obtain a high fractional extraction, the operation is usually carried out in three 
to four counter-current mixer-settler stages. The incoming unloaded solvent has final 
contact with the outgoing barren aqueous solution (the raffinate). The feeding phase 
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from stage n is set in contact in stage n − 1 with the extractant coming from stage 
n − 2. The operation is multistage and counter-current. The flow of both phases is 
represented in Figures 2.4.1b and 2.4.3.  


The operation can be carried out in a column, where the two phases flow 
counter-currently. The feed is injected into the column at one end; whereas the 
extractant (the solvent) is injected at the other end (see Figure 2.4.1c). Here, one 
phase being sprayed into the other. The columns have an active section and two 
settling sections. Mixing (dispersion) of one phase into the other takes place in the 
active section and settling takes place in the ends, called decanters.   


The most commonly used column in hydrometallurgy is the pulsed column (see 
Figure 2.4.1e), which derived from the perforated plate column (see Figure 2.4.1d) 
in which an alternative motion of the fluids through each plate is carried out. To 
create the mixing action, the fluids are moved between the plates in short pulses 
either upward or downward. A comparative analysis of both types of operation has 
been performed [VAN 03]. 


 


 


Figure 2.4.1. Solvent extraction: a) single-stage continuous process − mixer-settler with 
recirculation of the extractant phase (continuous process); and b) multistage countercurrent 


continuous process in a series of mixer-settlers [TRA 84] 
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Light phase


 


Figure 2.4.1 (continued). Countercurrent continuous solvent extraction, extraction columns:  
c) spray columns; d) column with perforated plates (sieve tray column);  


and e) pulsed column [TRA 84] 
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2.4.1. Hydrodynamic behavior of a mixer-settler  


First we have to know which phase is continuous and which is dispersed. The 
phase whose superficial tension is the greatest will tend to be the continuous phase. 
However, beyond a given volume or flow-rate ratio of the phases, an inversion of 
the phases will occur. The critical ratio depends on the system and the intensity of 
the stirring. 


The hold-up is the percentage volume of the dispersed phase in the mixer 
chamber and the interfacial area. These are the two design parameters.  


The hold-up in the chamber is equal to the ratio of the volumetric flow-rates of 
the two phases including the solvent recirculating flow-rate QD/(QD + QC). This is 
true when stirring ensures a quasi-homogeneous dispersion. The interfacial area is a 
function of the mean size of the droplets of the dispersed phase. We do not have 
reliable correlations to estimate this size, which depends on the intensity of stirring, 
thus on the dispersed mechanical power. In a mixer-settler, pumping (recirculating 
the solvent phase) and mixing are performed by the impeller. 


2.4.2. Hydrodynamic behavior of an extraction column 


The spray column (see Figure 2.4.1c) is the simplest type of extraction column. 
The dispersed phase is either injected by a perforated plate or by a series of 
injectors. Depending on whether the dispersed phase is lighter or heavier than the 
continuous phase, its injection will occur at the bottom or top of the column. The 
dispersed phase/continuous phase separation occurs in the settling section. The hold-
up, β, of the dispersed phase is a function of the flow-rates of the two phases:  


QD/β + QC/(1 − β) = ur  [2.4.1] 


where ur is the relative velocity of the droplets with respect to the continuous phase. 
This is a function of the velocity of a single drop moving in a continuous stagnant 
phase and the hold-up:  


ur / ur0 = (1 − β)n  [2.4.2] 


The interfacial area over a column unit height is function of the droplet size and 
of the hold-up of the dispersed phase. The size of the droplets is determined by the 
dispersion device. 


The flows that can be passed through a column are limited by flooding 
phenomena (which also occur in other reactors, (see Chapter 4 of this volume). 







38     Extractive Metallurgy 3 


Flooding is defined as the maximum dispersed-phase flow-rate that can pass through 
a column for a given continuous phase flow-rate. On flooding, the relation given by 
Dell and Pratt [DEL 51] between the flow-rates is: 


QD 1/2 + QC
1/2 = const × ur0


1/2 [2.4.3] 


2.4.3. The performance equation of a batch operation  


In practice, the transfer rates of solute from one phase to the other enormous and 
we can consider that equilibrium is reached. The solute mass balance is given by:  


Vaq CS(aq)0 + Vorg CS(org)0 = Vaq C*S(aq) + Vorg C*S(org)  [2.4.4] 


which is the equation of the operating straight line whose slope is the ratio of the 
volumes of the two phases Vaq/Vorg, assuming these volumes do not vary during the 
transfer (see Figure 2.4.2). 


From the operating line (see equation [2.4.4]), which shows the evolution of the 
concentrations of the solute in both phases during the extraction and the extraction   
isotherm (see [VIG 11b], Chapter 1,  Figures 1.4.2 and 1.4.3), the concentrations 
reached at equilibrium under discontinuous operating conditions can be graphically 
determined, as shown in Figure 2.4.2.  


 H being the distribution ratio (or the partition coefficient) for these 
concentrations (see [VIG 11b], Chapter 1):  


H = C*S(org)/C*S(aq)  [2.4.5] 


The final concentration of the solute in the feed, C*S(aq), can be expressed as a 
function of the initial concentration, CS(aq)0, of the distribution ratio or partition 
coefficient H and of the ratio of the volumes of both phases for an initially pure 
solvent:  


C*S(aq)/CS(aq)0 = 1/(1 + H Vorg/Vaq) [2.4.6]  


Fractional extraction, X, is a function of the partition coefficient and the ratio of 
the volumes of the two phases:  


X(%) = 1 – C*S(aq)/CS(aq)0 = H / (H + Vaq/Vorg)  [2.4.7] 
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Figure 2.4.2. Solvent extraction for a batch operation showing the extraction isotherms and 
the operating straight line. This is a graphical determination of concentrations reached at 


equilibrium in the aqueous and extractant (organic) phase  


2.4.4. The performance equation of a continuous operation in a mixer-settler  


The mass balance for each stage, if we assume that the volumetric flow-rates Qaq 
and Qorg of both phases are constant, can also be written as:  


Qaq CS(aq)in + Qorg CS(org)2 = Qaq CS(aq)1 + Qorg CS(org)out  [2.4.8a]  


and between the first and last stage, as: 


Qaq CS(aq)in + Qorg CS(org)in = Qaq CS(aq)out + QE CS(org)out [2.4.8b]  


This is the equation of a line with a positive slope Qaq/Qorg, which is also called 
the operating line. The values of the concentrations of the solute in each phase at the 
battery input (CS(aq)in and CS(org)in) being given, if we set the fractional extraction X to 
reach CS(aq)out for a ratio Qaq/Qorg, the location of the operating line is determined 
(see Figure 2.4.3). For each stage, the partition equilibrium being reached is: 


H = C*S(org)12/C*S(aq)2 [2.4.9] 


The graphic construction represented in Figure 2.4.3 shows that, for the ratio of 
the considered flow-rates, three theoretical stages are required (in this case) in order 
to reach the fractional extraction:  


1 – CS(aq)out/CS(aq)in  [2.4.10]  
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Q


 


Figure 2.4.3. Continuous countercurrent solvent extraction (three stages). Graphical 
determination of the number of theoretical stages required to reach  


the desired fractional extraction  


 


Figure 2.4.4. Continuous countercurrent solvent extraction. Extraction of iron from a sulfuric 
solution by a mixture of mono- and di-alkyl phosphoric esters). Extraction isotherm at 50°C 
(feed composition 90 g/l zinc (as ZnSO4); 50 g/l H2SO4; and 25 g/l Fe(III) as Fe2(SO4)3 and 


operating line. Only two stages are required to decrease the Fe concentration from  
25 to 2 g/l in the feed solution  
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In addition, Figure 2.4.2 shows that for a desired fractional extraction, the initial 
concentration of the solute in the feed has to be lower than the concentration 
corresponding to the point where the operating line meets the partition isotherm. The 
theoretical number of stages required to achieve the same final concentration of the 
solute in the raffinate will become infinite for an initial concentration CS(aq)in in the 
feed corresponding to this point.  


As shown in Figure 2.4.4, for a typical shape of extraction isotherm, the number 
of theoretical stages required to obtain a high fractional extraction can be very low.  


2.4.5. The performance equation for continuous operation in a column  


For an extraction column operating under a counter-current flow, the same 
construction is valid. The column will have a height equivalent to three theoretical 
stages in order to obtain the same fractional extraction.  


The expression of the height of the column required to obtain a given fractional 
extraction can be obtained from partial mass or molar balances or from local 
balances. This expression is simple in the case of an elementary transfer process of a 
component present at low concentration in both phases and controlled by the 
transport process of the component in both phases (see [VIG 11a], Chapter 6, 
section 6.3.2). 


The balance of the solute between the top and bottom of the column is similar to 
the balance in equation [2.4.8b]:  


Q(aq)in CS(aq)in + Q(org)in CS(org)in = Q(aq)out CS(aq)out + Q(org)outCS(org)out [2.4.11]  


The balance between a section Z of the column and the lower end can be written 
as:  


Q(aq)z CS(aq)z + Q(org)in CS(org)in = Q(aq)out CS(aq)out + Q(org)zCS(org)z [2.4.12]  


which is the equation of the operating line if we assume that the flow-rates of both 
phases are constant along the column (see Figure 2.4.5).  


For the elementary transfer process of a component present at low concentration 
in both phases, where transfer is controlled by the transport processes of the 
component in both phases and the partition equilibrium is reached at the interface, 
the transfer flux can be written as (see [VIG 11a], Chapter 6, section 6.3.2.2 and 
equation [6.3.22]):  


ΨS (aq → org) = hS {CS(aq)z – Cs(org)z/H} [2.4.13] 
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where: 


1
hS


= 1
hS(aq)


+ 1
HhS(org)


 [2.4.14] 


which is similar to the overall mass transfer coefficient, hA, see [VIG 11a], Chapter 
6, equation [6.3.22]. 


 


Figure 2.4.5. Countercurrent solvent extraction in a column. Extraction isotherm and 
operating straight line. AB is the driving force  


The driving force is represented by segment AB (see Figure 2.4.5). The local 
balance for a column section, dZ, can be written as:  


d(Q(org)z CS(org)z) = ΨS a Ω dz = d (Q(aq)z CS(aq)z) [2.4.15] 


where a Ω dz is the contact surface, i.e. the surface of the droplets of the dispersed 
phase within volume Ω dz. The expression of the height of column Z can then be 
obtained by the following integral:  


Z = 1
h.a.Ω


Q(org)z.dCS(org)z


(CS(org)z − CS(aq)z H)
z
∫  [2.4.16]  
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The concentrations of the solute in both phases being low, we can consider that 
the flow-rates of both phases are constant along the column. The expression of the 
column height can be written as:  


Z =
Q(org)


h.a.Ω
dCS(org)z


(CS(org)z − CS(aq)z H)
z
∫  [2.4.17]  


The integral can then be graphically integrated. This integral is called the 
“number of transfer units” or NUT. The height of a transfer unit or HUT is defined 
by:  


Z = HUT × NUT  [2.4.18] 


HUT = Q(org)
haΩ


 


which depends on two hydro-dynamic parameters: the flow-rate of the dispersed 
phase Qorg and the surface contact between both phases per column unit height and a 
physico-chemical parameter (the mass transfer coefficient h between a dispersed 
phase and a continuous phase, see [VIG 11a], Chapter 6, section 6.4.4). 
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Chapter 3 


 Gas-solid and Solid-solid Reactors and 
Particle Conversion Operations  


3.1. Overall presentation of gas-solid and solid-solid reactors  


This chapter deals with the main types of gas-solid and solid-solid reactors, their 
operating conditions and the operations carried out in these reactors and their 
modelings. 


In these reactors, the two basic solid particle reactions that occur are:  


– in situ conversion into a solid product; and  


– gasification. 


Particle conversion is carried out either by a gas-solid reaction or by a solid-solid 
reaction.  


The main types of gas-solid reactors are: 


– the travelling grate sintering machine: reactor with a particle feed deposited on 
a moving horizontal grate (see Figure 3.3.2) forming a packed bed with gas cross-
flow contacting. The main particle conversions carried out with this type of reactor 
are: 


- zinc ore sinter-roasting,  


- iron ore sintering,  


- iron oxide pelletizing for direct reduction; 
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– the shaft furnace (see Figure 3.3.4) is a vertical reactor in which an ascending 
current of reactive gas is blown counter-currently to a descending packed bed with 
continuous feed and discharge of the particles (see Figure 3.3.4). It is used for: 


-  “direct reduction” of iron oxide with CO + H2 gas in the Midrex process and 
the first stage of the Corex process, 


-  reduction of the oxidized nickel ores; 


– the fluidized-bed reactor (see Figure 3.4.1) where particles are held in 
suspension (fluidized bed) by a gaseous flow with a continuous feed of solid 
particles and continuous discharge of the solid or gaseous products. This reactor is 
used for the following operations:  


- the direct reduction of fine particles of iron ores in the Fior-Finmet, Circored 
and Circofer processes (see Figure 3.4.2),  


- Ni, Cu and Zn sulfide roasting, 


- reduction of the nickel oxide with hydrogen (see Figure 3.4.3), 


- calcination (alumina, etc.),   


- gasification: titanium and zirconium ores by carbochlorination (see Figure 
3.4.4). The gaseous product is removed from the reactor by a gas stream; 


– the rotary kiln is a rotating tube that is slightly inclined (see Figure 3.5.2), 
allowing the particles to flow from the inlet to the outlet under the effect of gravity, 
while held in motion by the rotation of the kiln. The solid burden is introduced at 
one end and discharged at the other. Kilns are operated with continuous feed and 
discharge, with a counter-current flow of hot gas supplying the heat of reaction or 
reactants or carrying off gaseous products. It is used in a variety of operations 
including  drying, calcining, pyrolysis, reducing, roasting and sintering of a variety 
of materials: 


- pre-reduction of nickel ores,  


- conversion of uranyl fluoride into uranium dioxide,  


- carbonylation of nickel.  


The main types of solid-solid reactor where the burden is made of pellets 
consisting of a mixture of particles to be converted and reactants (mainly carbon as a 
reducing reagent) are:  


– the rotary hearth furnace (see Figure 3.5.1): Fastmet process of iron ore 
carbothermic direct reduction; 
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– the rotary kiln (see section 3.5.2): pre-reduction of complex oxides (chromite, 
ilmenite); 


– the multiple hearth furnace (see section 3.3.2.2).  


EAF dust treatments are performed in these three types of reactors. 


NOTE.– Most particle conversion operations can be carried out in different types of 
reactors, such as direct reduction of iron ore or pre-reduction of oxidized nickel ores. 
Economic considerations (natural gas or carbon prices for the reduction operations) 
are the main factors of choice in the process. In addition, the large number of 
technical factors involved in these processes prevents a classification of these 
processes based on elementary considerations.  


 One major trend is the increasing use of fluidized bed reactors for gas-solid 
reactions.  


A technical and economic comparative analysis of the direct reduction processes 
of iron ore is presented by Astier [AST 05].  


 Numerous models of gas-solid reactors have been developed [GUI 05, PAT 05, 
SZE 76].  


3.2. Gas-solid reactor hydrodynamic behavior and heat transfer between 
phases  


The operation of a gas-solid reactor depends first on the contacting pattern of the 
two phases and their relative flows. The hydrodynamic behavior controls the heat 
transfer between the two phases, their residence times and the fractional conversion 
of the feed. 


3.2.1. Hydrodynamic regimes  


The hydrodynamic behavior of these reactors and the heat transfer between the 
two phases depend on the flow conditions of the gaseous phase across the bed of 
particles:  


– fixed or moving packed beds;  


– fluidized beds; 


– entrained circulating beds.  
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1 2


 


Figure 3.2.1. Gas-solid reactors: gas pressure drop as a function of gas velocity across a 
packed bed, a fluidized bed and entrained bed: 1) onset of fluidization; and 2) onset of 


entrainment of particles 


The behavior of these reactors can be described as follows (see Figure 3.2.1). 
When a gas stream is blown through a packed bed of particles of height, supported 
by a perforated plate, for low gas flow-rates, the packed bed remains fixed. The 
pressure drop across the bed increases with the flow rate (the velocity) of the gas 
until a state is reached when the pressure drop across the bed equals the bed weight. 
At this point, the particles in the bed will become rearranged so as to offer less 
resistance to the gas flow and the bed expands to attain the loosest possible packing.  


At higher fluid velocities, the bed expands further, the particles become freely 
suspended in the gas stream and the bed attains the fluidized state. In this situation, 
the dilatation of the bed increases but the pressure drop remains constant, being 
equal to the bed weight.  


At higher gas velocities, there is entrainment of particles by the gas stream. The 
upper limit of the gas velocities in fluidized beds is determined by the elutriation 
velocities of the various particles, velocities that may be estimated from the terminal 
falling velocity of a particle. 


A diagram representing the operating regimes of these reactors as a function 
of the gas velocity and particle diameter dimensionless numbers is given in Figure 
3.2.2. 
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Figure 3.2.2. Fluidization regimes in terms of dimensionless numbers dimensionless gas 
velocity versus dimensionless particle size [VIL 93] 


3.2.2. Fixed or moving packed beds 


3.2.2.1. Fluid flow and pressure drop  


The empirical Ergun relation between the fluid pressure drop in packed beds and 
the fluid flow-rate is the most widely accepted [ERG 60]: 


∆P/L =150µgUg
1− ε( )2


dp
2ε3 +1.75ρgUg


2 1− ε( )
dp


 [3.2.1] 


The first term corresponds to the viscous flow and the second term to the 
turbulent flow. Here L is the height of the bed in meters, ε is the bed void fraction, 
dp is the mean particle diameter (6/ap where  ap is the specific surface of the particle) 
and ∆P the pressure drop in Newton/m2), µg is the viscosity (in N.s/m2 = 10 poises), 
ρg   is the density (in kg/m3), Ug(m/s) is the linear fluid velocity in the empty column, 
and Gg = Ug ρg is the mass fluid flowrate.  
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NOTE 1.–  The Ergun equation is valid for isothermal systems, incompressible fluids  
and for uniform beds. In packed beds, preferential passages form easily. 


NOTE 2.– In a dense moving bed reactor, all particles have the same residence time.  


3.2.2.2. Fluid-to-particle heat transfer  


The heat transfer between the fluid and the particles over a height, dz, of the 
particle bed can be written as (see [VIG 11a], Chapter 6, equation 6.3.1): 


dQ = hT (apSdz) (Tp – Tg)  [3.2.2] 


where hT, the heat transfer coefficient in watt/m2/°K, is based on the unit surface of 
the particles. (If hT is based on the solid unit volume, hT has to be multiplied by  
6 (1 – ε)/dp). Tp is the local temperature of the particles and Tg is the temperature of 
the fluid. Finally, apSdz is the contact surface between the fluid and particles.  


Numerous empirical correlations for the heat transfer coefficient have been 
established. They have to be used with caution. Some of them are presented below:  


1) Bird correlation [BIR 60]:  


jH = 0.91 Re-0.51 ϕ      when Re <50  [3.2.3] 


jH = 0.61 Re-0.41 ϕ      when Re >50  [3.2.4] 


where the Colburn factor, jH, and the Reynolds number, Re, are defined by:  


jH = hT/Cpg . Gg (Cpg . µ/ λg)2/3 = hT/Cpg . Gg Pr2/3 [3.2.5] 


and: 


Re = Gg/ap µg ϕ  [3.2.6] 


where ϕ is an empirical coefficient and function of the shape of the particles: ϕ = 1 
for a sphere; 0.91 for a cylinder; and 0.86 for a sheet. λg is the thermal conductivity 
of the gas (cal/cm.sec.°K); αg = λg/Cpg . ρg. The properties of the fluid are studied at 
temperature: 1/2 . (Tp + Tg).  


2) Szekely correlation [SZE 76]: 


Nu = A + B Ren . Pr 2/3  [3.2.7] 


where the Nusselt number, the Prandtl number and the Reynolds number are defined 
by:  
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Nu =
hT dp


λg


; Pr =
Cpgµg


λg


; Re = 
G gdp


µg
  


where n can be calculated by 
2 − 3n( )
3n −1( )


 = 4.65 Re-0.28, B = 2
3ε


 and A = 2
1− 1− ε( )1 3 . 


3) Ranz correlation [RAN 52]: 


Nu = 2 + 0.6 Re1/2 . Pr 1/3  [3.2.8] 


which is established for transfer between a particle and a gas, giving good results for 
fixed beds consisting of complex texture [SES 86].  


NOTE 3.– The heat transfer coefficient, hT, varies with the temperature, owing to the 
variation with the temperature of the gas thermal conductivity. However, when this 
coefficient is measured in a cooling or heating test of a particle bed, only an average 
value, allowing the measured temperature variation to be reproduced, can be 
determined. We can give hT: 10 W/m2.K as an order of magnitude for the cooling 
between 1,200 and 300 K of a packed bed on a traveling grate sintering machine of 
iron ore. In the case of a zinc ore sintered bed (after roasting), 
hT(mean) ≈ 20−50 W/m2.K is the value allowing the variation in temperature to be 
reproduced during a cooling test between 1,000 and 200°C [PAT 91]. 


3.2.2.3. Bed-to-wall heat transfer  


Only a correlation established by Yagi in the case of a bed made of spherical 
particles whose diameters range from 4−20 mm, for Reynolds numbers <2,000 is 
presented [YAG 60]:  


Nu = hw dp / kg = 8 + 0.054 Re . Pr  [3.2.9]  


3.2.3. Fluidized beds  


At the onset of fluidization, the pressure drop across the bed multiplied by its 
cross-sectional area equals the weight of the bed:  


∆p = (1 – εο) Z (ρp – ρg) g ≈ msolid g  [3.2.10] 


where εo is the porosity  of the fixed packed bed. 
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The pressure drop, ∆p, is evaluated from the Ergun equation. This allows 
calculation of the minimum fluidization velocity, Ugm, i.e. the minimum gas velocity 
at which fluidization is initiated: 


24.5 Rem
2 + 1,650 Rem – Ar = 0 [3.2.11] 


where Rem is the Reynolds number corresponding to the minimum fluidization 
velocity: 


Rem= gm p g


g


U d p
µ


 and   Ar = 
ρp ρp − ρg( )dp


3g


µg
2   


When Rem >1,000, equation [3.2.11] reduces to:  


Ugm
2 = Up


2/72 = 
ρp ρp − ρg( )dpg


24.5ρg
 [3.2.12] 


where Up is the terminal free-falling velocity of a particle. 


3.2.3.1. Uniform fluidization  


If we increase the gas flow-rate beyond the threshold, the bed expands and the 
particles are set in motion, with relatively uncoordinated stirring movements. The 
pressure drop remains almost constant as long as the dilatation is lower than 20%.  


3.2.3.2. Bubbling regime  


Beyond a given gas flow-rate, bubbles will be formed in the fluidized layer; 
these bubbles grow during their rising motion and burst at the bed level. As a result, 
the contact between the solid and fluid becomes much less intimate than for a 
uniform fluidization. The system can then be considered as being made of two 
phases: a gaseous phase consisting of the large bubbles and a pseudo-uniform phase 
(an emulsion) where the velocity of the gas between the particles would be equal to 
the minimum fluidization velocity. Most of the gas passes through the fluidized bed 
in the form of gas bubbles bypassing it. The behavior and modeling of the operation 
of a bubbling bed is dealt with in Kunii and Levenspiel’s book [KUN 69].  


The bubble models are inappropriate, however, for describing most commercial 
fluid bed reactor operations. It is precisely when the fluidized bed reactors begin to 
bubble that they become poor reactors. This is when bypassing occurs [BOL 89, 
PAP 95]. In addition, it is quite clear that the yield of a fluidized bed reactor, 
working under a bubbling regime, is far from being ideal. In the design and 
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operation of a fluidized bed reactor, the aim is the prevention of gas bypassing due 
to formation of gas bubbles [BOL 89, JAZ 95]. 


3.2.3.3. Turbulent regime  


Good fluidization can be restored by the addition of a small quantity of fines or 
by increasing the superficial velocity of the fluid phase [BOL 89]. The fluidization 
state thus obtained is characterized by the “turbulent fluidization” term. The bubbles 
become less distinct and eventually disappear. The hydrodynamic behavior of such a 
fluidized bed can be described for the gas flow as a dispersed plug flow with a large 
axial dispersion (plug flow with some degree of back-mixing) and for the solid 
particles as a continuous stirred tank reactor. The strong dispersion is due to mixing 
produced by the particles. Nevertheless, there is no correlation giving an estimate of 
the longitudinal or axial dispersion coefficient for fluidized beds. In this case, the 
aim is to minimize the back-mixing and have a gas plug flow. To to do so, different 
devices are proposed. 


In this regime, we can observe a remarkable uniformity of temperature across 
fluidized beds with a height of 10 m, even in the case of exothermic reactions that 
can only be explained by strong mixing of the solids. 


The gas-solid fluidized bed-reactors where the particles undergo an in situ 
conversion, operating with a continuous feed of particles, are modeled by 
considering them for the particles as being a continuous stirred tank reactor (CSTR) 
where the particle residence time distribution (RTD) (see Chapter 2 of this volume, 
equation [2.1.1]) is given by the expression:  


E(t) = 1/ t s. exp(– t/ t s) [3.2.13]  


where t s is the particle mean residence time equal to the ratio of the mass mp of 
particles present in the reactor at any time (hold-up) over the discharge mass flow-
rate, Gp, of the solid phase (see Chapter 2 of this volume equation [2.1.10]): 


t s = mp(solid)/Gp(solid) [3.2.14] 


3.2.3.4. Heat transfer between particles and gas phase  


Heat exchanges are extremely fast and we can consider that the temperatures of 
the gas and solid are identical and uniform in the fluidized bed. The temperature in 
the fluidized bed can be maintained at a pre-determined value by acting on the flow-
rates of both phases. In addition to this, the heat transfer between a wall and the 
fluidized bed is also very good. This is one of the reasons for the wide use of 
fluidized bed-reactors for strongly exothermic reactions. The order of magnitude for 
the wall/fluidized bed heat transfer coefficient ranges from 150−300 W/m2.K and 
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Nu ≈ 1. It explains the fact that fluidized beds are cooled down by circulation of a 
fluid in coils immerged in the bed. The exothermicity of oxidation reactions, such as 
roasting of the sulfides, allows the treatment of humid concentrates. The evaporation 
of water consumes the heat produced by the reactions. The temperature can then be 
kept at the desired level by action of the content of water steam of the feed.  


3.2.4. Entrained bed (riser)  


When the gas velocity becomes greater than the free-falling velocity of the 
particle, the particles are entrained by the gas flow. This condition is the start of riser 
operation. The entrained bed is a riser operating with a very low solid hold-up.  


The pressure drop is then equal to:  


∆p = (ρp εp + ρg εg) Z + pressure drop on the walls  [3.2.15] 


with:  


εp + εg = 1  


where εp is the volumetric particle fraction and εf the volumetric fluid fraction.  


The carrying velocity of the particles is equal to: 


up = Ug + ur  


where up is the particle velocity with respect to the wall of the reactor, Ug is the 
velocity of the fluid and ur is the relative particle/flow velocity. The equation can be 
written as: 


{Gp/ρp εp S} = {Gg/ρg εg S} + upo f(εp) [3.2.16] 


where Gp is the mass flow-rate of the particles; Gg is the mass flow-rate of the gas; 
and upo is the terminal falling velocity of a particle in a stagnant fluid. The relative 
velocity of the particles with respect to the fluid phase, ur, can be considered as 
being equal to zero. This equation determines εp as a function of the flow-rates and 
thus the solid mass (hold-up) present in the reactive zone ρp εp S.Zr. The residence 
time of the particles in the reactor is given by: 


τp = ρp εp S.Zr/ρp up [3.2.17]  


In the circulating bed reactor, the mass flow-rate of solid recycled is significantly 
higher than the feed-rate of fresh solid. 
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The entrained (circulating) bed reactor is used for combustion or gasification 
reactions.  


3.3. The performance equations of gas-solid packed-bed reactors 


The two main types of reactors are: 


– the reactor with a moving horizontal packed bed with gas cross-flow 
contacting:  sintering machine;  


– the reactor with a moving vertical packed bed and counter-current  ascending 
gas flow: shaft furnace (see Figure 3.3.4).  


Only in situ conversion with formation of a second solid phase (for instance:  
oxide reduction) can be carried out in these reactors. They are represented by the 
following reaction:  


νAA(g) + νBB(s) → νRR(g) + νSS(s) [3.3.1]  


3.3.1. Gas-solid fixed packed bed reactors  


We consider first a fixed packed bed of B particles through which reactant gas 
stream A is blown (semi-batch system, see [VIG 11a], Figures 1.2.1e and section 
3.3.1 in this volume). Through the entire packed bed, the variations in fractional 
conversion of the two reactants (see [VIG 11a], Chapter 1, equation [1.2.7]) in a 
section with a thickness, dz, and during dt, are connected by (see [VIG 11a], Chaper 
1, equation [1.2.26]):  


A0F
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⎝ 
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⎞ 


⎠ 
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dχ (z, t)


dz
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B0n
Bν


⎛ 


⎝ 
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dχ (z, t)


dt
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⎝ 
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⎞


⎠
⎟⎟  [3.3.2] 


where (see [VIG 11a], Chapter 7, equation [7.2.5]): χB = XB, with: 


A0F
Aν
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⎝ 
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⎞ 


⎠ 
⎟ . A


dχ (z, t)


dz


⎛ 


⎝ 
⎜ ⎜ 


⎞


⎠
⎟⎟= apS rs  [3.3.3] 


where apSdz is the contact surface of both phases in section dz and rs is the overall 
reaction rate (see [VIG 11a], Chapter 5, equation [5.4.15] in [VIG 11a]):  


rs = krC {CA – CR/KC} [3.3.4]  
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where KC is the reaction equilibrium constant (based on the concentrations); CAz is 
the molar concentration of reactant A in the gaseous phase at distance z and at time 
t; and CRz is the concentration of gaseous product R at distance z at time t. The 
reactor operates under a constant pressure (without considering the pressure drop), 
see [VIG 11a], Chapter 5, equation [1.2.39]): 


pA + pR = P = Cste           and           CA + CR = P/RT 


The concentrations of reactant A and gaseous product R are expressed as a 
function of the fractional conversion of reactant A by (see [VIG 11a], Chapter 1, 
equation [1.2.54]):  


CA = CA0 (1 – χA)/{1 + εA . χA} [3.3.5] 


CR = CA0 χA (1 + εA)/{1 + εA . χA} [3.3.6] 


where:  


εA = (νR – νA)/νA  [3.3.7] 


The overall reaction rate, rs, is expressed as a function of χA(z and t).  


The temperature variations of each phase (at each time t and at each distance z) 
can be obtained by the following heat balances:  


UgρgCpg.
δTg


δz
+ ερgCpg.


δTg


δt
= aphT Tg − Ts( ) [3.3.8] 


1− ε( )ρsCps.
δTs
δt


= aphT Tg − Ts( )+ −∆Hr( ).rS  [3.3.9] 


Ug =
Qg


εS
= FA + FR( ) RT


P
 [3.3.10] 


The time of complete conversion of a bed of particles of height Z can only be 
calculated by numerical integration of the system equations. 


When the rate of the reaction is high, the transformation is almost localized in a 
thin reaction zone. Reactant A is entirely consumed when it meets fresh solid B and 
we observe a reaction front that moves forward with a constant rate in the bed.  


When the reaction is strongly exothermic, this reaction front is called the “flame 
front”. At each time t, the reactor can be divided into three zones (see Figure 3.3.1): 
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a transformed zone, where the heating of the gaseous phase occurs; a reactive zone; 
and a zone where the burden is cooled down.  


Reacting zone


 


Figure 3.3.1. Fixed packed-bed reactor: reaction zones and particle and gas temperature 
profiles. The faster the reaction rate, the thinner the reaction zone  


Assuming that the reaction occurs across the bed at the same temperature and 
that equilibrium is reached at the end of the reaction zone, the minimum number of 
moles of reactant A:  FA0.τ, that need to be fed through the particle bed to obtain 
complete conversion of the particle bed, nBi, is given by (see [VIG 11a], Chapter 1 
equation [1.2.25]):  


FA0.τ.χ *A τ( ){ }
νA


=
nB0{ }
νB


             when     χB = 1  [3.3.11] 


where χ∗A can be calculated from [3.3.5] and [3.3.6] and thus: 


FA0.τ.{ }νB


nB0νA
= Kc + νR νA


Kc
 [3.3.12] 


If A is entirely consumed, thus when K is high:  


FA0.τ.{ }νB


nB0νA
= 1 [3.3.13] 


which simply shows a stoichiometric consumption. 
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If the equilibrium constant is low:  


FA0.τ.{ }νB


nB0νR
= 1


Kc
 [3.3.14] 


τ is the time at the end of which the reaction front will have gone through the entire 
bed or is the time of complete conversion of a bed of length L with a gas flow FAe.  


3.3.2. Gas-solid reactor with cross-flow contacting  


3.3.2.1. Sinter machine 


The sintering operation is performed on a moving grate of Dwight-Lloyd-type 
(see Figure 3.3.2) on which a bed of pellets made of fine ore particles is deposited 
and through which air is blown upwards or sucked downwards. The bed is stationary 
with respect to the moving grate.  


 


Figure 3.3.2. Iron ore sinter machine. Dwight-Lloyd-type moving grate  


A slice of the bed moves at a given speed and during its displacement gas flows 
through this slice. The evolution of temperature, composition of the gaseous phase 
and conversion of the pellets in this slice is then identical to what occurs in the 
fixed-bed reactor analyzed above (see Figure 3.3.1). A travelling grate sintering 
machine can be considered as being made of a series of fixed beds through which a 
reactant gas stream A is blown (propagation of a reaction front). 
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The performance equations of a traveling grate sintering machine are those 
presented above (see equations [3.3.8], [3.3.9] and [3.3.10]).  


In iron ore sintering, ore, limestone and coke fines are mixed and deposited on a 
traveling grate. Burners ignite the mixture at the feed end of the grate. Air is pulled 
down by wind-boxes beneath the grate, through the bed which ignites the coke 
breeze in the mixture. The air movement causes the burning zone to move through 
the bed until sintering of the mixture has taken place throughout the entire depth of 
the bed. Combustion of carbon partially melts the other feed components, which 
results in a strong and porous sinter. Typical daily production from a sinter plant is 
of the order of 2.3−4.4 net tons/ft2 of grate area. This sinter is the feed of the iron 
blast furnace (see [VIG 11b], Chapter 4, section 4.2.3.1.1 and Chapter 4, section 
4.2.2 of this volume) [AST 99]. 


The zinc sulfide ore sinter-roasting is carried out until complete conversion of 
the sulfide into oxide on a traveling grate sintering machine. Air is blown upwards 
through the charge from bottom to top for propagation of the reaction in the bed. 
The charge (pellets of 4 mm) is made up of a mixture of ores, a flux (silica and 
calcium carbonates) and the returned fines (the recycled fraction of the sinter that is 
too small for the blast furnace). A fraction of the charge is deposited on the moving 
grate as a layer approximately 3 cm thick and is ignited by burning gas to initiate the 
strongly exothermic sulfide oxidation. The remainder of the charge is then deposited 
on this layer to form a packed bed of pellets with a height of approximately 30 cm. 
The elevated temperatures reached (1,300−1,400°C) produce partial melting and 
sintering of the pellets. 


Very elaborate models dealing with both iron ore sintering and zinc sulfide ore 
sinter-roasting have been performed by Patisson and Bellot [BEL 89, PAT 91]. 


3.3.2.2. Multiple-hearth furnace 


A multiple-heart furnace is used as a roasting furnace, especially for the roasting 
of molybdenum ore. It has been used for the roasting of blende (ZnS), of 
chalcopyrite (CuFeS2).  


The charge is introduced at the top of the furnace and transported down through 
by rabble arms driven by a rotary axial column. The product is discharged from the 
lowest level of the furnace. The feed enters at the top and is rabbled first to the 
center, where it drops to the second hearth to be rabbled to the outer edge. Here it 
drops to the third hearth, and so on, until the roasted material exits from the bottom 
hearth of the roaster. The gases rise counter-currently to material movement and are 
removed at the top (see Figure 3.3.2b).  
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A model of the operating conditions of this furnace has been established by 
[GUP 89]. 


Figure 3.3.3. Cutaway view of a Nichols-Herreshoff type  
multiple-hearth furnace [THI 01]  


3.3.3. Shaft furnace (moving packed-bed reactor) 


Shaft furnaces are counter-current gas-solid reactors (see Figures 3.3.4 and 
3.3.5). The flow of both phases is considered to be a counter-current plug flow.  


The solid charge enters the reactor from the upper end and the gaseous feed from 
the lower end (see Figure 3.3.4). The reactor can be divided into two zones: an upper 
and a lower zone. In the upper heating zone solid particles are heated by the hot gas 
flowing through, its oxidizing or reducing capacity having been consumed in the 
lower reactive zone. 


In the lower zone, the temperatures of the particles and the gaseous phase are 
identical and the common temperature varies all along the height of this zone due to 
the endo- or exothermicity of the reaction, which occurs at the surface or within the 
particles. The gas composition and particle fractional conversion also vary along the 
reactive zone (see Figure 3.3.5b). 
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Figure 3.3.4. The vertical shaft furnace for direct reduction of iron ore  


In a moving packed-bed reactor, all the particles have the same residence time. 
Depending on their size, they will present the same fractional conversion.  


When we can consider that the composition of the gas and the temperature 
remain constant along the entire height of the bed, the reaction rate is constant and 
the fractional conversion of the solid particles can be calculated by one of the 
expressions established in [VIG 11a], Chapter 7, section 7.4. The residence time, ts, 
of the particles is equal to the L/Vs ratio, where Vs is the descending velocity of the 
solid particles (Gp/ρpS) and ts > τ, where τ is the time of complete conversion of the 
particles. 


As soon as the packed bed reaches a given height, the composition of the gas 
evolves all along the reactive zone (its reducing or oxidizing capacity is lowered), 
thus the conversion rate decreases theoretically to zero when the concentrations in 
the gaseous phase of reactant A and product R satisfy the thermodynamic 
equilibrium (which sets the length of the reactive zone).  


In the case of an open system with steady counter-current flows of  the two 
phases (see Figure 3.3.5), the reactants being present in each phase, the variations of 
the fractional conversions of both reactants in a section dz thick satisfy the following 
(see [VIG 11a], Chapter 1, equation [1.2.20].  
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when z = 0, χA(z = 0) = 0 and z = L: χB(z = L) = 0. 


The variation of the fractional conversion of reactant B (the solid) χB(z) as a 
function of the fractional conversion of reactant A (the gas) χA(z) can be written as:  
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which is the equation of the “operating line” (see Figure 3.3.5b) whose slope 
directly depends on the ratio of the feed-rates of the gas and solid:  
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Figure 3.3.5. Gas-solid reactor: a) reaction zone: moving packed bed with counter-current 
flows; and b) operating line: fractional conversion of the solid B as a function of gas A 


fractional conversion along the reactor.  The optimum operating  
line is drawn (see equation [3.3.20])  


The local mass balance, within a section dz thick in the particle bed (see equation 
[3.3.4]), can be then written as: 


FA0 . d χAz/νA = – FB0 . dχBz/νB = apS dz k (CAz – CRz/K) [3.3.18] 
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The temperature varies all along the reactor. The enthalpy of the reaction 
(produced or absorbed heat) heats or cools down both phases and the heat balance 
between the gaseous phase and the solid particles is written as: 


(aS dz) . r . ∆Hr = (CpAGA + CpBGB) dT  [3.3.19]  


where G stands for the mass flows of each phase. 


The simultaneous integration of both mass and heat balances provides the 
variation in composition of the gas and in the temperature along the reactive zone. 
Thus, it gives the fractional conversion of the solid, χB, as a function of the flows of 
both phases.  


NOTE 4.– Assuming that the temperature in the reactive zone is uniform, the 
optimum yield of the reactor will be obtained for a ratio α of the feed-rates such as 
the conversation of reactant B (the solid) at the discharge is complete χBs = 1 (at z = 
0) and the composition of the gas at the end of the reactive zone is equal to the 
equilibrium composition of the gaseous phase with solid B at this temperature: 
C*R(z = L) = K C*A(z = L). The optimum operating line then has to pass through 
point χBs = 1 at z = 0 and point χA = χ∗A at z = L, so: 
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where:   


χ *A


1− χ *A( )
=


Kc T( )
1+ εA( )   


APPLICATION 1.– Let us consider the following reaction: 


FeO(s) + CO → Fe + CO2  


We have shown, in [VIG 11b], Chapter 4, section 4.2.2, that to achieve the 
complete reduction of one mole of FeO, at least 4 moles of CO are required. Thus, 
the ratio of the molar flow α = FCO/FFeO has to be higher than (1 + K(T))/K(T) at 
1,200°C. 


3.3.3.1. Midrex process for directly reduced iron 


The Midrex process consists of three major stages:  


1) reduction of iron oxide ore; 


2) reforming (92% H2 and CO); and  


3) heat recovery.  







64     Extractive Metallurgy 3 


 


Figure 3.3.6. Flow sheet of the Midrex; process for  
DRI production in a shaft furnace[HUG 98] 


Reduction of iron oxides is performed in a vertical shaft furnace with two zones: 
a reduction zone at high temperature (900°C) and a carburizing zone. For production 
of DRI, the reduced iron is cooled and carburized by counter-flowing cooling gases 
in the lower portion of the shaft furnace (see [VIG 11b], Chapter 4, section 4.2.2.2 
and Figure 4.2.3b). The flow-rate of DRI is controlled by a rotary valve at the exit of 
the cooling zone. 


Shaft furnaces use a charge made of pellets with a granulometry of  
6−16 mm and calibrated ores with a granulometry of 10−35 mm screened at 6 mm. 
The composition of these pellets is Fet (68%), SiO2 (0.50−0.80%), CaO (0.3−1.5%), 
MgO (0.3−0.64%) and a CaO/SiO2 ratio varying from 0.36 to 3 [AST 05]. The 
results, in terms of reducibility in the laboratory, have been presented in [VIG 11b], 
Chapter 4, section 4.2.3.1.  


The charge is introduced through a proportioning hopper at the top of the shaft 
furnace and descends through the furnace by gravity flow. The charge goes down 
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through the reduction zone, which is a cylindrical shaft with an internal diameter 
ranging from 5−7.5 m and the height of the reduction zone ranges from 9−11.75 m 
with a maximum hourly production of 275 tons and 2.106 tons per year. The 
temperature of the gases at input has constantly been increased, from 780°C to reach 
a temperature of 1,050°C. The temperature of the shaft furnace burden increases 
from 789°C to 860°C. For one ton of product, a metallization degree of 93% and 
carbon content of 2%, the consumption of natural gas is equal to 2.30 Gcal and 100 
kWh/t. Due to the importance of gaseous flow rates, the solid burden is rapidly 
heated at the top of the furnace, and then the reduction occurs with a temperature 
gradient due to the endothermicity of the reactions (with CO).  


3.4. The performance equations of fluidized-bed reactors  


The fluidized-bed reactor has emerged as the best reactor for a large number of 
industrial reactions, especially for exothermic reactions where the temperature has to 
be kept relatively low in order to obtain a high fractional conversion (see [VIG 11a], 
Chapter 1, Figure 1.3.4) where, owing to intense stirring, the heat exchanges are 
important  (see section 3.2.3.4). 


 


Figure 3.4.1. Cutaway view of a fluid bed roaster for nickel matte roasting  
(production 1,000 ton/day; H= 4.8m, D = 3.6m; 256 tuyeres for an air  


flow rate to keep the temperature at 600−700°C)   
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The basics of the particle conversion modeling carried out in a CSTR have been 
presented in Chapter 2 (see section 2.2.1). In the case of fluidized-bed reactors, the 
modeling of the operation is also based on the approach dealing with the distribution 
of particle residence times. We present the basic results obtained by Levenspiel here. 
A complete study of the different cases can be found in [LEV 72, LEV 79]. 


3.4.1. In situ particle conversion  


In a fluidized-bed reactor, with continuous feed and discharge of the solid 
particles the overall mass balance (input-output balance) can be written as (see [VIG 
11a], Chapter 1 equation [1.2.18])  


FA0


νA
χA1 = 


FB 0


νB


χB1 [3.4.1] 


where F stands for the molar flows of both reactants (gas A and solid B) at the input 
and χ are the fractional conversions (χBs = XB).  


 The behavior of the fluid phase can be represented by a turbulent plug flow 
model with axial dispersion. The two extreme cases are plug flow and perfectly 
stirred flow. 


For a perfectly stirred fluid flow, we assume that the composition of the gaseous 
phase surrounding the solid particles is uniform along the entire height of fluidized 
bed and equal to the composition at the discharge. Thus, for reactant A: 


CA = CA1 [3.4.2]  


For a plug flow, the concentration of the gaseous reactant evolves along the 
entire height of the fluidized bed. We assume that the concentration of the gaseous 
reactant surrounding the particles is a mean concentration across the bed (here a 
logarithmic average): 


CA= {CA0 – CA1}/ln (CA0/CA1) [3.4.3] 


The time τ of complete conversion of each particle, which depends on the initial 
size of the particles and the average concentration of the reactant across the entire 
bed, is then calculated thanks to [VIG 11a], Chapter 7, equations [7.2.7], [7.4.2], 
[7.4.5] and [7.4.7]. If χB (or XB) is the fractional conversion of a particle whose 
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residence time in the fluidized bed is ts, the mean fractional conversion, XB, of a set 
of particles (see Chapter 2, equation [2.2.1]) is written as:  


XB = 
0
∞∫  XB E(ts) dts  [3.4.4a] 


where E(ts) is given by expression [3.2.13].  


For particles with a residence time, ts, higher than their time of complete 
conversion, τ, the fractional conversion is equal to the unity. These particles are not 
involved with the unconverted fraction of the solid. The fractional conversion will 
be calculated by the expression below, where the integral is limited to time τ (see 
Chapter 2, equation [2.2.2]): 


1 – XB = 0
τ∫  (1 – XB(ts)) E(ts) dt  [3.4.4b]  


3.4.1.1. Mono-size dense particle feed   


If the limiting step is diffusion in the gaseous boundary layer surrounding the 
particle, the fractional conversion of a spherical particle is given in [VIG 11a], 
Chapter 7, equation [7.4.2]. After integration, the mean fractional conversion is: 


XB = ( t s/τ)(1 – exp(–τ/ t s)  [3.4.5] 


where t s is given by expression [3.2.14] and τ is the time of complete conversion of 
particles of the same size. 


 If the limiting step is diffusion of the reactant in the product layer (often called 
“ash”) from equations [7.4.5] ([VIG 11a]), and after integration, we obtain: 
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 [3.4.6] 


where the time, τ, of complete conversion is given by [VIG 11a], Chapter 7, 
equation [7.4.5b] ([VIG 11a]) and for relatively long times, t/τ, we obtain a 
fractional conversion of 96% when ts > 5 τ.  


If the limiting step is the chemical reaction at the surface of the particle core, 
then, from equation [7.2.7], we have:  
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where the time of complete conversion, τ, is given by [VIG 11a], Chapter 7, 
equation [7.2.8], and for relatively long times, t/τ: 
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 [3.4.8] 


For high values of ts/τ > 5, only the first term has to be considered. To obtain a 
reduction rate of 95%, the mean residence time has to be higher than 5 τ. Due to the 
wide distribution of particle residence times within a fluidized bed, very long mean 
residence times with respect to the times of complete conversion are necessary.  


We can obtain the mean fractional conversion, XB, of the particles as a function 
of molar flows FA0 and FB0 by resolving the corresponding system of equations by 
iteration. We set a value of CA1, we calculate the mean fractional conversion, XB, 
and check whether the overall balance is satisfied or not. If not, we change CA1 and 
repeat the calculation.  


3.4.1.2. Porous particle feed  


When conversion is controlled by the chemical reaction at the surface of the 
grains, the conversion is uniform (see [VIG 11a], Chapter 7, section 7.4.2.1, Figure 
7.4.4a and equation [7.2.7]), the mean fractional conversion is given by either 
expression [3.4.7] or [3.4.8]. If the limiting step is diffusion of the reactant in the 
product layer (see [VIG 11a], Chapter 7, Figure 7.4.4b) the mean fractional 
conversion is given by expression [3.4.6]. 


3.4.1.3. Multi-sized dense particle feed  


When the feed is made up of particles of different sizes presenting a distribution 
f(Rpi), we assume that the residence time distribution function is the same for all 
particle sizes. The mean fractional conversion of particles of size Ri (see section 
2.2.1.2) is given by: 


1 – XB(Ri) = 0
τ∫  (1 – XB(Ri)) E(ts) dt  [3.4.9]  


and the mean fractional conversion (see Chapter 2, equation [2.2.10]) is:  


1 – XB = ∫∫ {1 – X(t, Rp0, CA)} . Ψ(Rp0) . E(ts) dRpdt  [3.4.10] 


Doubly integrated micromodels are presented by Dixon [DIX 95]. 
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3.4.1.4. Finmet process for DRI   


The previous expressions have to be considered as guides. They do not consider 
the real operating conditions of the fluidized beds in a bubble regime, far from a 
uniform or turbulent fluidization (see section 3.2.3). In addition, a degradation 
(splitting up) of the particles due to thermal stresses and volume expansion occurs 
during the reduction of Fe2O3 into Fe3O4. 


The Finmet process (Voest Alpine Industrien anlagenbau GmbH&Co) uses iron 
ore fines as the starting material, with a grain size of less than 12 mm. It carries out 
the reduction in a unit consisting of four interconnected fluidized-bed reactors (see 
Figure 3.4.2). Ore fines flow downward from the upper to the lower reactor due to 
gravity, while reducing gas flows upward in a countercurrent direction. The degree 
of metallization increases at the top of each reactor due to the reaction with 
progressively richer reducing gas.  


 


Figure 3.4.2. Flow sheet of the Finmet process for production direct reduction iron in 
fluidized beds [HIL 01] 


In the uppermost reactor, the charge is only preheated to about 400°C (<570°C in 
order to avoid the conversion of hematite (Fe2O3) into dense magnetite (Fe3O4), by a 
poor reducing gas coming from reactor 3). The ore goes down as it passes through 
the following reactors and becomes progressively richer in metallic iron at the 
contact with the reducing gas H2 + CO, which becomes richer from one reactor to 
the next. The temperature is of the order of 800°C in the three last reactors. The 
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direct reduction of one ton of iron consumes 1.55 tons of ore fines, 15 Gj of natural 
gas and 150 kWh The product obtained has a metallic iron content of 86% and a 
total iron content of 93.2%, with a carbon content of 1%. Each unit has a capacity of 
0.5 million ton/year. 


3.4.1.5. Zinc sulfide roasting  


The set of thermodynamic and kinetic data relating to zinc sulfide roasting is 
presented in [VIG 11b], Chapter 6, section 6.2.2.1.1. For a complete description of 
the equipment and the operating conditions, see [AJE 00]. 


The operation is carried out in fluidized-bed reactors until complete conversion 
of the sulfides into oxides, called calcines. Parasite reactions occur at a relatively 
low temperature (500−600°C) and lead to zinc sulfate. However, the sulfate 
decomposes at 900°C, so its content is relatively low in calcine. Lead sulfide (PbS) 
is entirely converted into lead sulfate (SO4Pb), see [VIG 11b], Chapter 6, Figure 
6.2.3.  


In practice, the roasting temperature usually ranges from 910−980°C with a low 
sintering of the particles. The reaction is strongly exothermic (∆H = -445 kJ/mole of 
ZnS between 800 and 1,000°C), but its initiation requires a high temperature of 
around 700°C. The temperature is kept constant by controlling the concentrate feed-
rate in the fluidized bed; the amount of heat produced being proportional to the 
concentrate feed-rate. On the other hand, the gas flow-rate is strong enough for the 
partial SO2 pressure to be low, thus avoiding the formation of zinc sulfate. The 
residual sulfur content is in the order of 1.5−2% in the form of unroasted sulfide. 


3.4.1.6. Nickel and copper sulfide roasting  


This roasting is performed in fluidized bed by air at around 600−700°C. The 
main reaction that occurs is a selective and partial oxidation of iron sulfide (see 
[VIG 11b], Chapter 6, section 6.2.1.2 and Figures 6.1.1 and 6.5.1). The reaction 
being strongly exothermic, the solid feed-rate is adjusted to maintain a roasting 
temperature of around 600−700°C [BOL 67]. 


3.4.1.7. Nickel matte conversion  


The successive nickel matte reactions are carried out in fluidized bed reactors 
(see Figures 3.4.1 and 3.4.3): 


1) Roasting at 1,100°C until complete conversion of the sulfide into the oxide 
and oxidation of sulfur into SO2. Since roasting takes place above the melting point 
of the sulfide, the matte pellets break into smaller molten particles:  


“NiS” (matte) + 1/2 O2 → <NiO> (particles) + SO2  
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Complete desulfurization is achieved by a mean particle residence time in the 
order of eight hours. Since the bed is almost all solid product (NiO), the nickel oxide 
particles insulate the molten sulfide particles from each other, preventing accretion 
occurring.  


2) A copper chlorine attack of the oxide particle to remove copper as Cl2Cu.  


3) An incomplete reduction of the nickel oxide particles by hydrogen. The 
product obtained has a nickel content of 90% and contains less than 0.005% sulfur. 


 


Figure 3.4.3. Flow-sheet of nickel production by pyrometallurgical  
processing of nickel matte [BOL 67] 


3.4.2. Gasification  


When particle conversion is a gasification, there is no discharge of solid particles 
that may remain in the reactor as long as they have not been entirely gasified. 


When the limiting step is the chemical reaction, the mean fractional conversion, 
XB, is given by expression [3.4.8]. The mean residence time, ts, is given by 
expression [3.2.14] and the time of complete conversion, τ, is given by [VIG 11a], 
Chapter 7, expression [7.2.8], thus:  
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ts / τ = 2mB


G B


gp


Rp0
 [3.4.11] 


To achieve complete gasification (XB = 1), the mean residence time must be such 
that (see equation [3.4.8]):  


ts / τ > 5 [3.4.12] 


and thus, the particle feed-rate for a mass, mB, in the reactor, has to be:  


GB/mB < gp/2 Rpo [3.4.13]  


We set an article feed-rate and the mass of solid particles, mB, that have to be 
present in the reactor is controlled by the gas flow-rate (see equation [3.2.10]).  


3.4.2.1. Carbochlorination of zircon  


The carbochlorination of zircon is carried out at 1,200°C according to the 
following reaction: (see [VIG 11b], Chapter 3, reaction [3.2.17]) 


ZrSiO4 + 4 Cl2(g) + 4 C → ZrCl4 + SiCl4(g) + 4 CO(g)  


 


Figure 3.4.4. Carbochlorination of zircon in a fluidized-bed reactor and gas separation 
condenser (Cezus document) 
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The carbochlorination (endothermic reaction) is carried out in a tubular 
fluidized-bed reactor made of a graphite tube heated by induction (see Figure 3.4.4). 
Granules made up of ore and carbon particles are continuously introduced into the 
reactor and kept in suspension by a chlorine stream. They are progressively gasified 
and the gaseous chlorides and CO are carried away into the condensers. The Cl2 
flow-rate is controlled in order for the gas to be entirely consumed. Monitoring the 
consumption of chlorine allows the respective chlorine and granule flow-rates to be 
set in order to satisfy the stoichiometric conditions. 


3.5. Solid-solid reactors 


The charge of these reactors is mixed pellets of oxide paticles and solid reducing 
agents (carbon, silicon). Each pellet is a micro-reactor itself, within which the 
reactions (see [VIG 11b], Chapter 4, section 4.3) occur.  


Knowing the time of complete conversion of a pellet, τR, as a function of 
temperature and features of particles the pellet is made of, allows the design of the 
reactor: 


ts > τR  


The fractional conversion then mainly depends on the residence time in the 
reactor and the temperature reached. The transformations carried out in these 
furnaces are endothermic and so heat transfer to the pellets is crucial, but quite 
difficult. 


3.5.1. Rotary hearth furnace  


The rotary hearth furnace consists of a flat, refractory hearth-rotating furnace 
inside a high-temperature circular tunnel kiln. The feed agglomerates are placed on 
the hearth evenly and are one or two layers thick. The agglomerates are fed and 
discharged continuously and stay on the hearth for only one revolution. Burners, 
located above the hearth, provide heat to raise the feed agglomerates to reaction 
temperature and start the reaction. The burners are fired with natural gas, fuel oil or 
pulverized coal. The heat is transferred to the charge by direct radiation of the flame 
and by radiation through the refractory walls of the furnace.  


The residence time of the pellets is set by the rotation speed of the hearth and its 
diameter (see Figure 3.5.1).  
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Figure 3.5.1. Flow-sheet of the Midrex/Fasmet process for production of DRI in a rotary 
hearth furnace ( Midrex,2nd quarter 2002, www.Midrex.com) [MCC 03] 


The Fasmet process (Midrex/Kobe steel technologies) uses a rotary hearth 
furnace to convert steel mill wastes and iron oxide fines into highly metalized DRI.   
In the Fasmet process, generation of reducing gas and reduction both occur within 
the agglomerates. The carbothermic reduction (see [VIG 11b], Chapter 4, section 
4.3.4.3) of iron oxide particles is carried out at approximately 1,100°C; the residence 
time on the hearth is about 6−10 min, producing a metallization range of 85−92% 
and a carbon content range of 2−4%, but with a high gangue content coming from 
the reducing agents (carbon) [IBA 02, MCC 03]. Fasmelt adds an electric iron 
melting furnace for separating the slag and producing a hot metal (carbon content 
2.5−4%).  


The ITMK3 ironmaking process produces iron nuggets within the rotary hearth 
furnace directly from fine ore and coal using carbon composites of iron ore 
agglomerates. In this process, the metallic oxides are reduced in the reduction zone 
at temperatures of approximately 1,100°C and the reduced particles are melted in the 
melting zone at 1,350−1,400°C to form metal nuggets that separate from the gangue 
constituents before discharge from the rotary hearth furnace [TSU 02].  


3.5.2. Rotary kiln 


Rotary kilns are operated with continuous feed and discharge. The upper space 
accommodates a counter-current flow of hot gas.   
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The complexity of the phenomena occurring in this kind of kiln (see Figure 
3.5.2) makes their modeling extremely difficult [BAR 89, PAT 00]. The solid charge 
is introduced at one end and discharged at the other end. The kiln (L ≈ 50 m, Φ ≈ 
3−4 m) presents a low slope allowing the solid particles to flow under the effect of 
gravity, while still moving due to rotation of the kiln. Rotary kiln furnaces are 
horizontally inclined at roughly 3−4%. 


Figure 3.5.2a schematically shows the trajectory of a particle in the rotary kiln. 
The particle bed can be divided into two zones. At the surface of the bed, called the 
active zone, the particles roll due to the effect of gravity, following the greatest-
slope line. In the lower part of the bed, the particles undergo a circular movement 
imposed by the kiln wall rotation. The particle on the surface of the bed is 
reincorporated into the bed in a random manner. 


The temperature necessary to heat the particles and ignite the reaction is 
produced by fuel combustion through gas burners. According to Barr [BAR 89], 
heat transfer appears to be the rate-controlling process. Heat transfer to the bed 
material occurs via the paths and processes illustrated in Figure 3.5.2c. The gas 
transmits energy by radiation and convection to the exposed wall and bed surface, 
while radiative heat exchange simultaneously occurs on these two surfaces.  The 
rotation of the kiln causes a transient response within a thin layer at the inside wall 
surface. Heat reaching the surface of the bed moves into the bed via heat transfer 
along thermal gradients and conduction due particle motion within the bed. 


The rotation speed ranges from 0.9−1.3 rotations per minute. The residence time 
of the particles depends on the rotation speed of the kiln.  


 


Figure 3.5.2. Rotary kiln: a) trajectory of a particle; b) longitudinal section, free board gas 
and solids bed; and c) thermal fluxes in a cross-section [PAT 00] 
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When this kiln is used for carbothermal reactions, each pellet being a reactor 
itself, the flow of the particles can be considered as a plug flow with a relatively 
long residence time that depends on the feed-rate, degree of reactor filling and 
rotation speed.  


In the iron ore pelletizing process for DRI, fine ore concentrate is mixed with a 
binder (bentonite) and formed into green balls in balling drums. These green balls 
are then fed into traveling grate kiln furnaces where they are dried and heated. They 
then pass into a rotary kiln for final heating to a point just below fusion (1,300°C). 
The largest furnaces are capable of producing 3.3 million tons of pellets per year.  


For iron ore coal-based direct reduction, the SL/RN (Stelco-Lurgi/Republic 
steel-National Lead) process uses rotary kilns [FOR 88]. The reduction temperature 
is about 1,100°C. The DRI produced by this process has a low carbon content 
(<0.5%), see [VIG 11b], Chapter 4, section 4.3.4.3).  


The Waëlz process recovers metals (e.g. Zn, Pb and Cd) from steelmaking dusts 
uses the rotary kiln [MAG 00]. Two transformations occur (see Figure 3.5.3): 


– in the charge made of mixed pellets (oxides from steel factory dusts + coke + 
flux (SiO2)) there is carbothermal reduction of oxides (Fe2O3 ZnO, PbO, CdO) at 
 T ≈ 1,100°C with volatilization of zinc, lead and cadmium; 


– in the atmosphere above the charge there is oxidation of CO into CO2 by the 
air injected counter-currently and  reoxidation of the volatile metals, the very fine 
oxide particles being carried by the gaseous flow and recovered in a dust chamber.  


The residence time of the charge is in the order of four to six hours for a furnace 
that is 20% full.  


 


Figure 3.5.3. EAF zinc dust recycle in a rotary kiln. Chemical reactions in the  
burden and the atmosphere  







Reactors and Particle Conversion Operations     77 


3.5.3. Multiple hearth furnace  


This type of furnace is also used for the treatment of steelmaking dusts, see 
Figure 3.3.3 [HEA 03]. 
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Chapter 4 


Blast Furnaces  


4.1. Overview of blast furnaces  


Four products − “hot metal” (pig iron), ferromanganese, zinc and lead bullion − 
are produced by reduction of oxide agglomerates (sinters), see Chapter 3, section 
3.3.2.1, in blast furnaces whose design and operation are similar.  


Blast furnaces are tall shaft-type vessels internally lined up with refractory bricks 
and superimposed on a crucible-like hearth. At the top of the shaft, with a circular 
(Fe-C, Fe-Mn-C) oval (Zn-Pb) or even rectangular (Pb) section, the solid products 
are charged and distributed in alternate layers.  


Hot blast air is injected at the bottom of the shaft through a series of tuyeres. 
This blast is used for the combustion-gasification of a fraction of coke, in the form 
of CO or a CO + CO2 mixture, which flows upwards through the particle bed. The 
combustion of coke yields a reducing gas but also supplies thermal energy.  


A blast furnace is made of a series of reactors (see Figure 4.2.3):  


– in the upper part, the stack is a counter-current gas-solid reactor with a partially 
consumable moving bed and countercurrent flows of gas and solids, where the 
reduction of iron oxides and high manganese oxides occurs with CO; 


– in an intermediate zone, the bosh: 


- the “cohesive” (softening and melting) zone  is a gas-liquid reactor filled with 
a packing of coke particles with crossed flows of gas and liquid. The metal liquid 
drips over the coke particles, 
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- the “active zone” (dripping zone), where carbothermic smelting reduction of 
oxides dissolved in the slag occurs. The liquid drips over the coke particles, 


- the “raceways” zone in front of the tuyeres where combustion of coke occur;  


– in the lower part, the hearth, a liquid-liquid reactor where refining of the liquid 
metal and separation of the liquid slag and metal occur. 


The tuyeres are located at the top of the hearth through which the hot-blast air is 
blown (one tuyere per meter of circumference in the iron blast furnace). Additional 
fuels (currently carbon) are injected through the tuyeres. At the nozzle of each 
tuyere, combustion of coke and the injected combustibles occurs. A raceway is thus 
created in front of each tuyere and maintained by the hot-blast air. The CO2 thus 
produced is entirely or partially converted into CO on contact with the coke 
surrounding the raceway (see [VIG 11a], Chapter 2, section 2.6 and Chapter 5 
sections 5.4.3.3 and 5.4.3.4). In iron, ferromanganese and zinc-lead blast furnaces, 
the gas thus produced is CO + N2. In the lead blast furnace (LBF), the conversion of 
CO2 into CO by the Boudouard reaction is partial (see Figure 4.5.2). 


Note.− In this chapter, the expressions “indirect and direct reductions” have different 
meanings to those used in [VIG 11b], Chapter 4, section 4.3.2. Here, “indirect 
reduction” means reduction of the oxide by CO without regeneration of CO (overall 
reaction [4.2.4]). “Direct reduction” means reduction by CO with regeneration of 
CO, the overall reaction being the stoichiometric reaction [4.2.6]. 


– In the lead blast furnace (LBF), the lead sinter is reduced in the upper stack 
region.  


– In the imperial smelting furnace (ISF), both lead and zinc oxides are reduced 
by “indirect reduction”; the reduction by CO of zinc oxide being possible due to the 
gaseous release of zinc (see [VIG 11b], Chapter 4, section 4.2.2.3.2).   


– In the iron blast furnace, the higher oxides and a fraction of FeO in the solid 
state are reduced by indirect reduction without any regeneration of the reducing gas. 
A second fraction of FeO is by “direct reduction” and carbothermic smelting 
reduction (see Figure 4.2.4). 


– In the ferromanganese blast furnace, in the stack the higher manganese oxides 
are reduced to MnO and the iron oxides are reduced up to iron by “indirect 
reduction”. The MnO dissolved in the slag is reduced by carbothermic smelting 
reduction (see [VIG 11b], Chapter 4, section 4.4.6 and Chapter 5, section 5.2.1 in 
this book). The reduction is not complete. A significant fraction of the manganese 
goes into the slag, which can be recovered in the production of silicomanganese (see 
[VIG 11b], Chapter 4, section 4.5.3.4). 
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The thermal requirements of these reductions are provided by the combustion of 
coke by pre-heated air that is possibly enriched in oxygen. The reductions of lead 
and iron oxides by CO are slightly exothermic, so the thermal needs are low. The 
reduction of ZnO by CO is strongly endothermic. The reduction of MnO by carbon 
is strongly endothermic. The thermal needs for these reductions are therefore 
significant. As a result, the consumption of coke: molar ratio C/metal produced will 
be very different for these different conversions. This ratio is, however, a significant 
factor in the production cost (due to the price of coke). This has led to a significant 
evolution of this process. Blast furnaces for the production of zinc and of lead are 
increasingly being replaced by smelting reduction processes. The production of 
ferromanganese, like the production of ferrosilicon, is more frequently being 
performed in submerged electric arc furnaces. However, it is interesting to study the 
basic principles of the operating conditions and the modelings of these reactors. 
Obviously, the study will mainly focus on the iron blast furnace due to its 
importance. Currently, more than half the steel-based products are manufactured by 
the blast-furnace.  


4.2. Iron blast furnace  


The production unit of “hot metal” (pig iron) is made up of the iron blast furnace 
and auxiliary equipment whose aim is to condition the raw materials: the coke oven 
battery where coal is converted into coke (see [VIG 11a], Chapter 2, section 2.6.3). 
Coking consists of heating coal in the absence of air to drive off the volatile 
compounds (pyrolysis). The sintering plant (traveling grate furnace) for ore sintering 
and the hot-blast stoves are used to preheat the blast air. The gas that leaves the top 
of the furnace goes through a dust separation and cleaning unit (see Figures 4.2.1 
and 4.2.2). Combustion of the CO-rich blast furnace off-gases in the hot-blast stoves 
is used to produce the hot-blast air. 


 


Figure 4.2.1. Pig iron plant (Arcelor-Mittal IRSID-Usinor document)  
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Figure 4.2.2. The iron blast furnace and its auxiliary equipments  
(Arcelor-Mittal IRSID-Usinor document) 


A detailed description of the blast furnace and an exhaustive analysis of its 
operating conditions and monitoring are presented by Burteaux [BUR 92]. We can 
also find more information in the Himber and Michard’s presentation [HIM 66].  


Rist and coworkers [RIS 64, RIS 67a, RIS 67b] have made a detailed studies of 
the reduction reactions and developed a method to graphically represent heat and 
mass balances in the different zones of the blast furnace. This method has been used 
extensively in the development of models (the blast furnace numerical model of 
control of blast furnace operation). This chapter is based on the concept of the blast 
furnace numerical model.  


4.2.1. Description  


The blast furnace, which can reach a height of 90 m, consists of a shaft with a 
circular section made of cylindrical or truncated elements (see Figure 4.2.3a):  


– the stack (conical section);  


– the bosh (inverted conical section).  


– the tuyere and raceways zone; 


– the (crucible-like) hearth. 
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These stack and bosh zones are connected by a cylindrical zone. 


 


Figure 4.2.3. (a) and (b) Iron blast furnace − cutaway view with the two conical sections: 
burden distribution and shapes of the cohesive and active zones and  


main chemical zones [BUR 92] 


The “chemical zones” within which distinct reactions occur do not strictly 
correspond to the geometric zones. The solid materials go down faster close to the 
walls than in the blast furnace’s axis. The reason for this phenomenon is given later 
on. 


The solid materials (iron ore sinter, coke and flux (lime)), are charged as 
alternate layers at the top of the stack (the throat). They go down towards the bottom 
of the shaft; the gas flows counter-currently and upwards and is removed from the 
top of the furnace. The stack, whose height slightly varies with the size of the 
furnace, is a truncated cone that widens towards the bottom. This makes the flow of 
solid materials easier. 


In the stack (see Figure 4.2.3b), reduction with CO gas of the iron oxide particles 
in the solid state occurs in situ. The higher iron oxides are converted into FeO and 
then into iron.  


The bosh is the inverse conical section of the furnace. The narrowing of the bosh 
downwards regulates descent of the charge in the zone where some of the solids 
become liquid.  
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In the cohesive zone (softening and melting zone) the primary metal, the iron 
oxide which has not yet reduced and the gangue soften. The cohesive zone is the 
area limited by the softening isotherm (1,100−1,200°C) and by the melting isotherm 
(complete fusion of the slag and carburized iron at 1,400−1,450°C). The location 
and shape of the cohesive zone largely determines the gas flow through this zone 
and the blast furnace operation (see Figure 4.2.8). The location of the cohesive zone 
determines the extent of the upper dry zone as well as the lower active zone. 


In the active zone, also called the dripping zone, the coke remains the only 
material in the solid state. Liquid iron and oxides flow towards the hearth by 
dripping over the coke particles; whereas the gas passes through this bed in the 
opposite direction. In this zone, non-ferrous oxides (MnO, SiO2) are almost entirely 
reduced by carbothermic smelting reduction (see [VIG 11b], Chapter 4, section 4.4) 
and hot metal (pig iron) and slag are formed. 


The tuyeres are located at the top of the hearth. These are water-cooled openings 
through which the hot-blast air is delivered to the furnace  by the hot-blast stoves 
(see Figure 4.2.2). There is one tuyere per meter circumference. In the raceways, 
cavities in front of each tuyere are produced by the blast. As the hot air encounters 
the coke, the coke is burned along with the injected fuels (coal) resulting in 
combustion and gasification with CO. This produces the necessary heat and CO 
reducing gas. The raceways penetrate to a depth of 2 m into the furnace for a hearth 
diameter of 14 m, so the gas flow is concentrated at the furnace periphery. The 
management of the gas flow and gas distribution is very important. Due to the 
presence of these cavities close to the walls, the velocity of burden descent is greater 
along the walls than in the center, which explains the shape of the zones. 


The combustion of coke and auxiliary fuels and gasification produce a highly 
reducing gas (35% CO, several per cent H2), whose temperature is kept between 
2,000 and 2,200°C. This gas rises and successively meets liquid, then viscous 
products, hot metal and slag and, higher up in the blast furnace, it meets solid 
products such as coke and the ore. 


In the hearth, refining of iron occurs. During the passage of liquid iron droplets 
through the slag layer, there is a rapid transfer of silicon and sulfur from metal to 
slag. The melted iron descends and accumulates in the crucible. The molten hot 
metal and slag are drained from the crucible through different tapping holes. The 
crucible is full of coke, i.e. the stagnant coke zone (deadman zone), having a bell 
shape limited at its upper part by the raceways and the so-called “coke channel”. 
Coke is slowly renewed, as it is mainly consumed by the carburization of hot metal. 
The residence time of the coke in the hearth varies from one to four or more weeks.  


The raw materials charged at the top of the furnace (coke, ore, ore sinter and 
additions) move downwards due to gravity and the vacuum produced by their 
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melting and the coke’s combustion. On their way down, they are progressively 
heated by the ascending gases. The temperature of the gases is, in the entire blast 
furnace, higher than the temperature of the solid materials. These solids are first 
dried and then dehydrated and decarbonated. The iron oxides are then partially 
reduced by the reducing agents of the gas. The residence time of the ore may be as 
long as eight hours (for a large blast furnace), while the residence time of the gas is a 
few seconds. From the top of the stack down to the tuyeres, the solids and then the 
liquids and gas flow counter-currently. To make this circulation possible, the thrust 
applied by the gas on the liquids that drip down over the coke particles in the bosh 
(active zone) should not be too strong for the liquids and solids to descend normally. 


4.2.2. Charge and products  


The production of one ton of hot metal requires about 1,600 kg of ore whose iron 
content is 58%, 480 kg of fuel (of which 180 kg is coal) and about 1,000 Nm3 of air 
pre-heated to 1,200°C (thus 1.3 tons of air per ton of hot metal), see Table 4.2.1.  


The operation generates about 300 kg of slag and 1,600 Nm3 of gas at the top of 
the furnace with some reducing potential. Due to the complete reduction of the iron 
oxides, the yield in iron is excellent, of the order of 99.5%. 


The solid materials must meet numerous criteria: 


– Beyond its role as a chemical agent, coke particles constitute a packing that has 
to remain permeable in order to provide a homogenous flow of gas and liquids. The 
average size of the coke particles is close to 50 mm. In addition, the mechanical 
strength of coke has to be high enough to keep a good cohesion despite the thermal 
and chemical stresses it undergoes.  


– The injection of coal at the tuyeres is now commonly applied. The replacement 
of coke by coal is mainly explained by the cost difference between both 
combustibles. An injection rate close to 160−180 kg/ton of hot metal is usually 
carried out and can reach up to 220−250 kg/ton in some cases [HUR 96, LU 01, 
STE 96]. 


– The iron ore must be sintered, most of the ore particles being fine <2 mm. The 
composition of the sinters in the case of the iron blast furnace (see Table 4.2.1) is 
quite different from those of the direct reduction pellets in shaft furnaces (see 
Chapter 3, section 3.3.3). The reducibility of the sinter mainly depends on its 
chemical composition and its porosity is high (see [VIG 11b], Chapter 4, section 
4.2.3.1). The sinters have to be of a narrow size range (from 5−40 mm) with an 
average of 20 mm in order to ensure “easy” flow of gas through the particle bed and 
a reliable internal permeability to the gases to make their reduction possible.  
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INPUT Iron ore (as sinter)  1,600 kg 


Combustible: coke (90% C): 
- 130 kg burnt at tuyeres  
- 110 kg consumed by Boudouard reaction  
- 50 kg for carburizing the iron 
- 5 kg for reduction of non-ferrous oxides. 


295 kg 


 Coal (injected at tuyeres) 75−85% C  160 kg 


 Air  1,000 Nm3 


OUTPUT   Hot metal (pig iron) at 1,500°C 1,000 kg 


Slag at 500°C 300 kg 


Gas (100−180°C)  1,600 Nm3 


 


Blast furnace 
volume 5,000 m3 PRODUCTION 10,000 tons/day 


Continuous 
operating life 
expectancy  


12 years  Availability  99.5% 


 


COMPOSITIONS OF INPUT (CHARGE: SINTER AND COKE) AND OUTPUT 
(HOTMETAL, SLAG AND GAS)  


Sinter  Fe (58%), SiO2 (5%), CaO (9%), MgO (1.8%), Al2O3 (1%) 
Coke C (88%), H2 (0.3%), mineral material (10%) 
Coal 
(injection) 


C (80%), H2 (5%), O2 (6%), N2 (1%), S (1%), mineral material (5%) 


 Hot metal  Fe (94.6%), C (4.6%), Si (0.3%), Mn (0.2%), S (0.02%), P (0.08%) 
Slag CaO (42.5%), SiO2 (35.5%), MgO (7.5%), Al2O3 (10.5%), Fe (0.2%), 


S (1%) 
Gas CO (22%), CO2 (22%), H2 (4%), N2 (52%)  


Table 4.2.1. A modern blast furnace: typical quantities  
(Arcelor-Mittal-IRSID document) 


The hot-blast air brings the oxygen necessary for combustion to occur. The blast 
flow-rate determines the coke combustion rate and thus the furnace production per 
unit time. The pressure of the blast, which can reach 4−5 bars, is one of the ways to 
increase the mass flow-rate of the gas without upsetting the gas flow through the 
charge. A counter-pressure is often applied at the top of the stack by limiting the exit 
flow-rate by an exhaust valve. The pressure increase in the furnace leads to a 
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decrease in the velocity of the gas. Contact time between the gas and the solid is 
thus increased; leading to better completion of the reduction. The hot-blast air is 
increasingly oxidizing and its oxygen content can reach 25−26%.  


Heat supply  
(MJ/tHM) 


Coke combustion (130 kg/ton of HM) as CO 
Coal combustion (160 kg/ton HM) as CO  
Sensible heat of blast (temp. = 1,180°C)  
Reduction of iron oxides (overall balance)  
Total heat supply 


1,086 
1,232 
1,738 
177 
4,233 


 Heat requirements  
(MJ/tHM) 
 


Melting and enthalpy of liquids (1,480°C)  
Reduction of non-ferrous oxides  
Solution loss reaction (Boudouard reaction) 
Sensible heat of top gas (temp. = 170°C) 
Water shift and water cracking reactions  
Heat losses  
Total heat requirements  


2,005 
83 
1,297 
359 
196 
296 
4,233 


Table 4.2.2. Heat balance in MJ/ton of hot metal (HM) (Arcelor-Mittal IRSID document) 


4.2.3. The phenomena  


4.2.3.1. Chemical reactions  


4.2.3.1.1. Carbon combustion and Boudouard (solution loss) reaction  


The thermodynamic and kinetic data on the combustion of coke are presented in 
[VIG 11a], Chapter 2, sections 2.6.1 and 2.6.2, and Chapter 5, sections 5.4.3.3 and 
5.4.3.4 [SMO 85]. Modeling of the combustion zone of a particle bed by a gas 
injected at the tuyeres has been studied in detail [PRA 88]. 


In the raceways, the combustion of carbon, C + O2 → CO2, followed by the 
Boudouard reaction, CO2 + C(s) → 2 CO, provides the complete conversion of 
oxygen into a reducing gas, CO:  


C(s) + 1/2 O2→ CO  [4.2.1] 


Overall, the composition of the gas is 35% CO and 2−5 % H2, the additional 
element being nitrogen. 
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The temperature reached by the gas (the flame temperature, Tf), depends on the 
blast temperature, TB, and on its oxygen content (25−26%) according to the 
following equation:  


Tf(°C) = 1,455 + 0.8 TB + 3.7 (over-oxygenation in m3/1,000 m3)  


The flame temperature varies from 2,100°C when TB = 800°C to 2,500°C when 
TB = 1,200°C.  


An increase in the blast temperature is achieved by increasing its enthalpy. Thus 
the supply of heat leads to a decrease the consumption of coke, which is one of the 
aims when optimizing the cost-efficiency of hot metal production. 


The combustion-gasification rate of the coke determines the velocity of burden 
descent, and so the hot metal production rate, the blast furnace being high enough 
for the iron oxides to be entirely converted into iron. At these temperatures, the 
combustion rate is so high that it is set by the flow-rate of oxygen blown in at the 
tuyeres. The oxygen flow-rate is therefore one of the main operating parameters of 
the blast furnace operation controlling the production rate of hot metal.  


The Boudouard reaction (also called the solution loss reaction, see [VIG 11a], 
Chapter 2, section 2.6.2 and Chapter 5, section 5.4.3.4) plays a major role in the iron 
blast furnace (performance) operation. 


CO2+ C(s) → 2 CO [4.2.2] 


The coke layers between two ore layers (see Figure 4.2.3b), thanks to the 
Boudouard reaction, allows the regeneration of CO2 as CO, produced in each ore 
layer, as long as the temperature is higher than 1,000−1,050°C; thus in the lower 
section of the stack (zone IV), see Figure 4.2.4b. Below 1,000−1,050°C, in the upper 
zone of the stack (zone III) the Boudouard reaction becomes too slow, the 
regeneration of CO2 no longer occurs and no coke is consumed. The reducing 
capacity of the gas, pCO/pCO2, decrease as it rises in the stack. 


Coke is consumed by combustion and in the regeneration of CO2 produced by 
reduction of the iron oxides with CO, and by carbothermic smelting reduction in the 
active zone. The theoretical consumption of carbon is equal to 330 kg/ton of iron 
produced, according to the overall stoichiometric reaction: 


Fe2O3 + 3 C → 2 Fe + 3 CO   [4.2.3]         
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As the carbon content of hot metal is in the order of 4%, 40 kg carbon has to be 
added. The real consumption is 430−450 kg per ton of hot metal produced (i.e. 1 kg 
of coal = 0.85 kg of coke). 


4.2.3.1.2. Reduction reactions in the stack  


We can then divide the stack into zones: an indirect reduction zone (zones 
I+II+III) and a direct reduction zone (IV), see Figures 4.2.4b and c: 


− In the upper zone (zone I) of the stack, at temperatures <950°C, there is 
reduction of the higher oxides, Fe2O3 and Fe3O4, without any regeneration of the 
reducing gas:  


Fe2O3(s) + CO→ FeO(s) + CO2 [4.2.4]  


− A chemical reserve zone (zone II) at T ≈ 950−1,000°C, where FeO is in 
equilibrium with the gaseous phase: 


FeO(s) + CO = Fe + CO2   [4.2.5a]  


− In the lower part (zone III) of the stack, there is a reduction zone of FeO → Fe 
without any regeneration of the reducing gas, CO, between 
950°C < T <1,000−1,050°C. The reduction of the oxide is done by a CO/CO2 gas 
that’s reducing capacity decreases while the gas rises in the stack:  


FeO(s) + CO → Fe + CO2 [4.2.5b]  


The reduction of FeO proceeds as long as the affinity of the reduction reaction is 
positive (see [VIG 11b], Chapter 4, section 4.2.2.1 and equation [4.2.4]); thus as 
long as:  


pCO/pCO2 > (pCO/pCO2) * 


When pCO/pCO2 = (pCO/pCO2) * is around 950−1,000°C, FeO is in equilibrium 
with the gas. Therefore, there is no further reduction of FeO; thus the chemical 
reserve zone (II). 


− Lower down, at temperatures >1,000−1,050°C, there is a direct reduction zone 
(zone IV). Here FeO is reduced with CO, with regeneration of the reducing gas by 
the Boudouard reaction. The exact temperature at which the Boudouard reaction 
occurs around 1,000−1,050°C depends on the degree of coke reactivity, the overall 
reaction being:  


FeO(s) + C → Fe + CO [4.2.6] 
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Figure 4.2.4. Blast furnace: a) gas temperature variation along the stack; b) reduction zones 
(I, III and IV) reserve (thermal (II’) and chemical (II)) zones; and c) composition (iron 


reduction degree, O/Fe) [RIS 64] 


The location of these zones in the Chaudron diagram is presented in Figure 4.2.5. 


 


Figure 4.2.5. Chaudron diagram, reaction zones and gas composition variation from the 
upper to the lower parts of the stack of a blast furnace: I) reduction Fe203 →FeO; II) 


chemical reserve zone; III) reduction FeO→Fe (indirect reduction) without CO  
regeneration; and IV) reduction FeO→Fe (direct reduction) with CO regeneration 
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4.2.3.1.3 Kinetics data and height of the stack  


Data about the reduction kinetics of the oxides are presented in [VIG 11b], 
Chapter 4, section 4.2.3.1. As the stack can be considered as a gas-solid reactor, its 
height can be calculated as shown in Chapter 3, section 3.3.3.  


The stack is higher than necessary to achieve complete reduction of the oxides. 
This is because to ensure a stable operation, whatever the variations in production 
(per unit time) of hot metal and heat transfer (within a given range), the height of the 
stack is such that a buffer zone, the chemical reserve zone, is present (see section 
4.2.4.1 and equation [4.2.9]).  


4.2.3.1.4. Chemical reactions in the active zone and the hearth  


Reactions occurring in the active zone and the hearth control the quality of hot 
metal [BRU 88, SCH 86, TUR 78, TUR 80]. To comply with modern requirements 
in converting operations, very low silicon contents have to be obtained.  


With oxide reduction reactions:  


– in the cohesive zone, the slag forms by melting of the gangue oxides and lime 
introduced with the charge. It contains 10−15% FeO;  


– in the active zone, carbothermic smelting reduction of iron, manganese and 
silicon oxides dissolved in the slag dripping over coke particles occurs (see Chapter 
12, section 12.4.4). 


(FeO)slag + C(s) → Fe(l) + CO [4.2.7] 


– the liquid metal, iron, is then rich in sulfur and phosphorus. 


Carburizing of liquid iron occurs in the active zone and the hearth, where liquid 
iron drips over the coke particles and progressively dissolved carbon. Carburizing is 
very slow and progressive. 


Dephosphorizing occurs in the active zone as the phosphorus present in the 
primary metal is transferred to the slag, as long as the slag contains enough FeO.  


Silicon transfer reactions occur in the active zone (see Figure 4.2.6).  


Silicon transfer is mainly due to the presence of silica in the coke ashes. Along 
the raceways, due to the very high temperature, silica is reduced by carbon: 


SiO2(ash) + C(coke) → (SiO)(g) + CO [4.2.8] 
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Figure 4.2.6. Silicon transfer reactions from coke ash to hot metal [BRU 88] 


Hot metal siliconizing results from the reactions between the gaseous SiO 
species and the carbon dissolved in the hot metal, mainly in the dripping zone: 


SiO(g) + C(metal) → Si(metal) + CO(g) [4.2.9] 


Hot metal desiliconizing occurs in the hearth by a slag–metal reaction as the 
metal droplets pass through the slag layer:  


Si(Fe) + (FeO)(slag ) → (SiO2)(slag) + Fe  [4.2.10]  


Due to the limited amounts of FeO in the slag, desiliconizing is low in the hearth. 
The addition of FeO to the slag by oxide injection through the tuyeres increases the 
oxygen potential and decreases the activity of SiO2 in the slag. It thus makes the 
transfer of silicon (from the hot metal) to the slag easier. 


Desulfurization occurs in the hearth where reducing conditions are present. 
Additional desulfurization is usually performed at the exit of the blast furnace.  
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The composition of the slag then has to be adjusted to fulfill the two following 
conditions:  


– absorption of the non-reduced oxides from the ore gangue and the combustion 
coke ashes; 


– the slag has to be liquid at 1,400°C. However at this temperature the 
composition domain for which the slag is liquid presents a relatively small area and 
its viscosity is relatively high (see [VIG 11a], Chapter 3, section 3.4.3.3 and Figure 
3.4.6). 


The composition of a blast furnace slag is given in Table 4.2.1. 


4.2.3.2. Heat transfers 


Throughout the height of the blast furnace, heat is transferred from the gas to the 
charge. Reichardt’s diagram is a single graph representing the heat balances. It 
consists of two curves. One shows the variations of the enthalpy of the ascending 
gas with decreasing temperature, as represented by the ERA line. The other shows 
the variations of the enthalpy of the burden. In the higher level, the gas has a higher 
heat capacity than the burden. In the lower level, the burden has a higher heat 
capacity due to endothermic reactions, such as direct reduction. The increase in 
enthalpy of solids with increasing temperature during the descent in the stack is 
represented by the SR line (see Figure 4.2.7a). In the lower part of the furnace, the 
overall heat capacity of the burden is increased because of the onset of the strongly 
endothermic Boudouard reaction; hence the slope of the RC line is greater than that 
of SR. These two straight segments are join at a point known as the thermal pinch 
point, R. The temperature profiles (see Figure 4.2.7b) are such that over some 
distance the temperature difference between the ascending gas and descending 
burden reaches a minimum known as an isothermal reserve zone at R between two 
curve portions, which are concave and in opposite directions.  


Depending on the type of burden and the blast furnace operating conditions, the 
temperature of the thermal reserve zone varies from about 950−1,050°C, and the 
length of this zone can reach up to 10 m.  


In the upper part of the blast furnace stack (zone I', see Figure 4.2.4a), only the 
reduction reactions of the higher oxides Fe2O3/Fe3O4 into FeO whose sum is 
athermal occur between 25°C and 950−1,050°C. The enthalpy of the gas leaving the 
lower part of the stack is used to heat the descending charge. The BF higher part can 
then be considered as a simple gas/solid counter-current heat exchanger. The gas 
heat capacity has to be higher than that of the solids in order to heat them up to 
950−1,000°C. Segment SR represents the heating of the charge, from room 
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temperature to the temperature of the reserve zone. The corresponding heat 
requirements pertaining to this zone include the sensible heat of the charge. 


 


Figure 4.2.7. Blast furnace − simplified sketch of Reichert’s diagram: representation of the 
variations in enthalpy of the gas and solids as a function of their temperature variations 


along the three blast furnace zones (I', II', III', see Figure 4.2.4a) [RIS 67a, RIS 67b] 


In the lower part of the blast furnace (zone III') at the tuyeres level in the 
raceways, the combustion of coke and the injected coal produces a reducing gas 
whose temperature reaches 2,000−2,200°C. Some of the gas sensible heat is used to 
heat the solids, melt the iron and the gangue. A second fraction is consumed by the 
Boudouard reaction of CO2 into CO and by the carbothermic smelting reduction of 
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FeO (see reaction [4.2.6]) in the active zone. These reactions are highly 
endothermic. The lower part of the blast furnace can therefore be considered as a 
second gas/(liquid + solid) counter-current heat exchanger where the temperature of 
the gas varies from 2,000−1,100°C and the temperature of the solids and of liquids 
varies from 1,500−1,100°C. 


The blast furnace can then be divided into three zones: two heat exchangers and 
one thermal reserve zone (Tr 900−1,000°C). 


There is ample evidence, from direct measurements, of the existence of an 
isothermal zone in an extended fraction of the height of the stack. Where gas and 
solids are at the same temperature, in the 950−1,000°C range. The chemical reserve 
zone where gas and oxide are in equilibrium (see reaction [4.2.3]) is located in this 
isothermal zone. The existence of this zone ensures stable blast furnace operation. 


4.2.3.3. Aerodynamic and hydrodynamic phenomena 


From the point of view of flows, a blast furnace can be roughly divided into 
three zones (see Figure 4.2.8). 


Stack


Stack


gas


gas


 


Figure 4.2.8. Blast furnace: chemical and thermal zones; gas/liquid  
and solid flows [OHN 83] 


The stack in which the gas and solids flow vertically and counter-currently is the 
first zone. It can be considered that a counter-current plus flow for the gas and 
charge is established. In this zone, the gas flow-rate is limited, because the gas thrust 
on the moving bed of particles must not be too high to avoid fluidizing the bed or 
creating preferential paths. 
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The cohesive zone (softening-melting zone) with crossed flows of gas and liquid 
is the second zone. The location, shape and thickness of the cohesive zone have a 
strong effect on the blast furnace cross-sectional distribution of the gas in the upper 
zone, which in turn determines the uniform descent of the burden. The level of the 
cohesive zone determines the extent of the upper dry zone as well as the lower 
active zone. This cohesive zone is largely responsible for the behavior of the furnace 
and its operating life expectancy (see Figure 4.2.8). 


The active zone can be considered as a counter-current gas-liquid exchanger. The 
liquid phases, hot metal and slag flow by dripping over the coke particles. The 
solids, liquids and gases flow counter-currently.  


The greater the gas flow-rate, the higher the force (thrust) exerted by the gas on 
the liquid phase and the greater the liquid hold-up in the cohesive and active zones. 
Flooding occurs when the liquid phase hold-up in a packing (coke particles) 
increases suddenly at a certain gas flow-rate, thus preventing descent of the liquid.  


The gas flow-rate, the slag volume (depending on the ore composition), the size 
of the coke particles and thus the porosity of the coke bed in the cohesive and active 
zones are the basic parameters controlling the flows and flooding conditions of the 
blast furnace. 


The output capacity (performance) of a blast furnace will be limited by: 


– fluidization of the burden, formation of preferential paths in the stack; 


– flooding in the cohesive and active zones.  


4.2.3.3.1. Output performance: productivity of a blast furnace  


The hot-blast air-flow rate (in fact the oxygen flow-rate, Fov) determines the coke 
combustion rate and thus the velocity at which the particles descend. Thus it 
determines the production of hot metal per unit of time. 


The hydrodynamical behavior in the cohesive and active zones sets the output of 
the blast furnace.  


4.2.4. Modeling of blast furnace operation and process control  


The blast furnace is a reactor whose operation and control require a detailed 
knowledge of the phenomena occurring in operation. This requires their modeling 
and the use of these models for blast furnace control. The operation of a blast 
furnace aims to achieve the highest output (per unit time) of hot metal, with a very 
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narrow range of silicon, phosphorus and carbon contents while minimizing the 
consumption of coke. 


Such control aims to produce stable furnace operation by upholding:  


– a stable gas flow across the burden; 


– a stable location of the cohesive zone;  


– isothermal and chemical reserve zones of a reasonable extent. 


Two models have been developed: a thermodynamic model and a kinetic model. 


The thermodynamic model aims to:  


– predict the effect of variations of these input parameters on the blast furnace 
operation; 


– estimate and optimize the main input parameters: for the production of one unit 
mass of iron, it determines the masses of ore and of coke charged at the top of the 
furnace, the amount of oxygen to be injected and the blast temperature TB: 


- the coke input for a given hot metal output or the specific consumption of 
coke (the number of carbon atoms to be consumed per iron atom produced  is equal 
to the number of iron atom charged as Fe2O3) is represented by C/Fe; 


- the oxygen input for a given iron output or the specific consumption of 
oxygen (number of oxygen atoms injected per iron atom output to be produced) is 
represented by O/Fe; 


- the temperature of the blast, TB; 


– minimize the coke consumption. 


The model is based on mass and heat balances and on the existence of a chemical 
reserve zone where chemical equilibrium between FeO/Fe/CO/CO2 of the reduction 
reaction is achieved. 


The kinetic model aims to predict the internal state of the blast furnace: 


– the temperature profiles of the gaseous phase and the solid, then liquid of  
phases along the entire height of the blast furnace; 


– the burden distribution along the blast furnace height as a function of material 
distribution at the top (ore and coke layer profiles in a cross-section), see Figure 
4.2.8; 


– the location, shape and extent of the cohesive zone, their variations as a 
function of furnace operating parameters changes and burden charging sequences. 
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The kinetic model is based on the entire set of local and 2D mass and heat 
transfer equations along the blast furnace. 


4.2.4.1. Rist’s diagram and the blast furnace operating line 


 Rist and coworkers have carried out detailed studies of the reduction reactions 
and developed a method of graphical representation of heat and mass balances in the 
different zones of the blast furnace. The Rist diagram has been used extensively in 
the development of models of blast furnace operation control. In this chapter, a 
simplified description of this concept is presented. A detailed description, taking 
into account for example the hydrogen contribution from the water vapor and oxide 
reduction or the presence of other oxide, like MnO, is presented by Rist [RIS 64, 
RIS 67a, RIS 67b]. 


 For the mass and heat balances, the blast furnace is divided into two zones: A 
and B (see Figures 4.2.9 and 4.2.4). Zone A is the indirect reduction zone where 
reduction of the oxides by CO occurs without CO regeneration. In Zone B or the 
direct reduction + carbothermic smelting reduction is where the overall reaction is 
the reduction of the FeO occurs with production of CO. Zone B includes the 
combustion-gasification of coke and injected coal (see reaction [4.2.1]). 


The inputs and outputs in each zone A(I+II+III) and B(IV+V), see Figure 4.2.4b, 
of the blast furnace are shown in Figure 4.2.9.  


The flow-rate of iron (FFe) (in atoms) is constant throughout the blast furnace and 
the input feed-rates (in moles or atoms) of carbon (FC) and oxygen (in the blast) 
(FOB). These are referred to the iron feed-rate. The specific coke and oxygen 
consumption are defined by:  


µ = FC/FFe = FCO/FFe 


yOB = FOB/FFe = xOB . µ  [4.2.11a] 


where xOB = FOB/FC is fraction of coke burnt by the blast oxygen (C→CO). 


At level 1 (the tuyeres, see Figure 4.2.9):  


FB (the blast flow-rate) =: FN2 + FO2 = FN2 + 2 FOB  [4.2.11b] 


FO2 = β FB; FN2 = (1 – β) FB 


FOB, the oxygen (in the blast) flow-rate (in atoms) = 2 β FB  
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In zone B, there is consumption of carbon by combustion-gasification and direct 
reduction of FeO (and MnO). 


At level 2: 


 Fg  (the gas flow-rate) = FCO + FN2 


FCO = F(CO+CO2) [4.2.11c] 


FCO = FC 


In zone A, the gas flow-rate (in moles) is constant. There is no consumption of 
coke. 


At level 3 at the blast furnace top the coke input flow rate is FC. 


 


Figure 4.2.9. Blast furnaces: indirect reduction zone (A) and direct reduction zone + 
carbothermic smelting reduction (B). Mass balances: inputs and outputs for  


each zone. Fs are the moles’ (atoms’) flow rates 


Figure 4.2.10 shows the Rist’ operating line; a graphical representation of the 
balances (in atoms) in the different zones of the blast furnace.  


On the ordinate axis, the segments labeled y  represent the oxygen sources, the 
blast oxygen yOB, and the oxides (yi(indirect) and yd (direct)), as O/Fe in atoms per atom of 
iron. 







100     Extractive Metallurgy 3 


On the abscissa axis, the segments labeled xB and xd are the specific consumption 
of carbon by combustion-gasification and direct reduction (by solution loss reaction) 
with production of CO where xB +xd = 1. The segments x'i and x''i correspond to the 
conversion of CO into CO2 by indirect reduction reactions.  


 


Figure 4.2.10. Iron blast furnace Rist’s diagram showing the operating line  
[RIS 64, RIS 67a, RIS 67b] 
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The relations between the input and output quantities for the different blast 
furnace zones (see Figure 4.2.10) are: 


– In the tuyere zone (V): burnt in the raceways by the blast oxygen, the identity 
(see equation [4.2.11a]): 


yOB = µ xOB   


which is represented by segment EC; 


– In the direct reduction zone (IV): 


yd = µ xd  [4.2.12] 


is represented by segment CB, where xd is the fraction of carbon consumed by the 
Boudouard reaction and yd is the fraction of FeO reduced by reactions [4.2.6] and 
[4.2.7]. As all the carbon is consumed by combustion and the Boudouard reaction:  


xOB + xd = 1 and yOB + yd = µ  [4.2.13] 


– In the reduction zone of FeO by CO (zone III) without regeneration of CO, 
where y'i is the fraction of FeO reduced and x'i is the fraction of moles of CO 
converted into CO2 by reaction [4.2.5], as FCO = FC (see equation [4.2.11c]), we 
have: 


y'i = µ x'i [4.2.14] 


which is represented by segment BW; 


– In the reduction zone (I) of reduction of Fe2O3 and Fe3O4 by CO (see reaction 
[4.2.4]):  


y''i = µ x''i [4.2.15] 


represented by segment WA. 


– In the indirect reduction zone (I+II+III): 


yi = µ xi [4.2.16] 


represented by segment BA sum of reactions [4.2.14] and [4.2.15] and, where xi is 
the exit gas composition, a quantity that is measured continuously and is one of the 
control parameters. 
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As each atom of iron releases 1.5 atoms of oxygen:  


yi + yd = 1.5 with yi = y'i + y''i [4.2.17] 


Relationships [4.2.11], [4.2.12], [4.2.13] and [4.2.16] show that points ECBA are 
located on the same straight line, called the operating line (see Chapter 3, Figure 
3.3.5) whose equation can be written as:  


Y = µX – yOB  [4.2.18] 


– To achieve a stable blast furnace operation, zones I and III must be separated 
by a chemical reserve zone (II) where FeO is in equilibrium (see reaction [4.2.5a]) 
with the gas phase (see Figure 4.2.5). According to the equilibrium curve (Fe-FeO-
CO-CO2), the gas composition (point W) is %CO/(%CO2+%CO) = 0.715 at 1,000°C 
and x'i is in the order of:  


x'i = 0.260 at 1,100°C  and 0.285 at 1,000°C 


Figure 4.2.11 shows the relation between the operating line, the location of point 
W and the Chaudron diagram when there is a chemical reserve zone. 


The FeO composition corresponding to yd + y'i = 1, relation [4.2.14] can be 
rewritten as:  


yd = (1 – α) µ + 1  [4.2.19] 


and taking into account equation [4.2.13]:  


α µ = 1 + yOB [4.2.20] 


with α ≈ 1.26 to 1.285. 


The stable operation of a blast furnace requires the existence of the chemical 
reserve zone. For this, the two input parameters: coke feed-rate, µ, and oxygen feed-
rate, yOB, with respect to the iron feed-rate must satisfy relation [4.2.20]. 


To have a chemical reserve zone, the operating line must go through point W. If 
yOB (the amount of oxygen blasted per atom of iron produced) decreases, the coke 
input, µ,  must decrease and vice versa, as shown in Figure 4.2.11a. We will see 
later how to compensate for these variations to keep the same productivity.  
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Figure 4.2.11. a) and b) Operating line and blast furnace operating conditions  
[RIS 64, RIS 67a, RIS 67b] 


The reduction of one mole of FeO by CO requires at least about four moles of 
CO (see [VIG 11b], Chapter 4, section 4.2.2.3.1). The number of moles of CO 
required to reduce the oxides by indirect reduction (with CO), if the operating line 
were passing by point W and point F, with coordinates 0, 1 would then be: 


µ = 1/x'i = 1/(0.260 to 0.285) = 3.5 to 4  [4.2.21a] 


whereas by direct and indirect reaction in the blast furnace: 


µ = 1.7 to 1.9 [4.2.21b] 


Most modern blast furnaces operate with some hydrogen and water vapor in the 
gas. This requires modification of the Rist diagram without affecting its principle 
(see [RIS 64] and [RIS 67a, RIS 67b].  


4.2.4.2. Heat balances  


The heat balance for a fixed blast air temperature determines the specific carbon 
consumption required to satisfy the thermal needs of the operation. 
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From a thermal point of view, the blast furnace can be divided into three zones: 
two zones where heat exchanges occur between the ascending gaseous phase and the 
descending solid phases; and a thermal reserve zone (see Figures 4.2.4a and 4.2.7). 
In both heat exchange zones, the temperature of the gases, Tg, is higher than the 
temperature of the solids. In the thermal reserve zone, the temperature of the phases 
is equal to TR≈ 1,000°C (see Figure 4.2.7). 


4.2.4.2.1. Thermal balance of upper zone (A) (stack zone) 


Zone (A), which contains zones I, II and III is the indirect reduction area in the 
upper part of the stack. It includes the thermal reserve zone. This zone is a simple 
counter-current heat exchanger; the indirect reduction of the iron oxides being 
athermal. The ascending hot gas heats the descending burden and the sensible heat 
of gas must be greater than that of the solids: 


Cpgas. Fg Tg > (Cp(oxides) FFe + Cp(coke) Fc) Tsolids  [4.2.22a] 


In the thermal reserve zone where the temperatures of the gas and solids are 
equal:  


 (Fg /FFe) Cpgas =  (Cp(oxides) + Cp(coke) µ)  [4.2.22b]  


The heat balance of this zone sets a condition on the minimum amount of coke µ 
necessary to maintain a thermal reserve zone. This is necessary for the stability of 
the operating conditions of the blast furnace. 


4.2.4.2.2. Thermal balance of lower zone (B)  


This zone (including zones IV and V) includes the Bosh, tuyere and hearth areas 
with FeO direct reduction and carbothermic smelting reduction and coke 
combustion.  


Let us successively write the thermal supplies and needs for one iron atom 
produced: 


– thermal supplies: 


- input in the zone: 


a) combustion of coke and coal in the raceways, C → CO: 


 yOB qc ≈ (2,300 MJ), 


b) blast sensible heat (TB= 1,180°C) (see equation [4.2.11b]): 


 (FOB/FFe) CpB TB = (yOB/2 β) CpBTB (≈1,738 MJ), 
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c) sensible heat of solids entering at level 2 (TR = 1,000°C):  


   (Cpcoke µ + CpFeO).TR, 


- output from the zone: 


d) sensible heat of gas going out of the zone (TR = 1,000°C):  


   Cp(gas).{µ + yOB. (1 – β) / 2 β}.TR, 


e) sensible heat of hot metal and slag:  


  (Cp(Fe) + Cp(lslag))THM; 


– thermal needs:  


a) “direct reduction” of FeO – endothermic reaction (FeO + C) 
(endothermicity due to the Boudouard reaction):  


yd qd ≈ 1,300 MJ (300 thermies); where qd = heat of the overall reaction,  


b) heating and melting of hot metal (THM = 1,480°C) qHM ≈ 2,005 MJ, 


c) thermal losses qTL (they are low, being about 7%) ≈ 300 MJ. 


 Thus the heat balance of the lower zone (B) is:  


( ) ( )


( )


pB B
OB c p,coke p,FeO R p,gas OB R


p,Fe p,slag HM d tl


C T 1
y q C C T C y T


2 2


C C T y q q qd HM


⎧ ⎫⎛ ⎞ ⎪ ⎪−β⎟ ⎪ ⎪⎜ ⎟+ + µ+ − µ+⎜ ⎨ ⎬⎟⎜ ⎟ ⎪ ⎪⎜ β β⎝ ⎠ ⎪ ⎪⎩ ⎭
− + = + +


 [4.2.23a] 


The heat balance can be rewritten in the simplified form:  


y0B.qOB = yd qd+ Q. [4.2.23b] 


Taking into account equations [4.2.18] and [4.2.19], the heat balance determines 
the amount of coke, µ, for a set temperature of the blast, Tv: 


α µ − 1  =   y0B = yd qd/qOB+ Q/qOB   [4.2.24] 


On the Rist’s diagram (see Figure 4.3.12), segments OE, yOB can be interpreted 
as a measure of the heat input in units of combustion. Segment VB is a measure of 
the total heat requirements in units of qd. 
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This linear relationship between the two variables yOB and yd implies that the 
operating line goes through a fixed point P (shown in Figure 4.2.12). P is the point 
dividing segment OV in the ratio qd/qOB. The operating line hinges around P under 
the effect of factors affecting the Boudouard reaction without changing the other 
thermal requirements. The abscissa of point P is a function of blast air temperature, 
TB. Point P can be shifted to the left by increasing the blast air temperature.  


 


Figure 4.2.12. Operating line of the blast furnace and consideration of the  
heat supplies and losses [RIS 67a, RIS 67b] 


In a blast furnace whose operation in the upper part of the stack (zone A) is ideal, 
the operating line goes through point W (chemical equilibrium state in the chemical 
reserve zone). The specific carbon consumption, µ (per atom of Fe), is set by 
thermal requirements. The higher the direct reduction fraction yd, the lower the 
specific coke consumption. 


4.2.4.3. Charge calculations  


The input parameters (burden and blast air) and the effects of their variations 
required for a set production of iron can be calculated from both the mass and heat 
balances together with the condition of thermodynamic equilibrium in the chemical 
reserve zone. 
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For a given production of hot metal per atom of iron produced, we want to 
calculate the input parameters µ, yOB, and TB. To do so, we first fix the specific 
consumption of carbon µ (to be minimized), which gives the operating line slope. 
We then set it up so the operating line goes through point W: 


− this sets yOB, the specific oxygen consumption calculated by equation [4.2.20]; 


− yd is calculated by equation [4.2.13]; 


− yi is calculated by equation [4.2.17]; 


− the composition of the gas at the furnace top xi is given by equation [4.2.16]; 


− the blast temperature, TB, is given by equation [4.2.23]. 


4.2.4.4. Process control  


A brief survey of the effect of variations of the input parameters on blast furnace 
operation is now presented. 


If the amount of oxygen blasted yOB (equation [4.2.11a]) is decreased, to keep a 
chemical reserve zone the operating line must rotate around point W, the coke input 
µ must decrease and vice versa (see equation [4.2.20] and Figure 4.2.11a). There 
will be a decrease in the amount of coke burnt at the tuyere (C→ C'), therefore a 
decrease in the thermal supply yvqc and an increase in iron direct reduction fraction 
(B→B'). There will therefore be an increase in thermal need ydqd. 


To meet this thermal need, we have to:  


– increase the blast temperature, TB. For a constant blast flow-rate, however, an 
increase of the blast temperature will change the thermal profile and reduce the 
height of the thermal reserve zone; or 


– increase the injection of fuel oil or pulverized coal whose combustion will 
supply the amount of heat required for the direct reduction, ydqd. 


The substitution of coke by coal injected at the tuyeres is one of the basic 
modifications of blast furnace operation for economic reasons. However, the 
increase in injection rate of coal leads to significant modifications of distribution of 
the gases. This is why controlling the repartition of the gases is considered one of 
the keys to make an important injection of coal possible. 


Conversely, an increase in the amount of coke in the burden, therefore of µ 
without increasing the blast flow-rate, yOB, will increase the slope of the operating 
line and lead to a decrease in or even loss of the chemical reserve zone (see the 
rotation of the operating line in Figure 4.2.11b). The coke is consumed by direct 
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reduction of the iron, but the gas that leaves the furnace (point A) is richer in CO, 
which represents a loss.  


An increase in hot metal production by an increase in blast flow-rate, yOB, with 
the same amount of coke in the burden, same µ, will remove the chemical reserve 
zone.  


Continuous measurement of the gas composition at the top of the furnace (point 
A) gives xi, from which yi by equation [4.2.16] and yd by equation [4.2.17] − the 
fractions of oxide reduced by direct and indirect reduction − can be deduced. These 
values allow us to check that thermodynamic equilibrium is achieved in the reserve 
zone.  


4.2.4.5. Dynamic models  


Figures 4.2.3 and 4.2.8 show the internal state of the blast furnace, the location, 
shape and thickness of the cohesive zone, whose control is of the upmost importance 
for stable operation, in view of its effect on gas streamlines. The shape of this 
cohesive zone results from the fact that the solid particles descend more rapidly 
along the walls of the stack than in the axis of the blast furnace, with a higher degree 
of reduction.  


The charging process (repartition of charges at the top of the blast furnace) is the 
most important way of influencing repartition of gases. The aim of the charging 
process is to get a compromise between gas flows at the walls and at the center of 
the stack. Control of flow at the walls allows the thermal losses to be limited, while 
avoiding the formation of inactive zones. Adjustment of gas flow at the center of the 
stack at a relatively low level allows the favorable reduction conditions to be 
maintained. 


The modeling is based on the set of local and 2D flow equations of the solid and 
gaseous phases on the material and heat transfers between these phases at each point 
of the blast furnace [LAS 96, OHN 83, SAT 98, SUG 86, THI 87]. It provides:  


– the gas streamlines, temperature profiles of the gaseous phase and the solid, 
then liquid, phases over the entire height of the blast furnace; 


– the location, shape and area of the melting-softening zone that controls the 
flow of the gases and the descent of the charges.  


These models are 3D, with revolution around the axis of the blast furnace 
(mathematically bidimensional models including radial and height directions). The 
gas-flow model is based on Ergun’s equation (see Chapter 3, section 3.2.2.1) and 
continuity equations. The solid flow model is based on the potential flow and a 
schematic model of burden descent particles along the inclined straight lines. The 
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model is based on the system of differential equations for heat transfer between 
gases and solids and on the rates of the reduction reactions.  


Expert systems for blast furnace process control have been developed and 
applied [CAR 93, DOL 96]. 


4.3. Ferromanganese blast furnace  


4.3.1. Description  


The production capacities of ferromanganese blast furnaces range from  
80−300 ktons/year, much lower than those of iron blast furnaces. The carburized 
ferromanganese produced has the following average composition:  


Mn (76−80%), Fe (14%), C (6−7%), Si (0.3−1%) 


Manganese ore is made of a complex Fe2O3 (27−13%) Mn2O3 (50−75%) and 
SiO2. The charge is made of: coke; a sinter, which is a mixture of manganese ores 
whose Mn, Fe and Si oxide contents vary a lot; and a flux (a mixture of CaO and 
MgO). The specific consumption of coke required for the production of one ton of 
ferromanganese is two to three times higher than the one required for the production 
of one ton of hot metal.  The efficiency of manganese recovery is about 90%. 


INPUTS  
Coke 1,237 to 1,500 kg  


(C = 1,056 to 1,275 kg) 
Ore 1,850 kg 


 Fluxes  212 kg 


Blast 4,330 kg (3,364 m3)  
(TB = 1,125°C) 


OUTPUTS  Hot metal  
Mn (78%), Fe (14.3%), 


Si (0.5%), C (7%) 
1,000 kg 


Slag 477 kg (400 to 700 kg)  
(47 kg Mn) 


Dusts  100 kg 


Gas At Tg = 450°C: 6,032 kg (4,754 m3)  
with a ratio of CO/(CO+CO2) = 0.75 


Table 4.3.1. Mass balance for the production of one ton of ferromanganese [TRU 89] 


The main difference between iron and ferromanganese blast furnaces is that in 
the iron blast furnace an important fraction of the reduction of FeO into Fe occurs 
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with CO; whereas in the ferromanganese blast furnace, the reduction of MnO only 
occurs by carbothermic smelting reduction at a higher temperature of T > 1,350°C 
(see [VIG 11b], Chapter 4, sections 4.3.3.4 and 4.4.6) [MOR 87]. Only a small 
fraction of CO produced by combustion and direct reduction is used for indirect 
reduction (the exiting gas being rich in CO with CO/CO2 ranging from five to seven. 
Thus there is a high consumption of coke, see equation [4.2.21]).  


A second difference lies in the efficiency. The efficiency of an iron blast furnace 
is 1.8−2.2 tons/m3/day; the efficiency of a ferromanganese blast furnace ranges from 
0.6−0.7 tons/m3/day due to the high specific consumption of coke.  The ratio of the 
volume of coke in the furnace to the volume of the ore is 2.5 for a blast temperature 
of 1,100°C, whereas in the iron blast furnace this ratio is equal to 1.5. 


A very comprehensive analysis of the operation of the blast furnace has been 
performed by Truffaut [TRU 89]. 


4.3.2. Zones and reactions  


The ferromanganese blast furnace (see Figure 4.3.1) can be divided into three 
zones: the stack, the bosh and the hearth. 


The stack is an indirect reduction zone (by CO) where the higher Mn oxides are 
reduced into MnO and the iron oxides are reduced to Fe. The consumption of coke 
by the Boudouard reaction is very low, being about 20 kg per ton of ferroalloy 
produced. 


The bosh is a carbothermic smelting reduction zone where the temperature 
reached by the solids at input is 1,200°C. This allows melting of the oxides to give a 
primary slag within which MnO is progressively dissolved by combining with silica. 
The carbothermic smelting reduction of the MnO dissolved in the slag, which drips 
over the coke particles, occurs between 1,350 and 2,400°C in an atmosphere of CO 
+ N2 under a pressure of 0.35 atm, according to the following reaction: 


(MnO)(slag) + C(s) → Mn(Fe) + CO(g) 


The MnO content in the slag varies from 5−15%. The higher the slag basicity; 
the lower the MnO content of the slag (see [VIG 11b], Chapter 4, sections 4.4.6 and 
4.4.7 and Figure 4.3.2 of this chapter)1.  


                                   
1 In the electric furnace, the reduction of manganese oxide is limited and slags with MnO 
content of 35−40% are obtained. This slag is then treated by silicothermic reduction to obtain 
ferromanganese compounds with a low carbon content. The consumption of coke in a blast 
furnace is four times higher, however, than the consumption of an electric furnace.  
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Figure 4.3.1. Ferromanganese blast furnace: A “indirect reduction zone; and B − 
carbothermic smelting reduction zone [TRU 89] 


 


Figure 4.3.2. Ferromanganese blast furnace. Manganese content in the slag  
as a function of slag basicity [TUR 56] 
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At the same time in the bosh, partial reduction of silica from the coke ashes 
occurs, as in the iron blast furnace. In the raceways, in front of the tuyeres, silica is 
reduced from the coke ashes (see reaction [4.2.8]).  


In the hearth the following metal-slag reaction occurs:   


Si(Fe) + 2 (MnO)(slag) → (SiO2)(slag) + Mn    


The silicon content of the ferroalloy varies with the MnO content of the slag (see 
Figure 4.3.3). 


 


Figure 4.3.3. Ferromanganese blast furnace. Silicon content of the ferroalloy as a function of 
manganese content of the slag [TUR 56] 


4.3.3. Mass balances and operating line  


Reduction of MnO occurs only by carbothermic smelting reduction. In a Rist 
diagram, the operating line goes through point B of coordinates (1.1) and its 
equation is:  


µ = 1 + yOB  


with yd = 1 and xd = 1/µ, where: 


– µ is the specific consumption of coke: µ = FC/F(Fe+Mn) = 5 to 6;  


– yOB is the specific consumption of oxygen: yOB= O/(Fe+Mn) = 4 to 5;  


– xOB is the fraction of coke burnt by blast oxygen: 769/1,056: 73%;  


– xd is the fraction of coke consumed by the carbothermic reduction of MnO and 
SiO2 = 19% (one mole of C per mole of Mn = 12 × 1,000/55 = 218 kg C/tMn); 


– xc is the fraction of coke for carburization of the metal (7% C), thus 70 kg/tMn.  
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Figure 4.3.4. Ferromanganese blast furnace operating line [TRU 89] 


As for the iron blast furnace, to decrease the consumption of coke, the blast 
flow-rate must be decreased. To keep the same heat supply, however, the sensible 
heat of the blast must be increased by increasing its temperature.  


4.3.4. Heat balances 


The carbothermic reduction of manganese and silicon oxides constitutes a 
significant fraction of the thermal needs due to the strong endothermicity of the 
reactions, compared to those of the reduction of FeO. The items of the thermal 
balance of each zone are identical to those of the iron blast furnace. The expressions 
of the thermal balance of each zone are identical to those of the iron blast furnace.  


4.3.4.1. Heat balance of the stack: the indirect reduction zone  


The exothermic indirect reduction reactions of the higher manganese and iron 
oxides supply 16,57 MJ per ton of ferroalloy production. The gas sensible heat input 
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at 1,200°C is 7,853 MJ and the gas sensible heat output at 450°C is 3,093 MJ. The 
sensible heat of the burdens are 1,691 MJ (ore and fluxes) and 1,862 MJ (coke). 


Drying, dehydration and decarbonation processes consume 875 MJ. 


4.3.4.2. Heat balance for slag formation  


The gas sensible heat input at 1,350°C is 9,643 MJ and the output at 120°C is 
7,823 MJ. The melting of residual oxides and fluxes consumes 400 MJ and the 
sensible heat of coke increases from 1,862 MJ to 2,486 MJ. 


4.3.4.3. Heat balance of the bosh: the carbothermic smelting reduction zone: 


– Thermal supplies: A 


- Inputs: 


a) coke combustion in the raceways yOB qc ≈ 6,960 MJ; 


b) sensible heat of blast (TB = 1,125°C with3,364 m3): 5,350 MJ; 


c) sensible heat of solids at 1,200 °C: (Cpcoke µ + Cpsolid) . Tr ≈ 3,553 MJ. 


- Outputs:  


d) sensible heat of the gas (T = 1,200°C): Cpgas . µ . Tg ≈ 7,823 MJ; 


e) sensible heat of the ferroalloy and slag CpMnTHM ≈ (1,528 + 937) MJ. 


- Thermal needs: B 


a) endothermic carbothermic reduction of MnO and SiO2 (178 kC for 780 kg 
of Mn + 9.4 kgC for 5 kg Si) and qd ≈ 4,144 MJ; 


b) thermal losses 3 GJ. 


The production of one ton of ferromanganese consumes 12 GJ (for hot metal 
production this value is 4.5 GJ/t). The thermal losses (3 GJ/ton of metal) are high, 
due to the low use of the blast furnace volume.  


The blast furnaces releases 3.1 GJ as gas sensible heat, the gas temperature at the 
stockline being equal to 450°C. 


4.4. Zinc blast furnace: the Imperial smelting furnace 


4.4.1. Description  


In the Imperial smelting furnace, the zinc and lead sulfide concentrates after 
sinter-roasting (see Chapter 3, section 3.3.2.1) are reduced with the production of 
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zinc and lead. Copper, silver, gold, arsenic, antimony and bismuth in the 
concentrates are recovered in the lead billion (see Chapter 10, Figure 10.5.1).  


The sinter charged at the top of the furnace is made up of ZnO (36−43% Zn), 
PbO (17−22% Zn), Fe2O3 (8−14%) as zincite (Fe,Zn)O and ferrite ZnFe2O4, and a 
vitreous gangue of Al2O3 (1−7%), CaO (4−5%) and SiO2 (3−4%). The melting 
temperature of sinter ranges from 1,080−1,150°C.  


By reduction, there is formation of gaseous zinc and liquid lead. The slag 
contains the non-reduced oxides, such as the iron oxide. This slag is separated from 
the lead by settling. 


 


Figure 4.4.1. Imperial smelting process: furnace, condenser and liquation unit [LEE 00] 


The composition of the gas leaving the furnace is Zn (8%), CO2 (10−11%), CO 
(21−25%) and N2 (55−61%).  


The condensation of zinc vapor is carried out by spraying liquid lead in the 
condenser. At the output of the condenser, the zinc-rich lead is cooled down to 
450°C and the separation of zinc from lead occurs by liquation (see Chapter 1, 
section 1.2.4). As the solubility of zinc in liquid lead is equal to 2.25% at 450°C (see 
[VIG 11a], Figure 3.3.2a), lead is recycled in the condenser. To produce one ton of 
zinc, 400 tons of lead are needed.  







116     Extractive Metallurgy 3 


4.4.2. Zones and reactions  


The blast furnace can be divided into five zones, see Figure 4.4.2 [LEE 00]:  


– The cupola at the top of the furnace, where air is injected to maintain the 
gaseous phase, coming out of the shaft, by combustion at a temperature >1,000°C to 
avoid reoxidation of gaseous zinc. The composition of the gas is given in Figure 
4.4.2b.  


– The upper shaft, the lead reduction zone, where gas enthalpy is used to heat the 
charge (the solids reach a maximum temperature of 1,040°C before they enter the 
thermal reserve zone) and where the main reaction is the reduction of lead oxide 
giving liquid lead: 


PbO(s) + CO → Pb(l) + CO2 − 69.9 J  [4.4.1] 


and a reoxidation of a fraction of the gaseous zinc of the order of 15−20%. The 
lower the gas temperature, the higher the zinc fraction reoxidized: 


Zn(g) + CO2(g) → ZnO(s) + CO – 186.3 kJ [4.4.2] 


The composition of the gas leaving this zone is 8.5% Zn, 25% CO, 7.5% CO2 
and 59% N2. Its temperature is 850°C. To avoid a further reoxidation (the 
equilibrium zinc composition at 850°C is p*Zn = 2%), the gaseous phase is reheated 
in the cupola to 1,000°C. 


– A thermal and chemical reserve zone, whose temperature is in the order of 
970−1,040°C and the zinc oxide is in equilibrium with the gaseous phase (reaction 
[4.4.3]). The temperature profiles in the Imperial smelting furnace obtained by 
vertical probes show a reserve zone height of a few meters (3−4 m). In this chemical 
reserve zone, the partial pressure of zinc corresponds to the equilibrium pressure, as 
given by the Chaudron diagram (see [VIG 11b], Chapter 4, section 4.2.2.3.2, 
equations [4.2.13] and [4.2.14] and Figure 4.2.4b with the curve labeled ZnO→Zng 
0.1 atm). 


– A zinc reduction zone in the lower part of the shaft where the main reaction 
occurring is indirect reduction of the zinc oxide by CO (whose thermodynamic 
analysis is given in [VIG 11b], Chapter 4, section 4.2.2.3.2): 


ZnO(s) + CO → Zn(g) + CO2 + 186.3 kJ  [4.4.3] 


ZnFe2O4(s) + 2 CO → Zn(g) + 2 FeO(s) + 2 CO2 [4.4.4] 


These reactions are strongly endothermic and therefore the temperature of the 
gas decreases quickly when rising in the shaft. A very low fraction of CO2 (10−14% 
of the consumption of carbon) is regenerated by the Boudouard reaction.  







Blast Furnaces     117 


a) 


b) 


Figure 4.4.2. Imperial smelting furnace: a) zones and reactions; b) composition of the gases 
at the top of the blast furnace (Métal-Europe/Eramet document) 


– In the hearth, the iron and zinc oxides dissolved in the slag are reduced by the 
carbothermic smelting reduction: 


(ZnO)(slag) + C(s) → Zn(g) + CO [4.4.5]  
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(FeO)(slag) + C(s) → Fe(s) + CO [4.4.6]  


The reduction of the iron oxide dissolved in the slag occurs when the zinc 
content in the slag becomes lower than 3%. The slag composition is SiO2 (21−23%), 
FeO (32−34%), CaO (17−18%), Al2O3 (9%), Zn (6.2−8.4%), Pb (1.4%) and Cu 
(0.2%). This composition is such that its melting temperature is 1,200−1,300°C (see 
[VIG 11a], Chapter 3, Figure 3.4.14). 


4.4.3. Mass balances and operating line  


Figure 4.4.3 reproduces Rist’s diagram. Only the main characteristics are 
presented here.  


 


Figure 4.4.3. Rist’s diagram and operating line of an Imperial smelting furnace [SEV 88]  
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Coke combustion is represented by segment FE. The specific consumptions of 
oxygen and coke (slope of segment EF) vary with the fraction of zinc reoxidized. 
These specific consumptions are for one ton of gaseous zinc produced, which 
explains their variations with zinc reoxidation. The coke-specific consumption for 
one atom of zinc produced is 4 and the oxygen-specific consumption is 3.8 for a 
reoxidation fraction of 14%.  


 The reduction of oxides by CO is represented by segment GD. R represents the 
equilibrium [4.4.3]. GL represents the reduction of PbO into Pb. LD stands for the 
reduction of ZnO into Zn (88%). Without any reoxidation of zinc in the upper zone, 
point R coincides with point L. Point L represents the partition between the 
reduction carried out in the lower zone (reduction of zinc 88%) and that in the upper 
zone (reduction of lead oxide) The additional combustion of CO into CO2 in the 
cupola is represented by AG. 


Several modelings of the Imperial smelting furnace operation, based on heat and 
mass balances, allowing operation control have been developed [KEL 90, MAD 90, 
MIK 95, SEV 88]. 


Blast flowrate: Nm3/h 46,637 34,769 


 Blast TB: °C 900 1,150 


Tcoke 700 750 


Tcharge 200 160 


Coke analysis  carbon 90% – ashes 
10% 


 


Charge: t/d 940 732 


Charge coke: t/d 324 259 


Zinc(g) (production): t/d 339 269 


%Zn(g) reoxidized 17.5 21.5  


Pb Bullion: t/d 155 126 


slag: t/d 280 190 


Zn content in slag  5−10% 5−10% 


Pb content in slag  0.5−1.5% 0.5−1.5% 


Tg: °C 840 840 


Table 4.4.1. Imperial smelting furnaces: input and output parameters  
for two plants [KEL 90]  
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The specific consumption of coke varies from 850−955 kg/ton Zn(g), depending 
on whether the blast temperature is 1,150 or 900°C. For a coke consumption of 
763 kg/ton of zinc in the charge, the carbon gasified by the blast at the tuyeres is 
688.3 kg/ton of zinc in the charge. This corresponds to 90.2% of the consumption of 
coke with:  


− combustion into CO: 603 kg; 


− combustion into CO2: 56.4 kg; 


− gasification by H2O: 28.9 kg; 


− carbon gasified in the stack by the Boudouard reaction: 74.5 kg.  


4.5. Lead blast furnace  


Lead blast furnaces present a rectangular section. At the level of the tuyeres, the 
width can range from 0.90−1.50 m and the length from 1.5−10 m, depending on the 
production capacity. From bottom to top, the furnace is made of: a hearth within 
which lead is gathered, the tuyere zone, the bosh, and the stack (which is reduction 
zone). The reduction zone starts at a height of 2.5 m above the tuyere level.  


The charge is made of the roast–sinter ore in the form of lead silicate, 
Pb3Ca2Si3O11(43%)(PbO 33%), Ca2ZnSi2O7 (17 %), zinc ferrite, Fe2O3 (21%), FeO 
(8%) and ZnO (8%). 


 


Figure 4.5.1. Lead blast furnace profiles of: a) temperatures and; b) gas composition over 
the height of the shaft (numerical simulation) [SAN 89] 







Blast Furnaces     121 


The coke used to produce the reducing gas is much less reactive than the coke 
used in the iron blast furnace. The gas produced has the following composition: 
CO(22%)/CO2(8%), see Figure 4.5.1. From the tuyeres level, the combustion zone, 
C + O2 → CO2, spreads over a height of 0.5 m. The combustion ratio Oblast/C is 1.2. 
The reduction of the lead silicate starts at around 750°C; whereas the reduction of 
PbO starts at 260°C:  


Pb3Ca2Si3O11 + 3 CO → 3 Pb + 2 CaSiO3 + SiO2 + 3 CO2  


Lead oxide is entirely reduced by CO, without regeneration of CO. The 
composition of gases at the stack outlet is O/C = 1.70 {CO (12%)/CO2 (18%)}. FeO 
is not reduced. 


 


Figure 4.5.2. Rist’s diagram and operating line of a lead blast furnace [SAN 89] 
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The operating parameters are shown in the Rist diagram (see Figure 4.5.2):  


– specific carbon consumption (C/Pb) per atom of lead:  


– µ = FC/FPb = 3.20 to 2.80; (170 to 220 kg of coke per ton of lead bullion); 


– combustion ratio:  


xOB = FOB/FC (Oblast /C) = 1.20 (CO: 22%; CO2: 75%) (point E);  


– specific consumption of oxygen per atom of lead: 


  yOB = FOB/FPb = xOB . µ = 3.60;  


- charge reduction ratio: 0.5,  


- top gas oxidation ratio: 1.7 (point G); 


– the bullion contains the impurities Cu (0.40%), As (0.35%), Sn (0.03%), 
Sb (0.60%), Bi (0.2%) and Ag (0.1%), see Chapter 10, Figure 10.6.1; 


– the slag composition is SiO2 (25%), FeO (35%), CaO (18%), Al2O3 (6%), 
MgO (3%), Pb (1.5−5%), Zn (6-10%), Sn (0.3−0.5%), Cu (0.4−1%). Owing to the 
high ZnO content in the slag (6−10%), this slag is treated by the zinc slag fuming 
process (see Chapter 5, section 5.3.2).  


Models of the lead blast furnace operation have been developed by Sanchez 
[SAN 89] and Hussain [HUS 89]. 
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Chapter 5 


Smelting Reduction Operations 


5.1. Overview of smelting reduction operations 


The smelting reduction operations (metal-making operations by smelting 
reduction) either process oxidized ores (direct smelting) or slags produced in other 
operations for the recovery of some metals (slag cleaning). The reducing reagent is 
carbon (carbothermic bath smelting) or silicon dissolved in a liquid metal (iron) (see 
[VIG 11b], Chapter 4, sections 4.5, 4.7.1 and 4.7.2.1).  


There are numerous industrial carbo- and silicothermic smelting reduction 
processes (see [VIG 11b], Chapter 4, sections 4.4.1 and 4.5.1). 


The industrial production of ferroalloys (ferronickel, ferromanganese, 
ferrochromium), silicon metal, iron hot metal from ilmenite ores and aluminum by 
carbothermic smelting reduction of their oxides are carried out in electric furnaces 
(see Chapter 8, section 8.4 and reaction [9.3.1]) or by molten salt electrolysis (see 
Chapter 9, section 9.3, reaction [9.3.14]). In these operations a fraction of the energy 
required for the reduction reactions is supplied by electric energy.   


One of the ways to obtain magnesium from magnesium oxide (MgO) by 
silicothermic smelting reduction is the Magnetherm process, the silicon being 
dissolved in liquid iron (see section 5.4).  


“Hot metal” iron production by carbothermic smelting reduction (see section 5.2) 
either by carbon-packed processes (Corex process) or direct iron smelting processes 
(HIsmelt process) uses coal directly. Other processes are still in development, e.g. 
direct iron ore smelting (DIOS), American Iron and Steel Institute (AISI) and 
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Ausiron processes, as an alternative to the blast furnace route (see Chapter 10, 
Figure 10.2.1). An analysis of the strengths and weaknesses of the blast furnace 
route and those of the new processes is presented by Birat and Steiler [BIR 94]. 


Only a few processes have been industrially implemented (Corex and Hismelt 
processes). Economic evolutions may make them attractive once again. The problem 
with each of the direct reduction processes is that they are very energy-intensive. 
Although the iron blast furnace will not be replaced in the near future, the smelting-
reduction processes are serious contenders for small local and regional hot metal 
production markets. 


The other smelting reduction industrial operations (see [VIG 11b], Chapter 4 
sections 4.4.1 and 4.5.1) are:  


– the production of tin from concentrates using the Ausmelt “technology” 
(section 5.3.1); 


– the recovery of zinc (and lead) from the lead blast furnace slags by the slag 
fuming process (section 5.3.2);  


– the recovery of noble metals (Co, Ni, Cu) contained in slags from matte 
converting (slag cleaning) [HUG 00]. 


They constitute the second stage of the QSL, Isasmelt (Ausmelt), Kivcet and 
Outokumpu processes in the processing of sulfide lead ores, the first stage being a 
conversion of the sulfides into oxides. These processes are studied, including the 
smelting stages, in Chapter 7, sections 7.3.2 and 7.3.3.  


5.2. Production of (iron) “hot metal” by carbothermic smelting reduction  


5.2.1. General considerations  


The carbothermic smelting reduction operations of iron ore are based on the use 
of coal as the reducing agent and source of heat (coal-based iron-making processes). 


The operations are based on the reactions:   


(Fe2O3)(slag) + 3 C(s) → 2 (Fe carburized) + 3 CO  [5.2.1a] 
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(Fe2O3)(s) + 3 C(hot metal) → 2 (Fe carburized) + 3 CO  [5.2.1b] 


Further details can be found in [VIG 11b], Chapter 4, sections 4.4.2, 4.4.3, 4.5.2 
and 4.5.3, and reactions [4.4.1] and [4.5.1]. 


The smelting processes of iron oxide with the production of hot metal operate at 
around 1,450−1,550°C. The operations are continuous. They involve continuous 
feed of ore and coal particles with tapping of the hot metal and slag. 


There are of two main types of process: 


– carbon-packed bed smelting reduction processes: the slag (containing the oxide 
to be reduced) flows (drips) down the coal particles (second stage of the Corex 
process); 


– the in-bath smelting reduction processes with three contacting patterns between 
the oxide and the reducing agent: 


- fine ores, coal and fluxes are injected in a slag layer by lances over the bath. 
The oxides dissolve in the slag layer and undergo a reduction with carbon. The 
reaction system is made up of a carbon particle surrounded by the slag (see [VIG 
11b], Chapter 4, Figure 4.4.1a), 


- fine ores, coal and fluxes are injected in the hot metal layer by lances over the 
bath. The carbon particles dissolve in the metallic bath and maintain it at saturation. 
The ore particles are reduced with the carbon dissolved in the hot metal. The 
reaction system is made up of an oxide particle surrounded by the hot metal 
saturated in carbon (see [VIG 11b], Chapter 4, section 4.5.2); 


- the metallic phase is dispersed in the slag phase. The reaction system is made 
up of a hot metal drop surrounded by the slag (see [VIG 11b], Chapter 4, section 
4.5.3).  


Smelting processes require heat, the reduction reactions being endothermic and 
the temperature of the slag having to be high in order to keep its fluidity and easy 
separation of the slag from the metallic drops formed in situ or dispersed in the slag. 
In the processes where there is no outside heat provided (electric energy), heat could 
be supplied by the combustion of one part of the charge of carbon, the other fraction 
being used for reductions. The gas released by the reactions being mainly CO, the 
post-combustion of this gas is often used to improve the thermal balance. This 
creates an oxidizing atmosphere above the liquid bath, however, and thus a thick 
slag layer has to separate the reduction zones from this atmosphere. The problem 
due to foaming of the slag can be dealt with by maintaining a given amount of 
charcoal in the slag.  
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The economy of the smelting process is based on the consumption of carbon. For 
all these processes, the specific consumption of carbon per ton of hot metal 
produced varies from 950 to 1,150 kg/ton of hot metal and is higher than that of a 
blast furnace (160 kg of coal with 75% C + 320 kg of coke with 90% coal). 


In continuous processes, in order to maintain the oxide content in the slag and 
the carbon content in the slag, the feed flow-rates of both reactants have to be equal 
to the reduction rate of the oxide and consumption rate of the carbon.  


5.2.2. Coal packed-bed smelting operations 


The Corex/Finex processes have reached the industrial stage of application, with 
numerous units producing up to 1.5 million tones of hot metal per year [GHO 01, 
JOO 98]. 


In the iron and manganese blast furnaces, in the active zone (see Chapter 4, 
sections 4.2.3.1.4 and 4.3.2), the slag dripping over the coke particles, the iron oxide 
(FeO)(slag) and manganese oxide (MnO)(slag) are reduced by carbothermic smelting 
reduction.  


 


Figure 5.2.1. The Corex process flowsheet [GHO 01] 
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The Corex/Finex processes are two-stage processes made up of a pre-reduction 
stage and a stage of gasification of coal and smelting reduction in the melter-gasifier 
(see Figure 5.2.1). These processes eliminate the cohesive zone of the blast furnace, 
where coke is required to enhance gas permeation and acts as a supportive structure 
for the overlying burden column (see Chapter 4, section 4.2.3.3 and Figure 4.2.8). 


In the Corex process, the pre-reduction stage is carried out in a reduction shaft 
fed with pellets or lump ores (see Chapter 3, section 3.3.3). In the Finex process, the 
pre-reduction stage is fed with fine ore particles, treated in a fluidized reactor unit 
(Finmet process, see Chapter 3, section 3.4.1.4). The reducing agent is the CO + H2 
gas resulting from the second stage. The pre-reduction of pellets or pieces of lump 
ores at 850°C is carried out up to a high degree of metallization (90−95%). It 
requires a highly reducing medium that is produced in the melter-gasifier reactor and 
ore particles with a specific size, allowing easy circulation of the gases.  


The melter-gasifier furnace can be divided into two main zones:  


– An upper zone where coal fines are introduced forming a fluidized bed. Above 
the fluidized bed is the free-board zone. Oxygen is blown into this zone. The coal is 
converted partly into char, i.e. dissociation and combustion of the volatile materials 
of the coal into CO + H2, coking of coal that will constitute the carbon-packed bed. 
The gas escaping from this stage is cooled down to 800−850°C and feeds the pre-
reduction stage. Its composition is CO (70%), H2 (25%), CO2 (3.5%) and CH4 
(1.5%). In this zone, the pre-reduced compound from the first stage is melted. 


– A lower zone that is quite similar to the active zone of the blast furnace with a 
moving char bed. In this zone, the pre-reduced and melted iron, dripping over the 
coal particles, is reduced and carburized. Oxygen is injected by tuyeres in this coal 
packed-bed where it combines with coal to generate the reducing gas.  


The volatile content of this coal should be in the range of 25−35%. The ash 
content should be lower than about 25% to keep the slag volume small. Suitable 
coals are those that produce a physically stable char after devolatilization, thus 
maintaining adequate bed permeability down to the tuyere level. 


The oxide charge is usually pellets (see Chapter 3, section 3.3.3.1 and Chapter 4,  
section 4.2.2). The use of lump ore is restricted in the case of high-output operations. 
High lump-ore fractions decrease the permeability of the bed in the shaft due to the 
irregular shapes. Undersized iron ore (<6.3 mm) is also directly fed into the melter-
gasifier via the coal line. This increases the hot metal output. CO gas at the top of 
the char bed reduces the iron ore fines.  


The requirements of the reducing gas of the shaft furnace lead to a high 
consumption of coal: 950−1,150 kg/ton of hot metal (depending on the charging in 
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pellets or in lump ore). This is twice as high as the coke consumption in a blast 
furnace. The consumption of oxygen is directly proportional to that of coal and 
reaches 520−600 Nm3/ton of hot metal. The specific consumption of coal (number 
of carbon atoms consumed per iron atom produced) is in the order of 4 to 5. The 
high consumption of coal comes from the fact that most of the oxide reduction (up 
to a metallization degree of 90−95%) occurs in the shaft furnace with CO/H2. The 
reduction of one mole of FeO requires three to four moles of CO (see Chapter 4, 
equation [4.2.21a] and [VIG 11b], Chapter 4, section 4.2.2.3.1, equation [4.2.11] and 
Table 4.2.1).  


The process then releases large amounts of gas. More than 40% of the total 
energy input, about 3,500 therms per ton of hot metal, is available as a volatile 
export gas. The cost-efficiency of the Corex process is enhanced by the use of the 
top or excess gas. This can be utilized, for example, in power generation.  


Models of the operating conditions of the melter-gasifier have been established 
[LEE 99, PAL 03].  


5.2.3. In-bath carbothermic smelting reduction operations  


These operations can be divided into two types:  


– A one-stage operation with post-combustion, the fine ore and carbon particles 
are: 


 - injected in the hot metal layer − iron bath smelting process or Hismelt 
process (see Figure 5.2.2). This is the only iron bath smelting process in industrial 
operation, or 


 - injected in the slag layer − slag bath smelting process: Ausiron/Ausmelt (see 
Figure 5.2.3) and Romelt processes [ROM99]; 


– two-stage operation with a pre-reduction stage and subsequent in-bath smelting 
reduction where the pre-reduced ore particles (fractional reduction of 30%) are 
projected into the slag layer of the second stage: examples of this include the AISI 
process [AUK 94] and DIOS process [KIT 98], see Figure 5.2.4.  


The consumption of ore, carbon and oxygen for a given production of hot metal 
is given in the flow sheets in Figures 5.2.2 and 5.2.4. A critical assessment of these 
processes has been performed [FRU 03].  
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Figure 5.2.2. The Hismelt process flow sheet (iron bath smelting process).  
The consumption rates of ore, carbon and oxygen and the production  


rates of hot metal and slag are indicated [DRY 99]  


 


Figure 5.2.3. The AusIron process: slag bath smelting process and reaction zones [SHE 02] 
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Figure 5.2.4. The DIOS process flow sheet: pre-heating furnace; pre-reduction furnace; and 
smelting reduction furnace. The consumption of coal, iron ore, flux and oxygen gas for the 


production of one ton of molten iron are indicated. The pre-reduction  
degree is low, at 27% [KIT 98] 
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5.2.3.1. Thermal balance  


The overall reaction is the carbothermic reduction, which is strongly 
endothermic and stoichiometrically requires 330 kg of carbon per ton of iron, with 
the production of 602 Nm3 (750 kg) of CO:  


Fe2O3 + 3C → 2 Fe + 3 CO; ∆H°25 °C = 4,425 MJ/ton of iron [5.2.1c]  


To obtain one ton of hot metal with a composition {Fe (94.4%), C (4.2%), Si (1%), 
Mn (0.3%) and P (0.07%)}, the stoichiometric consumption of carbon is equal to 
304 kg for the reduction of iron oxides and 42 kg for the carburization of hot metal 
and reduction of non-ferrous oxides.  


The thermal requirement is 7,678 MJ/ton of hot metal produced (2,133 kWh) 
[AST 06], which is divided into: 


– reduction of iron oxides: 4,186MJ; 


– reduction of other oxides: 439.5 MJ; 


– sensible heat of hot metal at 1,500°C: 1,402 MJ; 


– sensible heat of slag at 1,500°C: 502 MJ; 


– sensible heat of gas at 1,400°C: 1,150 MJ; 


– total: 7,678 MJ/ton of hot metal. 


For a blast furnace, the thermal requirement is 4,233 MJ/ton of hot metal, thus 
about half that of a direct smelting reduction process (see Chapter 4, Table 4.2.2). 
The difference comes from the facts that, in the blast furnace: 


 1) the combustion of carbon yields the reducing gas CO and iron oxides are 
mainly reduced by CO, these reactions being almost athermal; 


2) the gas, at the output, has a temperature of 170°C instead of 1,400°C.  


The thermal need can be supplied by: 


– electric energy (electric furnace), see Chapter 8, section 8.4); 


– the combustion of an additional amount of carbon that will have to burn under 
reducing conditions (C → CO: 9.87 MJ/kg C); 


– the post-combustion of CO produced by the reduction [OET 92]. The latent 
heat of 570 Nm3 of CO/ton of hot metal produced by the consumption of carbon 
(304 kg/hot metal ton) for the reduction is equal to 7,559 MJ/ton of hot metal. By 
recovering 50% of this latent heat by post-combustion, thus 3,795 MJ/ton of hot 
metal, the thermal need per ton of hot metal produced is reduced to 4,316 MJ/ton 
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(equivalent to the thermal requirement of a blast furnace). This energy will have to 
be provided by the combustion of an additional amount of carbon, in the order of 
430 kg.  


In both one-stage production processes (Hismelt and Ausiron), post-combustion 
is carried out to supply a fraction of the thermal needs. The total consumption of 
carbon is equal to 850 kgC/ton hot metal for the Ausiron process and 880 kgC/ton 
hot metal for the Hismelt process. The pre-heated air, enriched in oxygen, is blown 
above the bath and supplies oxygen for the post-combustion of CO and H2 gases 
released from the bath. The transfer of this heat to the liquid bath is achieved by 
carrying out post-combustion in the slag layer, forming foam (see Figure 5.2.5). The 
production rate of hot metal is limited by the production of heat and its transfer to 
the liquid bath. 


The efficiency of this thermal transfer is the basic parameter of the operating 
conditions of these units, thermal transfer to the slag layer and the subjacent hot 
metal layer controls the design of the unit. Thermal transfer depends on the intensity 
of the foaming of the slag. The design of the lance and the path of the oxygen jet 
have to be optimized to reach a high post-combustion level with a high heat transfer. 
A model of the post-combustion and heat transfer taking place in the smelting 
reduction furnace has been developed by Shinotake et al. [SHI 93].  


The best reducing agent for the smelting of a slag is a tar coal (20−30% volatile 
compounds) of particles <100 µm directly injected (sprayed) into/over a thick slag 
layer. The pyrolysis is explosive: both cracking and combustion of volatile materials 
occur quasi-instantaneously (in milliseconds). The combustion of char occurs at a 
slower speed. The volume of air used to transport the char has to be at least the 
minimum.  


Oxygen can also be blown through the metallic bath to oxidize a fraction of the 
carbon dissolved; the energy released by the oxidation of carbon provides the 
thermal requirements of the reduction reactions.  


The two-stage processes: DIOS and AISI, have a pre-reduction stage in order to 
use the CO latent heat. However, an additional amount of carbon is necessary (DIOS 
process: 950 kg C/ton of hot metal). The charging of ore or pre-reduced ore (wüstite) 
and char is performed above the slag layer.  


5.2.3.2. Mechanisms and performance equations of the DIOS and AISI smelting 
stages  


The pre-reduced ore particles are injected into and dissolve in the slag. The iron 
oxides thus dissolved are reduced by the carbon particles injected and dispersed in 
the slag layer (see [VIG 11b] Chapter 4, Figure 4.4.1). A fraction of the carbon 
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dissolves in the hot metal. Inert gas is injected through the metallic layer leading to a 
dispersion of metallic drops in the slag layer. The reduction occurs in the slag layer 
by two reactions [FRU 92], see Figure 5.2.5: 


(FetO)(slag) + C(s) → Fe + CO [5.2.2] 


(FetO)(slag) + C(Fe) → Fe + CO [5.2.3]  


r = (kML AML + kCL . ACL) (%FeO)  [5.2.4]  


where kML is the rate constant of the reduction by carbon dissolved in the metallic 
drops and AML is the metal-slag contact surface. In the same way, kCL is the rate 
constant of the reduction of slag by the carbon particles and ACL is the surface of the 
carbon particles in contact with the slag. The overall kinetics depend on the 
characteristics of the dispersion of metallic drops in the slag, the size and number of 
drops per unit of slag volume, and in the same way the entire surface of the carbon 
particles in suspension in the slag.  


 


Figure 5.2.5. Schematic diagram of bath smelting indication reduction reactions [FRU 92] 


These reactors operate under steady conditions with continuous feed of oxide 
and carbon and continuous discharge of the hot metal and slag. They can be 
considered as continuous stirred tank reactors (CSTR) (see Chapter 2, section 2.1.2), 
where the composition of the reaction mixture at the exit of the reactor is similar to 
that in the reactor (%FeO)(slag). The FeO content in the slag (%FeO)(slag) is kept at 
3−6% (see Figure 5.2.6b) in order to limit the CO gas flow-rate and the formation of 
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too much slag foam. It also limits the iron losses  present in the slag removed. Coke 
and charcoal particles significantly reduce the foaming. 


The performance equation of these operations is the basic equation linking the 
mass flow-rates of the oxide and carbon feeds to the reduction rate (see equation 
[5.2.4]) thus:  


G(oxides) – G(slag) . (%FeO)(slag ) = (kML AML + kCL ACL) (%FeO)(slag)  


 = GC – (%C) G(hot metal)  [5.2.5]  


This equation has to be to be associated with the overall balance: 


G(oxides) + G(carbon) + G(flux) = G(slag) + G(hot metal ) + GCO  [5.2.6] 


where GCO = (MCO/MC) . (GC – (%C) G(hot metal)). 


GC is the stoichiometric feed-rate of carbon required for reduction of the iron 
oxide (thus 344 kg/ton of hot metal) and the feed-rate of carbon dissolved in the hot 
metal. By setting the feed-rates, G, of oxides and carbon, feed and the content in 
FeO in the slag and in the discharge of the slag, the flow-rates G(slag) + G(hot metal) + 
GCO can be calculated. Figure 5.2.4 shows the DIOS process where the input and 
output feed-rates are presented for the production of one ton of hot metal.  


By introducing the mass of the slag, m(slag), in the basic equation and the contact 
surfaces aML and aCL per mass unit of the slag, we get:  


G(oxides) – G(slag) . (%FeO)(slag) = (kML aML + kCL aCL) m(slag) (%FeO)(slag)   [5.2.7] 


Here we have the basic performance equation of a CSTR (see Chapter 2, section 
2.1.2 and equation [2.1.5]) where the basic variable is the residence time of the 
liquid phase: ratio of slag volume to feed volumetric flow-rate (see equation [2.1.2]). 
The volume and mass of the slag in the reactor are then set by this equation. 


The results of tests carried out in pilot units for the AISI and DIOS processes  
have been analyzed by Fruehan and are reported in the form [FRU 03]: 


R = k m(slag) (%Fet)(slag) [5.2.8] 


where R is the reduction rate in terms of oxygen removal rate (i.e. moles O2/sec), 
m(slag) is the slag mass and (%Fet)(slag) is the iron (oxide) content in the slag). The rate 
constant, k, for both processes is 0.68 moles O2/t(slag) (%Fe(slag)). 
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 These simple expressions hold reasonably well the available set of data. These 
results show that, per unit mass of slag, the reduction rate is proportional to the iron 
content of the slag and that the rate is also proportional to the mass of slag, which 
seems to confirm that the surface areas of the reducing species, char and iron drops 
are proportional to the slag weight (see Figure 5.2.6).  


If Fe2O3 is the feed, the production rate in metric tons of hot metal (thm) per 
hour is given by [FRU 03]:  


PR (thm/hour) = 0.19 m(slag) (in tons) . (%Fet)(slag). 


     
       a)              b) 


Figure 5.2.6. Smelting reduction processes: reduction rates in terms of oxygen removal  
rates (O2 moles/sec): a) reduction rate R/%Fe(slag) versus slag weight for the  


DIOS process (1,550°C); and b) reduction rate R/ m(slag) versus% Fe( slag)  
for the AISI process (1,500°C) [FRU 03] 


5.2.3.3. Hismelt process 


The Hismelt process is the only in-bath smelting process in industrial operation 
(see Figure 5.2.2). The first commercial unit with a production capacity of  
800,000 tons opened in Australia in 2005 [HIS 02, LEC 09].  


The Smelt Reduction Vessel has a 6-m ID at the hearth (see Figure 5.2.2.). One 
HAB lance is suspended at the top of the vessel to blow 1,200°C oxygen-enriched 
air into the top space, above the bath. Inserted in the HAB lance ID is a swirl vane 
specially designed to give the hot blast a unique injection pattern. 


Two “lances” are used to inject all the feed materials and two coal lances are 
used to keep the vessel interior hot during short, non-operating periods. The lances 
are an internal injection pipe made from a proprietary steel alloy. The upper shell 
and barrel have water-cooled pipe panels.  
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Metal leaves the vessel continuously via an overflow fore-hearth (which is 
effectively a liquid metal manometer seal). This is necessary in order to keep a 
nearly constant level of metal in the hearth, which in turn ensures that the water-
cooled injection lances for solids are never in danger of being submerged in molten 
iron.  


A thick slag layer is maintained above the metallic phase. It isolates the metallic 
phase from the oxidizing gaseous phase. Slag is tapped periodically through the 
side-wall of the vessel via a water-cooled slag notch, located near the top of the 
hearth. 


The charge of iron ore particles (<6 mm), preheated fluxes and coal (<3 mm) (by 
the gas being released) are injected into the hot metal bath at 1,450°C by lances, 
under the slag layer, within the metallic phase.  


Carbon is dissolved in the metallic phase, which is maintained at a relatively low 
temperature of 1,450−1,500°C and the oxide particles injected into the metallic 
phase are reduced by the carbon dissolved in the hot metal. The complete conversion 
times of the oxide particles at this temperature are very short, at between 10 and 20 
seconds (see [VIG 11b], Chapter 4, section 4.5.2). The dissolution of carbon in the 
metallic bath is a key step of the process. Tar coals and anthracite (non 
metallurgical) of low volatility are used.  


According to [FRU 03], 50% of the reduction would actually occur in the slag (a 
fraction of the injected iron oxide would be dissolved in the slag) and 40% would 
occur in the metallic phase.  


The release of CO is very intense and produces an eruption and a bursting of 
drops of metal and slag above the bath.  


Pre-heated air at 1,200°C, which is enriched in oxygen, is blown above the bath 
and ensures the post-combustion of CO and H2 gases that are released from the bath. 
The post-combustion of 60−80% of these gases provides the energy required for the 
highly endothermic reduction. The cylindrical shape of the reactor and position of 
the end of the lance with regards to the liquid phase result from a modeling of the 
flows (by CFD) ensuring the highest post-combustion and the highest heat transfer 
to the fog of metallic drops [DAV 03].  


The main advantage of this process for phosphorous iron ores is that it allows 
reliable dephosphorization as the temperature of the liquid bath is low (see [VIG 
11b], Chapter 5, section 5.4.4). The slag produced is made of FeO (5%), CaO 
(36%), SiO2 (30%), Al2O3 (15%) and MgO (8%) (see [VIG 11a], Chapter 3, Figure 
3.4.6). At these low temperatures, the area of the liquid domain of the slag is low. 
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The consumption of coal is equal to 880 kg/ton of hot metal and 600−620 kg C/ton 
hot metal when the loaded solids are pre-heated.  


5.2.3.4. Ausiron process 


The Sirosmelt/Ausmelt processes are presented in Chapter 7, section 7.5 
[SHE 02]. The Ausiron process (as a prototype) with its three reaction zones is 
presented in Figure 5.2.3. Reduction of the iron oxide dissolved in the slag is 
performed by the carbon particles floating on the slag layer.  


The Ausmelt process is also used for slag cleaning operations to recover the Cu, 
Ni and Co elements from matte converting slags, by carbothermic reduction of 
oxides dissolved in the slags, see Chapter 7, section 7.3 and [HUG 00]. 


5.3. Tin and zinc smelting reduction operations 


5.3.1. Tin carbothermic smelting reduction  


Tin is present as oxide (SnO2) in its ores. Tin ores have variable iron contents in 
the form of pyrite, FeS2, and of arsenopyrite, FeAsS. They undergo a roasting 
operation allowing the removal of S and the As, Sb, Pb and Bi sulfides.  


The extraction of tin from ores, with high iron content, has been performed in 
blast furnaces producing a hardhead tin-iron alloy (the iron has high solubility in tin, 
up to 20% in mass). The metal is obtained by carbothermic smelting reduction in a 
reverberatory furnace or  an electric furnace and by the Ausmelt process. 


The processing route of tin is presented in section 10.8.  


The “carbon reducibility” of both iron and tin oxides being similar (the 
Ellingham lines of the Sn and Fe oxides are close to each other), the reduction of tin 
oxide comes with the reduction of iron oxide.  


The carbothermic smelting reduction of roasted ore concentrates with Sn 
(25−40%), Fe (3.2−12.8%) and SiO2 (8−36%), occurs according to the following 
reactions [PEA 80]:  


SnO2(s) + CO + SiO2(slag) → (SnSiO3)(slag) + CO2  [5.3.1] 


Fe2O3(s) + CO + SiO2(slag) → (FeSiO3)(slag) + CO2  [5.3.2] 


(SnSiO3)(slag) + C(s) → Sn(l) + CO + (SiO2)(slag) [5.3.3] 
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(FeSiO3)(slag) + C(s) → Fe(Sn) + CO + (SiO2)(slag) [5.3.4] 


Reactions [5.3.3] and [5.3.4] proceed until the carbon is completely consumed. 
After consumption of carbon and mixing of the metal-slag system; the final iron 
content of the tin alloy is set by the metal-slag equilibrium under reducing 
conditions [RAN 86]:  


Fe(Sn) + (SnO)(slag) = (FeO)(slag) + Sn(l) [5.3.5] 


log K° = 
aSna(FeO)


aFe Sn( )a(SnO)
 = 2,238 – 1,644/T  [5.3.6] 


 log γ Fe = 0.91 xSn
2 – 250/T +0.10 


 log γSn = 0.91 xFe
2  


γ SnO( )
γ FeO( )


 = 2.5 ( )


2( )


%
%


slag


slag


CaO
SiO


 + 1,142  


or, 


K1% = ( ) ( )


( ) ( )
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% %
slag Sn


Snslag


FeO Sn


SnO Fe
  


 log K1% = 3,249 – 1,894/T – 1,820 xFe(Sn) + log γ(SnO)/γ(FeO)  [5.3.7] 


Another equation has been proposed that can be applied between 1,150 and 
1,300°C [SWA 92]: 


log K1% = 2.23 – 5.36 xFe + 13.69 xFe
2 – 12.84 xFe


3  [5.3.8] 


where log K1% varies from 2−0.8 when 0 < xFe < 19%Fe; xFe is the molar fraction of 
the iron dissolved in tin.  


Reactions [5.3.3] and [5.3.4] proceed until complete carbon consumption for a 
given amount of slag. By adding less carbon than necessary to reduce the iron and 
tin oxides contained in the slag, the amount of oxides in the slag reduced is small, so 
the contents of oxides in the slag remain high. Once all the carbon is consumed, the 
iron produced by reaction [5.3.4] is reduced by the tin oxide in the slag by reaction 
[5.3.5]. We get an alloy rich in tin and a slag rich in tin oxide. A second stage of 
smelting is therefore required to recover its tin content. 
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 Several stages have to be used to obtain a Sn-Fe alloy rich in Sn (%Fe <2%).  


Reduction by the Ausmelt process in the case of concentrates with in Sn  
(25–40%), FeO (3.2–12.8%) and SiO2 (8–36%) occurs in three stages (see 
Figure 5.3.1):  


– The first stage, which is a smelting reduction, is performed with a continuous 
feed of concentrate and carbon, with removal, of the Sn-Fe alloy produced, at 
regular intervals. The feed of concentrates continues until an amount of slag 
corresponding to the capacity of the reactor is reached. By operating at a relatively 
low temperature of 1,150°C and in the presence of a low amount of carbon (5 –10% 
in mass, per ton of concentrates), we obtain a Sn-Fe alloy with Fe <2%. The 
resulting slag has a Sn content ranging from 15–20%. 


– The second stage is a slag reduction stage. The slag rich in Sn contained in the 
reactor is reduced, at 1,200 °C, by the addition of carbon to achieve a slag Sn 
content of about 4%. The Sn-Fe alloy is removed at the end of the reduction. Its Fe 
content is higher than that obtained in the first stage. 


– In a third stage, a slag cleaning stage, the residual slag from the second phase, 
with a low Sn content, is reduced by new additions of carbon up to Sn content in the 
slop of 1%. The alloy produced, however, is significantly richer in Fe (hardhead). A 
fraction of the residual slag is removed. The remaining fraction of the slag and the 
alloy produced are kept in the reactor in order to start a new cycle.  


 


Figure 5.3.1. Tin smelting flowsheet: Ausmelt/Sirosmelt process [SWA 92] 
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In these stages, a significant fraction of the tin is volatilized in the form of oxide 
that is recycled in the reactor. It is possible to clean this slag from its tin thanks to a 
slag cleaning operation by slag fuming in the presence of iron pyrite (see Chapter 
10, section 10.8). 


5.3.2. Zinc slag fuming  


Lead blast furnace slag contains 11−18% zinc, 1.5−4% Pb and about 25% iron 
oxide (with 2−4% Fe2O3) + {CaO (15%), SiO2 (25%), Al2O3 (5%)}. The Imperial 
smelting furnace slag contains 5−10% Zn and 0.5−1.5% Pb (see Chapter 4, sections 
4.4 and 4.5). They are subjected to a smelting reduction operation called slag fuming 
of the zinc oxides allowing the recovery of 85−90% of the zinc and 100% of the 
lead. 


  


Figure 5.3.2. The zinc slag fuming process − chematic diagram of fuming furnace  
cross-section, reactions and reactions zones [RIC 85] 


Slag fuming is a semi-batch operation in a rectangular water-jacketed furnace: a 
charge of molten slag (about 50 tons) is treated by continuous injection of a mixture 
of pulverized coal and air blown into the bath through two opposing sets of 
submerged tuyeres (see Figure 5.3.2). Combustion of a fraction of the injected coal 
supplies the heat necessary to maintain the slag at a temperature between 1,150 and 
1,300°C. 


Slag composition–time plots for one cycle are shown in Figure 5.3.3 (the bath 
temperature being between 1,170 and 1,250°C). 
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Figure 5.3.3. Zinc slag fuming: fuming cycle sampling data. Slag composition as a function of 
time (continuous injection of coal) with a slag weight of 40 tons and oxygen flowrate of 


5Nm3/s [RIC 85] 


The zinc oxide is reduced. The zinc concentration in the slag decreases linearly 
with time, while the concentration of other species such as SiO2 and CaO increases. 
The level of ferric ion remains roughly constant over the duration of the cycle. The 
FeO oxide is not reduced. The concentration of ferrous iron, Fe2+, increases as a 
result of the decrease in zinc oxide concentration. 


Most of the lead is also removed in the gases due to the high vapor pressure of 
lead and lead oxide at these temperatures (see Chapter 7, Figure 7.3.6a).  


A modeling of the operation has been established by Richards [RIC 85] by 
considering that a fraction of the injected carbon particles (about 30%) do not 
undergo any combustion within the swirling zone (raceways) in front of the tuyeres 
(the particles being projected within the liquid bath). This fraction is used for the 
reduction of oxides; another fraction undergoes a combustion reaction.  
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The reactions occur in two different zones (see Figure 5.3.2.): 


– A peripheral zone where the combustion of the injected carbon particles occurs 
perpendicularly to the tuyeres. For this carbon fraction, the O/C ratio being higher 
than 2, the gas produced mainly corresponds to CO2. The CO2 bubbles produced 
pass vertically through the slag layer and oxidize FeO into Fe2O3. 


– A core zone where the overall reaction of reduction of the zinc oxides occurs 
by the fraction of the carbon particles that did not undergo any combustion:  


(ZnO)(slag) + C(s) → Zn(g) + CO(g)  


The authors of the model [RIC 85] suppose that zinc oxide is reduced into 
Zn(g) by the indirect carbothermic process (see [VIG 11b], Chapter 4, reactions 
[4.3.2] and [4.3.3] and Figure 4.4.2). The ferric oxide, Fe2O3, produced in the 
peripheral zone is reduced to FeO: 


Fe3O4(slag) +C(s) → 3FeO(slag) + CO(g)  


The non-reduction of FeO, whereas the zinc oxide has been reduced, has be 
experimentally proved by Rankin. The following mechanism has been proposed: 
“The reduction of zinc from slags containing iron occurs also by reaction of Zn2+ by 
Fe2+ ions and reduction of Fe3+ ions to Fe2+ ions occurs by carbon” [RAN 90]: 


Zn2+
(slag) + 2Fe2+ (slag) → Zn(g) + 2Fe3+ 


(slag)  


An injection of carbon particles under stronger pressures (but with the same 
flowrate) leads to an increase in the reduction rate of the zinc oxide. A larger 
fraction of carbon would not be subjected to the combustion [COC 89].  


In the Enviroplas process, the recovery of zinc from lead blast furnace slag and 
from electric arc furnace dust is carried out by the smelting of the slags in a DC arc 
furnace (see Chapter 8, section 8.4.3.3). The subsequent recovery of the volatilized 
zinc and lead occurs in an Imperial smelting furnace condenser (see Chapter 4, 
Figure 4.4.1). The smelting operation is continuous, with continuous feed of slag 
and metallurgical coke and tapping of the slag. Zinc and lead oxides contained in the 
molten bath are reduced by carbon at temperatures of 1,400−1,500°C and thus report 
to the gas phase. The volatilized zinc and lead enter the lead splash condenser (at 
500−550°C) where they are condensed. The smelting mechanism is as presented 
above: the reduction of zinc and lead oxides from slags containing iron oxide occurs 
by reaction with carbon and, reduction of Zn2+ by Fe2+ ions. Reduction of Fe3+ ions 
to Fe2+ ions occurs by reaction with carbon.  
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For a feed flow-rate of one ton/hour of a slag with a composition of {ZnO 
(15.3%), PbO (2.7%), FeO (30.6%), Al2O3 (4.8%), SiO2 (22.8%), CaO (11%), MgO 
(11%)}, at 1,400°C, to obtain 2−4%ZnO content in the discharged slag, the coke 
feed-rate has to be of the order of 40 kg/hour, see Figure 5.3.4 (the volume of slag in 
the furnace is not given).  


 


Figure 5.3.4. Zinc slag fuming via Enviroplas process − continuous in bath smelting, flowrate 
of lead blast furnace slag = 1 ton/hr: a) influence of coke addition on ZnO content in the 
spent slag at 1,400−1,450°C (slag basicity =0.8); b) ZnO content in the spent slag versus 


tapping temperature for a coke addition = 4%, slag basicity ratio = 0.8 [ABD 02]  
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5.4. Magnetherm process 


Magnesium can be produced by silicothermic reduction of magnesia dissolved in 
a molten slag (see [VIG 11b], Chapter 4, section 4.7.2.2 and reaction [4.7.6]):  


2 (MgO)(slag) + Si(dissolved in the Fe-Si) → 2 Mg(g) + (SiO2)(slag)  [5.4.1] 


This reduction can be performed under various operating conditions. Several 
processes are or have been industrially used or are still being developed, owing to 
the increasing use of magnesium.  


The Magnetherm process [TRO 71] treats calcined dolomite, MgOCaO, with a 
ferrosilicon alloy with 75−85% Si. The composition of the slag is maintained at 
saturation with MgO (see [VIG 11a], Chapter 3, Figure 3.4.6). The operation is a 
smelting reduction of the magnesia dissolved in a slag by silicon under a low 
pressure (5−10 kPa) and at high temperature (1,550−1,650°C). The reaction being 
strongly endothermic, the slag is heated by Joule effect, the slag being the electrical 
resistance. The electrical resistivity of the slag is a variable of importance in the 
Magnetherm process. The operation is carried out in a unit, made of a furnace 
operating under partial vacuum and a condenser (see Figure 5.4.1). The smelting 
reduction unit is a single-phase electric furnace (see Chapter 8, section 8.2.2). The 
carbon lining forms one electrode and the other electrode is a vertical copper tube, 
water cooled inside, fixed to the roof and sealed to a cylindrical graphite block. The 
vacuum requirement renders the operation a batch operation.  


The Magnetherm operating cycle starts with the furnace already filled with the 
slag to the upper level of the graphite electrode, this layer of slag being left from the 
previous cycle. The reduction being highly endothermic, heat is brought to the 
system by using the conducting liquid slag as a resistance. The raw materials 
(calcined dolomite and granular ferrosilicon) are fed continuously through two 
openings in the roof of the furnace. The ferrosilicon particles melt and the dolomite 
particles dissolve in the slag. Feeding of raw materials proceeds until a layer of slag 
has reached some height (about 150 cm). The magnesium vapor is continuously 
collected through an exhaust duct in the condenser. The condenser is maintained at a 
sufficiently high temperature to ensure that the magnesium vapor condenses as a 
liquid and trickles down to the crucible below.  


The residual ferrosilicon and part of the slag are tapped from the lower part of 
the furnace at the end of a Magnetherm operation. The slag is poured until its level 
has dropped to the upper level of the graphite electrode in order to maintain the 
heating. The production capacity per reactor is 20 tons of magnesium per day, the 
cycle duration is about 12 hours and the condenser efficiency is equal to 85−90%. 
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Every 12 hours, the vacuum is broken, in order to remove the slag from the furnace 
and to replace the condenser with an empty one.  


 


Figure 5.4.1. Smelting-reduction of magnesia In the Magnetherm process. Schematic 
diagram of the furnace and converter cross-section [FAU 64] 


Calcined dolomite, ferrosilicon and alumina-lime pellets are added semi-
continuously with respective feed-rates to keep the slag saturated in MgO and a 
constant CaO/SiO2 ratio close to two. The composition of the slag is thus kept in a 
narrow range {CaO (57−60%), SiO2 (25%), Al2O3 (11−14%), MgO (4−6%)} during 
the whole operation. At this temperature (1,550°C), the slag is not entirely liquid. It 
is made of about 40% solid dicalcic silicate (2 CaO-SiO2) and a liquid phase whose 
composition is located at the limit between the dicalcic silicate and the solid 
magnesia (MgO) (see [VIG 11a], Chapter 3, Figure 3.4.6). To keep the MgO content 
of the slag (at saturation) constant, the magnesia feed-rate has to be almost equal to 
its dissolution rate in the slag. Since the ferrosilicon reacts very quickly with the slag 
at the very high temperature of the operation, the overall process is controlled by the 
rate of dolomite dissolution in the slag. 


The reaction site is near the top of the slag bath [CHR 80]. Due to the location of 
the graphite electrode, the Joule heat is generated well below the slag surface and 
the heat of reaction is absorbed near the slag surface. A large thermal gradient is 
thus produced and induces a convective motion of slag. The liquid ferrosilicon 
droplets do not fall directly from the slag surface to the bottom of the furnace but are 
carried out by the convective motion of the slag and by magnesium vapor bubbles 
rising from the slag. Most of the reaction therefore occurs during the increased 
residence time of the droplets near the surface. While the reduction proceeds, the Si 
content of the drops decreases and the density of the drops increases. The Fe-Si 
drops settle under gravity through the slag layer and gather at the bottom of the 
furnace to form a metallic layer. The density of the slag is 2.7−2.9 g/cm3 at 1,550°C. 
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The density of the ferro-silicon drops varies from 3.4 to 6.9 g/cm3 when their 
composition goes from {Si (80%), Fe (20%)} to {Si(20%), Fe (80%)}.  


The thermodynamic analysis of reaction [5.4.1], see [VIG 11b], Chapter 4, 
section 4.7.2.2, shows that the reduction proceeds as long as the ferrosilicon has a 
silicon content of xSi>0.26 (15% Si in mass). Starting from a ferrosilicon charge 
with 75−85% Si, reduction of the magnesia occurs in practice up to a silicon content 
of 20% in iron, therefore in relatively good agreement with the approximation of 
thermodynamic equilibrium.  


If the slag were not saturated in magnesia, the activity of magnesia in the slag 
would decrease and therefore the yield of the reaction would also decrease. One of 
the aims of process control is to keep the slag composition constant. 


In order to operate at a higher pressure while keeping a high magnesia 
conversion rate, the superficial slag layer where most of the reduction occurs has to 
be heated to a higher temperature. In the Magnetherm process, the attainment of 
higher temperatures, and so higher magnesium pressures, is prevented by the onset 
of carbothermic reduction of the slag by carbon present in the lining. Furthermore, 
slag with a usual composition at temperatures higher than 1,800−1,900 °C is entirely 
liquid. The activity of MgO in the slag is therefore lower than the unit. To maintain 
MgO activity in the slag equal or close to the unit, the slag has to be saturated in 
MgO. At these higher temperatures, the slag has to be richer in MgO than usual.  


In a process in development known as the “Mintek thermal Magnesium process” 
[BAR 87, SCH 06], the operation is carried out in a DC arc electric furnace, at 
atmospheric pressure. This allows a continuous operation at a temperature of 
1,700°C, the slag having a composition of {MgO (25%), CaO (41%), Al2O3 (14%), 
SiO2 (20%)}. 
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Chapter 6 


Steelmaking Operations  


6.1. Overview of steelmaking operations  


Production of liquid steel from hot metal or iron scrap consists of the removal of 
the undesirable elements (Si, S, P, H, N and O), the reduction of the carbon content 
and the addition of alloy elements necessary to reach the desired properties of steels. 


The quality requirements, at the level of the impurities, O, P, S, N and H, the 
cleanliness (inclusion content), the requirements on carbon contents and alloy 
element contents (increasingly narrow composition ranges) has led to a significant 
evolution of the liquid steelmaking processing route. The steelmaking operation, 
once performed in a single vessel, is split into distinct operations in order to better 
optimize them. For example, among the impurities of hot metal, some are more 
oxidizable than iron; they are therefore easily removable from hot metal by the basic 
converting reaction, i.e. oxidation. The removal of sulfur, which requires strongly 
reducing conditions, is carried out before or after the conversion operation. Removal 
of hydrogen, which is one of the main impurities of steels, must be performed at the 
end of processing 


The “hot metal + basic oxygen converting” (BOF) processing route for the 
production of carbon steels from hot metal produced by the blast furnace is made up 
of four main refining operations (see Table 6.1.1): “pretreatment”; converting by 
oxidation with gaseous oxygen in a “converter”; refining in a ladle furnace; and a 
second refining under vacuum (see Figure 6.1.1).  


The processing route “iron scraps + electric furnace” for production of low alloy 
and alloy steels from selected scraps consists of melting the scrap charge in an 
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electric furnace (see Chapter 8, section 8.3) followed by a sequence of operations of 
the same nature as the hot metal processing route. Processing can be performed 
either in the same electric furnace, or in distinct ladle refining units. For stainless 
steels, refining operations are performed in a specific AOD (argon oxygen 
decarburization) converter, followed by a treatment under vacuum or directly by the 
VOD (vacuum oxygen decarburization) process, see Figure 6.4.1. 


The physico-chemical reactions occurring in these operations are studied in 
Chapters 5 and 7 of [VIG 11b].  


desulfurization


desulfurization  


Figure 6.1.1. Steel making: unit operations from hot metal (hot metal) to steel  


 Metallurgical 
reactors 


Reactions  


Hot metal pretreatments  Hot metal ladle  
Torpedo car  
Converter  


Hot metal desulfurization 
Desiliconizing/dephosphorization 
Dephosphorization  


Converting Converter  Desiliconizing 
Decarburization 
Dephosphorization  


Secondary refining 
(metallurgy) 


Ladle /ladle furnace  Deoxidation 
Steel desulfurization  
Analytical and thermal control 
(composition and temperature) 


Secondary refining 
(metallurgy) 


Vacuum degasser Decarburization (ultra-low carbon 
steels)  
Hydrogen and nitrogen removal  


Table 6.1.1. Steps and reactors involved in the defining of blast furnace  
hot metal and steel-making reactions  
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 C% Mn% Si% P% S% O% Temp 


Blast furnace 
hot metal  


4.5/5 0.20/0.30 0.25 0.080 0.080/
0.020  1,370°C 


Steel after 
converting 


0.05 0.10 0.00 0.015 0.015 0.050 1,650°C 


Steel after 
secondary 
refining  


0.0020   0.002 0.0015 0.0020  


Table 6.1.2. Typical compositions of blast furnace hot metal, steel after  
converting operations and secondary refining operations [RIB 94]  


6.2. Hot metal pretreatment operations  


Hot metal treatments for optimum converting [STE 89] (called pretreatments) 
depending on the processing routes can be made up of desulfurization or a series of 
operations: desiliconizing, desulfurization and dephosphorization.  


The usual pretreatment consists of a desulfurization, which is carried out in the 
torpedo car (transfer ladle) between the blast furnace and the converter, by injection 
of reactants (CaC2) into the hot metal and intense stirring of the reactive mixture. A 
hot metal with a sulfur content <50 ppm is thus obtained. An additional 
desulfurization can be performed after converting if necessary. These operations are 
carried out at both stages on a liquid metal with a very low oxygen potential, which 
is the condition necessary for the removal of sulfur by alkaline slags (see [VIG 11b], 
Chapter 7, sections 7.2.4.1 and 7.2.4.2).  


Another hot metal pretreatment route is successively made up of desiliconizing 
then, in a second torpedo car, dephosphorization and desulfurization. The 
desiliconizing is carried out by injection of iron oxide into the hot metal (see [VIG 
11b], Chapter 5, section 5.4.2.1). The simultaneous desulfurization and 
dephosphorization are obtained by injection of either soda ash (CO3Na2) or a (CaO + 
CaF2) mixture (see Figure 6.2.1). The “converting” of hot metal in the converter 
therefore consists of decarburization. It allows conversion to be carried out with a 
much lower amount of slag and thus a lower iron “loss” and reduced wearing away of 
the converter lining (refractory materials). This pretreatment processing route by 
CO3Na2 is being discarded due to pollution issues. 
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Figure 6.2.1. Hot metal pretreatments: desiliconizing with Fe2O3 additions 
dephosphorization desulfurization by soda ash (CO3Na2) [ISH 85] 


Another pretreatment processing route is being developed for high-carbon steels 
and stainless steels made from hot metal. It consists of performing the desiliconizing 
and the dephosphorization before the decarburization, by keeping the temperature of 
the hot metal in the converter at about 1,370°C (see Figure 6.2.2). In an OBM 
(bottom blowing) converter, lime powder (20 kg/ton of hot metal) is injected by the 
oxygen blowing tuyeres (6 Nm3/ton of hot metal). Iron ore (28 kg/ton of hot metal) 
and calcium fluoride are charged into the converter. This pretreatment is performed 
in the presence of the slag to be used in the following decarburization step. The 
phosphorus content decreases from 0.14 to 0.01%.  


 


Figure 6.2.2. Hot metal dephosphorization by bottom oxygen blowing and Fe2O3  
additions in the OBM or K-BOP [ISH 85] 


6.3. The hot metal converting operation  


The main reaction of the conversion of hot metal or scraps into steel consists of 
oxidation of the elements dissolved in the hot metal (C, Mn, Si and P) to remove 
them. This operation has been performed since it was introduced by Bessemer in 
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1856. It combines in contact, on a converter, the liquid hot metal with an oxidizing 
gas (air before the Second World War and oxygen after 1950), in the presence of an 
alkaline slag (rich in lime) within which the oxides are absorbed. 


The operation is semi-continuous and the system is semi-batch: the hot metal and 
scraps are charged in the converter. Oxygen is blown or injected, with a constant 
flow-rate during a given time. The lime (from which the slag is made) is either 
introduced at the start of the operation, or is injected continuously by the tuyeres or 
the lance. The contact patterns of the oxygen gas with the liquid phase control the 
physico-chemical processes, among them the formation of the slag. The flow-rate of 
the oxidizing gas is the operating parameter. It is limited by hydrodynamic 
phenomena due to the impact of a gaseous jet on a liquid bath: excessive projections 
of metal or slag overflowing from the converter.  


The converter is made of a steel shell, with a lining of refractory bricks. The 
volume is much larger than the volume of steel to be treated − about 7 to 12 times 
larger − in order to confine most of the metal projections that are produced during 
the blowing of oxygen and possible swelling of the slag due to foaming. This 
operation is very fast and last about 20 minutes for a mass of hot metal that can 
reach 300 tons. 


6.3.1. Oxygen converters and converting operations 


The differences between the converting operations are:  


– the oxygen blowing modes: top blowing by a lance located above the metallic 
bath or bottom blowing by tuyeres located in the converter’s bottom or by mixed 
blowing of oxygen by both a lance and tuyeres; 


– the lime powder charging modes: discontinuous with the hot metal charge or 
continuously via injection by the lance or tuyeres; 


–the inert gas bottom injection during oxygen blowing and once it has stopped. 


Figure 6.3.1 presents the evolution of the converters (for Kaldo, see Chapter 7, 
Figure 7.4.2) and the different types used nowadays. We can distinguish bottom 
blown converters: OBM converter (oxygen bottom maxhütte), where the oxygen is 
blown through submerged tuyeres, allowing a steady conversion without any metal 
projection or overflowing. This type of converter is also known as the Q-BOP and 
LWS converter.  
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Figure 6.3.1. The historical development of various oxygen converters [BOG 02]  


The tuyeres are cooled down by hydrocarbon injection through an annular space, 
whose dissociation is endothermic: 


– the number of tuyeres varies from 5 for a charge of 25 tons of steel to 16 for a 
charge of 200 tons of steel; 


– the flow-rate per tuyere varies from 34 to 47 Nm3/min, thus a flow-rate of 3.5 
to 5 Nm3/min × ton of steel; 


– the injection pressure is 6 atm. The velocity of gases at the exit of the tuyere is 
supersonic, producing a continuous gaseous jet.  


Powder lime that will form the slag can be continuously injected through the 
tuyeres.  
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An injection of inert gas through the tuyeres with a high flow-rate ranging from 
0.28−0.50 Nm3/min × ton of steel once the oxygen blowing has stopped 
(metallurgical stirring) produce decarburization and dephosphorization.  


− Top-blown converters: 


- LD converters (named after the Linz and Donawitz steel plants where this 
process was developed) with top oxygen blowing with a single lance are also known 
as BOP (basic oxygen process) or BOF (basic oxygen furnace. They have flow-rates 
ranging from 3−4 Nm3/min × ton of steel, producing supersonic gaseous jets. The 
hydrodynamic behavior of these supersonic jets is presented in Chapter 7, section 
7.4.1. Blowing oxygen above the liquid bath allows some post-combustion of the 
gas produced by the decarburization, from CO into CO2, to occur giving some 
flexibility regarding the proportion of scraps that can be charged with the hot metal. 
Some lances allow the continuous injection of powder lime. The huge volume of gas 
produced forms an emulsion with the slag and metal droplets are blown out of the 
bath due to the force of the oxygen jet.  


- LD-AB/LD-KGC/LBE converters operate with  continuous injection of inert 
gas (Ar, N2) at the bottom. The flow-rates range from 0.01−0.2 Nm3/ton.min (1−5% 
of the oxygen flow-rate), which provides strong stirring of the bath during the 
oxygen blowing. Once the oxygen blowing has stopped, there is a significant 
injection of inert gas that leads to additional decarburization and breaks the gas-slag 
emulsion (metallurgical stirring).  


− Mixed blown converters - the LD-OB and LET, converters where a significant 
proportion of oxygen  (20−40%) is blown from the bottom through the tuyeres 
protected by hydrocarbon blowing. Once the oxygen blowing has stopped, 
metallurgical stirring is performed; 


- the K-BOP converters with injection of powder lime through the tuyeres and 
blowing from the bottom of an O2 + Ar mixture at the end of the converting process. 


NOTE– The choice of converter depends on the type of steels to be produced (the 
carbon content being a significant parameter in the choice). It is not possible to deal 
with this issue in this book.  


6.3.2. Converting reactions and phases  


Here we describe the processing and reactions occurring in the most efficient 
processes: the OBM converters, with bottom oxygen blowing, and the LD (LD-AB 
and LD-OB) converters, with bottom stirring or mixed blowing, and with continuous 
injection of powder lime, either through the tuyeres or the lance. 
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Figure 6.3.2. Oxidation (of FeO, CO, etc.) at the impingement area of the oxygen jet and by 
primary slag droplets dispersed in the hot metal: a) top blowing by lance; and  


b) bottom blowing through tuyeres [RIB 86]  


The reactions occurring are as follows (see Figure 6.3.2):  


− At the impingement area of the oxygen jet (see [VIG 11b], Chapter 5, section 
5.3.1): whatever the oxygen injection mode, through the lance in the form of an 
emerged jet or through the tuyere in the form of an immerged jet, all the elements of 
the pig iron (C, Si, P, Mn, Fe, Ni, Cu and Cr), present in the bath’s superficial layers 
in the impingement area of the oxygen jet, are oxidized. This continues until 
complete consumption of the gaseous oxygen, leading to an increase in temperature, 
which reaches 1,800−2,100°C in the impact zone. There is formation of liquid oxide 
rich in Fe3O4. When powder lime is injected simultaneously with the oxygen, the 
lime dissolves in the oxide layer forming a primary slag basic and oxidizing. 


− This primary slag splits up into droplets scattered in the metallic bath. 


In bottom oxygen blowing (OBM), the bubbles of CO gas, which are 
simultaneously formed with the oxides, rise through the metallic phase, carrying 
away the primary slag droplets and leading to very intense stirring of the liquid bath. 
The residence time of the primary slag droplets is quite long.  


In top oxygen blowing (LD), the CO gas initially formed is directly released into 
the atmosphere by projecting metal droplets. The primary slag, which is formed at 
the surface of the liquid bath, is scattered in the metallic bath. The dispersion and 
residence time of the primary slag droplets depend on the stirring conditions. In the 
basic LD process, without any bottom gas blowing, the stirring is low and the 
residence time of the primary slag droplets in the metallic bath is short. The more 
intense the bottom stirring, the more significant the dispersion of the droplets and 
the longer their residence time in the metallic bath. 
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These primary slag droplets constitute the oxygen carrier for desiliconizing, 
decarburization and dephosphorization reactions that occur in the metallic bath (see 
[VIG 11b], Chapter 5, sections 5.3.2 and 5.4. and reactions [5.2.8] to [5.2.13]). The 
most important reactions are:  


Si(Fe) + (FeOx)(primary slag droplets) → (SiO2)(primary slag droplets) + Fe(in hot metal)   


C(Fe) + (FeO)(primary slag) → CO(g) + Fe  


2 P(Fe) + 5 (FeO)(primary slag) → (P2O5)(slag) + Fe   


The dispersion and residence time of the primary slag droplets are the basic 
parameters controlling the extent of these reactions. 


− The residual slag droplets are absorbed by the secondary slag layer, which 
forms progressively and floats above the metallic bath and is dispersed in the 
metallic phase.  


We can divide the converting operation into four phases:  


– First phase: oxidation of silicon and of manganese (see [VIG 11b], Chapter 5, 
section 5.4.2). The primary slag formed when the blowing starts is dispersed as 
droplets in a metallic bath whose temperature is still that of the hot metal:  
≈ 1,350°C. The reduction of the iron oxide in the slag droplets by silicon is the main 
reaction. Desiliconizing is total. The oxidation of manganese is high. 


– Second phase: decarburization (see [VIG 11b], Chapter 5, section 5.4.3) and 
dephosphorization by reduction of the iron oxide of the slag droplets after a few 
minutes of blowing. When the silicon content has decreased by more than 90%, 
decarburization reaches its maximum rate and becomes constant until reaching a 
carbon content of 0.2−0.3%. The CO bubbles, whose sizes increase, produce 
significant stirring. The iron oxide formed during this phase in the impact zone of 
the gaseous jet and contained in the slag droplets, is entirely reduced; the oxygen 
blown is in fine consumed, mainly by carbon. The FeO content of the secondary slag 
remains constant and very low (a few per cent).  


– Third phase: decarburization down to 0.05% and dephosphorization down to 
0.01%. The oxygen blown is still oxidizing the iron in the impact zone of the 
gaseous jet. As the metal is already significantly decarburized, the primary slag 
droplets are slightly reduced by the carbon in the hot metal; however, they oxidize 
the iron in the metallic bath by the following reaction to form the secondary slag: 


(x – 1) Fe(hot metal) + (FeOx)(primary slag) → x (FeO)(secondary slag)  
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The FeO content of the secondary slag increases with the decarburization 
reaching, 10−15% in modern processes (see Figures 6.3.3, 6.3.4 and 6.3.5). 


– Fourth phase: metallurgical stirring. This phase is carried out once the oxygen 
blowing has stopped, with significant injection of a inert gas from the bottom of the 
converter.  


In both processes, with strong stirring and continuous injection of lime powder 
we can consider that the extent of the metal-slag reactions is close to the 
thermodynamic equilibrium.  


6.3.3. Effects of blowing and lime charging conditions on the converting operation  


In bottom oxygen blowing (OBM), the gas bubbles and slag droplets formed 
must rise through the liquid metal bath before absorption by the secondary slag. 
They then produce strong stirring of the metallic bath, as long as the carbon content 
of the metallic phase remains high.  


When lime is introduced through the mouth of the converter, the primary slag 
droplets, which are mainly made of iron oxide (FeOx), are carried away by the CO 
bubbles. They rise through the liquid bath and undergo significant reduction by 
decarburization without any dephosphorization, which requires a strongly alkaline 
slag. During decarburization, the secondary slag floating over the liquid bath forms 
slowly. The iron oxide content in the secondary slag remains low (<5%), for 90% of 
the blowing, until the carbon content is reduced to<0.30% (see Figure 6.3.4). Then 
the reduction of the iron oxide droplets starts decreasing, the secondary slag that is 
progressively formed absorbs pieces of lime floating in the liquid bath. 
Dephosphorization then becomes possible and occurs at the end of the blowing.  


When lime powder is simultaneously injected through the submerged tuyeres, an 
alkaline slag (FeOx.CaO) forms immediately and dephosphorization occurs at the 
same time as decarburization, while the primary slag droplets rise through the 
metallic bath.  


In top blowing by a lance (LD), when the gas jet impinges on the liquid bath a 
cavity is formed (see Figure 6.3.2a). The primary slag droplets formed at the impact 
zone of the jet are scattered through the metallic bath, depending on the jet 
penetration depth. Their residence time therefore varies with the depth of this 
penetration and they are more or less rapidly absorbed by the slag floating over the 
hot metal bath. The jet penetration depth or cavity depth can be controlled by the 
height of the lance above the liquid bath (see section 6.3.6).  
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The effect of the penetration depth of the jet and stirring conditions (LD-AB and 
LD-OB) on the iron content of the slag at the end of the blowing stage, when the 
carbon content is low, is shown in Figure 6.3.3.  


With a lance far above the liquid bath hard blowing there is spreading of the jet, 
a small cavity depth and low stirring of the liquid bath. The pieces of lime that float 
at the surface of the metallic bath are absorbed in the iron oxide layer formed on 
impact of the jet and a rapid (oxidizing) slag forms. Dephosphorization occurs 
preferentially. The primary slag droplets are slightly decarburized and rapidly 
absorbed by the secondary slag. The iron oxide content of the slag during the second 
blowing phase is constant and is about 15%. 


With a lance near the liquid bath (soft blowing), the penetration of the jet and the 
cavity depth are large. The length of the paths of scattered slag droplets within the 
liquid bath and reduction by Si(Fe) and then C(Fe) of the iron oxide of the droplets 
increases with jet penetration. Decarburization occurs preferentially. The (FeO)(slag) 
content of the slag is kept at 10% for 80% of the blowing. In the LD processes with 
bottom stirring, the iron oxide content in the slag remains at 10 % for blowing 
conditions during the second phase. 


 


Figure 6.3.3. Iron content (as FeOt) in the slag at the end of the oxygen blowing stage in LD, 
LD-AB and LD-OB converters as a function of jet penetration depth, L, in the molten bath 


with respect to the molten bath height, H0 (L/H0) and for the LD-AB process as a function of 
mixing inert gas flowrates: 1) 0.10; 2) 0.24; and 3) 0.31 Nm3/min.ton of metal [KAW 81] 


6.3.4. Effects of blowing modes on system state at the end of blowing 


Once oxygen blowing has stopped, the set of experimental results available in 
the extensive technical literature, regardless of the dispersion, which is normal for 
any industrial operation, leads us to consider that in bottom blowing OBM the 
carbon and phosphorus contents and losses in iron, satisfy the thermodynamic 
equilibria. In the case of the top blowing LD, however, deviations from the 
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thermodynamic equilibria are significant when bottom stirring is nil (basic LD) and 
decrease with increases in bottom stirring: low (LD-AC) to moderate or strong (LD-
OB) [TUR 99]. 


After metallurgical stirring, the state of the system for any process corresponds 
to the thermodynamic equilibrium. 


6.3.4.1. Iron oxide content of the slag  


The iron oxide content of the slag, as a function of final carbon content, is 
compared in Figure 6.3.4 for both basic processes.  


For the basic LD process, without bottom stirring, the final (FeO)(slag) content of 
the slag is systematically higher (usually twice as high) than in the bottom blowing 
OBM process for any final carbon content.  


For the OBM process, the final (FeO)(slag) content of the slag corresponds to the 
equilibrium of the reaction (see [VIG 11b], Chapter 5, equation [5.4.5]):  


(%FeO)(slag) × C(Fe) = 0.8 to 1.25 at 1,600°C  [5.4.5] 


The effect of the blowing and stirring conditions on iron content of the slag for 
low carbon contents is presented in Figure 6.3.5.  


 


Figure 6.3.4. Iron oxide contents in the slag – carbon contents in the metal in  
LD (BOP) and OBM (Q-BOP) compared with the average equilibrium relation  


(see equation [6.3.1a]) [TUR 96] 
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Figure 6.3.5. Iron oxide contents in the slag and carbon contents in the metal at  
the end of the blowing stage in LD and LD-AB with argon stirring  


(hard and soft blowing) and OBM converters [KAW 81] 


For carbon contents >0.05%, in the case of LD processes with moderate to strong 
stirring and processes with oxygen bottom blowing (OBM), the final FeO content of 
the slag is of the same magnitude order: ≈10%.  


For carbon contents <0.05, the iron loss remains lower in the OBM process than 
in the other processes.  


6.3.4.2. Carbon and oxygen content of steel  


For the LD operation, the product of:  


C(Fe) × O(Fe) = 35 × 10-4  


is higher (see Figure 6.3.6a) at the end of the oxygen blowing, than at equilibrium 
under pCO = 1 atm.  


With bottom stirring during blowing (LD-AB), the product reached, C(Fe) × O(Fe), 
is in same order of magnitude of the equilibrium value (see Figures 6.3.6a and b and 
6.3.7 ):  


%C(Fe) . %O(Fe) = 20 × 10-4.pCO at 1,600°C   


, and [VIG 11b], equation 5.4.7][
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 In the mixed blowing operation with bottom stirring with an argon-oxygen 
mixture (LD-OB), at the end of blowing the C(Fe) × O(Fe) product reaches values 
corresponding to pCO ≈ 0.5 atm (see Figure 6.3.8)1.  


 


Figure 6.3.6. a) Average values of the product %C(Fe) . %O(Fe) at turndown  
with a top-blowing LD operation and with mixed blowing (LD –OB operations);  


and b) turndown carbon and oxygen contents in BOP steel making with and  
without bottom gas injection [TUR 96] 


                                   
1 In the mixed processes with oxygen blowing through a lance, from the bottom and in the 
bottom process, with a cooling fluid, and in processes with bottom blowing of a O2 + Ar 
mixture, pCO <1 is equal to:  


pCO = 2 QO2 /(2 QO2 + Qd)  


where Qd is the flowrate of the additional fluid of the tuyeres. Factor 2 is due to the fact that 
one mole of oxygen gives two moles of CO. In the case of propane, Qd = 4 Qpropane as one 
mole of propane gives four moles of hydrogen.  
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Figure 6.3.7. Turndown carbon and oxygen contents in a top oxygen blowing LD-AB 
operation with various stirring gases (CO and N2) [KIS 90] 


 


Figure 6.3.8. Turndown carbon and oxygen contents in a mixed oxygen blowing LD-OB  
(K-BOP) operation with various bottom blowing stirring gases: ordinary blowing  
bottom gas O2 (LD-OB); or Ar-O2 /CO2-O2 bottom gases (IOD: inert and oxygen 


decarburization) [KIS 90] 


The average C(Fe) and O(Fe) contents in the metallic phase reached by the different 
operations, depending on the intensity of stirring once oxygen blowing has stopped 
(before metallurgical stirring) are presented in Figure 6.3.9. In the efficient 
processes (LD with strong stirring and OBM), the %C(Fe) × %O((Fe) product is very 
close to the value corresponding to thermodynamic equilibrium (see equation 
[6.3.8]).  
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Figure 6.3.9. Mean carbon and oxygen contents and %C(Fe) × %O(Fe) at turndown as a 
function of the mixing intensity for various converting operations [NIL 85]  


The C(Fe) and O(Fe) contents in the metallic phase usually reached in the different 
operations (see Figure 6.3.9) are in the order of: 


– by a lance blowing LD: %C(Fe) ≈ 0.05; %O(Fe) = 0.06; 


– by lance blowing and moderate stirring: %C(Fe) ≈ 0.035;  
%O(Fe) = 0.06; 


– by oxygen bottom blowing, OBM: %C(Fe) ≈ 0.02; %O(Fe) = 0.06.  


Once the oxygen blowing has stopped, the injection of an inert gas with a high 
flow-rate, allows us to reach carbon contents <50 ppm and oxygen contents of 
300 ppm by natural decarburization. The %C(Fe) × %O(Fe) products correspond to a 
pressure of pCO = 0.02 atm (see [VIG 11b], Chapter 5, Figures 5.6.1 and 5.6.2). 


6.3.4.3. Phosphorous content of steel  


The partition coefficient of phosphorous between the slag and steel, at 
equilibrium, is function of O(Fe) content and thus of the FeOx(slag) content and of the 
basicity of the slag.  Some relations deduced from industrial results are presented in 
[VIG 11b], Chapter 5 (expressions [5.4.17] to [5.4.21]).  


Figure 6.3.10 presents the effect of stirring conditions on the values of the 
partition coefficient that can be reached. The stronger the stirring; the greater the 
partition coefficient of phosphorous. In the lance blowing processes, when stirring is 
low, dispersion of slag in the metallic phase is low (large size of droplets and low 
mean residence time in the metallic phase). Thus the extent of the dephosphorization 
reaction is low. The variations of the partition coefficient of phosphorous as a 
function of iron content of the slag are similar for the OBM and the LD processes 
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with strong and efficient stirring of the order indicated in [VIG 11b], Chapter 5, 
Figure 5.4.7.  


 


Figure 6.3.10. Effect of the stirring intensity and Fe content of the slag at turndown on the 
partition coefficient of phosphorous between slag and metal [NIL 85] 


 


Figure 6.3.11. Phosphorous content in the metal as a function of the iron content of the slag 
and various inert stirring gas flowrates (Nm3/min. ton metal) for LD, LD-AB, LD-OB 


operations at turndown [KAW 81] 
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Figure 6.3.11 presents steel phosphorous contents after the third converting step 
as a function of (FeO)(slag) content of the slag and of blowing conditions in the LD, 
LD-AB and LD-OB processes. The less intense the stirring, the higher the (FeO)(slag) 
content in the slag must be (and the larger the amount of oxygen to be blown) to get 
the same decrease in phosphorous content. 


The mass of lime charged is the second operating parameter allowing the 
consumption of iron and dephosphorization to be controlled. The mass of lime, 
continuously or discontinuously charged, depends on the silicon content of the hot 
metal and on the basicity aimed for at the highest dephosphorization. A hot metal 
with a low silicon content leads to a basic slag with a small amount of lime. This is 
the reason why the operating conditions of the blast furnace aim to obtain a hot 
metal with low silicon content.  


Protection of the converter lining is achieved by coating the lining with a 
partially solid slag. This requires a slag containing about 20% solid phase; the slags 
have to be close to CaO saturation (see [VIG 11b], Chapter 5, Figures 5.4.6a and 
5.4.7a).  


6.3.5. Thermodynamic modeling for burden calculation  


Thermodynamic modeling assumes that, at the end of the operation, the system 
has reached a state close to thermodynamic equilibrium. This is a reasonable 
hypothesis owing to the high temperatures of these operations and the intense 
stirring due to the decarburization operation and to the bottom injection of inert gas 
at the end of the refining process (metallurgical stirring). The hypothesis is validated 
by the results of industrial operations [TUR 98]. The thermodynamic basics of this 
kind of modeling are presented in [VIG 11b], Chapter 5, section 5.4.5. We then have to 
calculate:   


– the mass of lime, CaO, to be injected: L0; 


– the mass of scraps to be charged; 


– the mass of oxygen to be blown GO2. t; 


to reach the goal of: 


– carbon content, %C1; 


– phosphorous content, %P1; 


– temperature of casting, T1; 


– mass, L1, and optimal slag composition: lime saturation and optimal FeOt 
content; 
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from an initial state, i.e. from the following set of data:  


– mass of hot metal burden, B0;  


– hot metal composition, %C0, %Si0, %P0; 


– hot metal temperature, T0;  


with the main constraint of minimizing iron losses. 


The constitutive equations allowing the calculation of the “burden” are:  


– the components’ mass balances (Fe, C, Si, P, O, Ca); 


– thermal balance; 


– partition coefficient of phosphorous between the slag and the metal; 


– relations between the molar concentrations of the components in each phase. 


The mass balances can be written as:  


– oxygen balance at the end of blowing, made up of the following terms: 


1) a fraction of the oxygen, mFeO, is consumed by the oxidation of iron, which 
leads to loss of iron, 


2) a fraction of the oxygen mO is dissolved in the metal, 


3) a fraction, mMO, is consumed by oxidation of the Si, Mn and P elements,  


4) a fraction, mC, is consumed by the decarburization process, 


5) a fraction is consumed by a secondary combustion of CO into CO2 in the 
“fumes”, mS, thus:  


 mO2 = GO2.t = mFeO + mO + m MO + mC + ms [6.3.1a] 


GO2.t = L1 . (%FeO)1(MO/MFeO) + B1 . %O1 + B0 . (%Si0)(MO/MSiO2) 


    + (B0 . %C0 – B1 . %C1) . (MO/MC) + Qs [6.3.1b] 


where GO2 is the mass flow-rate of oxygen blown and Mj is the molar weight of 
component j.  


For the balances of iron, silicon and phosphorous elements, we write that the 
oxidized amounts are absorbed by the slag:  
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– iron balance: 


B0 . %Fe0 – B1 . %Fe1 = L1 . %(FeO)1 . (MFe/MFeO)  [6.3.2] 


– silicon balance: 


B0 . %Si0 = L1 . %(SiO2)1 . (MSi/MSiO2)  [6.3.3] 


– phosphorous balance: 


B0 . %P0 – B1 . %P1 = L1 . %(P2O5)1 . (MP/MP2O5) [6.3.4] 


– lime balance:  


L0 = L1 . %(CaO)1 [6.3.5] 


To these balances we have to add the relations between the component contents 
in each phase:  


%(CaO)1 + %(SiO2)1 + %(FeO)1 + %(P2O5)1 = 1 [6.3.6] 


%Fe1 + %C1 + %O1 + % P1 = 1 [6.3.7] 


Finally, the mass of charged lime, L0, has to be such that the molar ratio 
CaO/SiO2 is equal to 2, thus:  


{(%(CaO)1/MCaO)} . {MSiO2/%(SiO2)1} = 2  [6.3.8] 


and the relations giving the equilibria (%FeO)(slag) × C(Fe) [6.3.1a] and %C(Fe).%O(Fe) 
[6.3.1b]. 


For the two first blowing phases, the calculation of the amount of oxygen 
required to desiliconize and decarburize the hot metal down to a carbon content of  
%C1= 0.3% is simple if we consider that:  


– the FeO content  of the slag is constant and is: 


- (FeO)1 = 10% under mixed blowing conditions, 


- (FeO)1 = 5% under bottom blowing conditions; 


– the oxygen content of the metallic bath is very low, thus %O1 = 0; 
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– the amount of oxygen consumed by the dephosphorization operation is very 
low and %P1 = 0;  


– we decide to stop the first phase at a given carbon content C1 equal to 0.3%. 


So for the calculation lime mass, L0, and the amount of oxygen to be blown the 
data about (FeO)1 content of the slag allow calculation of the sum {%(CaO)1 + 
%(SiO2)1} by equation [6.3.6]. Equation [6.3.8] allows the calculation of %(CaO)1 
and %(SiO2)1. Equation [6.3.3] leads to L1. Equation [6.3.5] leads to the mass of 
lime to be charged, L0. Equation [6.3.2] leads to the calculation of B1 and equation 
[6.3.1] leads to the amount of oxygen to be blown. 


During these two phases, the thermal balance is easily established by writing that 
the desiliconizing reaction enthalpy (extremely exothermic) and the decarburization 
enthalpies increase the temperature of the hot metal bath to its final temperature. 


To calculate the amount of oxygen necessary to obtain the final carbon and 
phosphorous contents in the steel, we have to consider repartition of the oxygen 
between the metallic phase, the slag in the form of (%FeO)1 and the carbon: 


– the oxygen fixed by iron (losses) can be calculated by equation [6.3.1a], which 
connects the (FeO)(slag) content of the slag and the (desired) carbon content at 
equilibrium (see Figures 6.3.4 and 6.3.5);  


– the oxygen dissolved in the metallic phase can be calculated by equation 
[6.3.1b] connecting the desired carbon and O(Fe) content at equilibrium (see Figures 
6.3.6 and 6.3.7); 


– the oxygen required for decarburization can be calculated by the balance:  


mC = (B1.%C1 – Bf .%Cf)16/12 


with %C1 = 0.3; %Cf = desired value, and B1 = Bf; 


– the oxygen required for dephosphorization can be calculated by the 
phosphorous balance (equation [6.3.4]), with %Pf = desired value. 


Typical mass balances and thermal balances are reproduced in Table 6.3.3.  


A model for the converter’s burden calculation taking into account both 
economic considerations and physico-chemical criteria (optimal slag composition 
and grade of steel to be produced) has been established for the blowing stage of a 
converting operation by Gaye [GAY 82] (see also [PEE 96]).  


A model dealing with calculation of the burden of the electric furnace operation 
has been established by Nyssen [NYS 99]. 







172     Extractive Metallurgy 3 


 Component Weight/volume 
of component 


Charging 
scraps and 
ore  


Charging 
maximum 
scraps  


Input (per 
ton of steel) 


Hot metal 
Scraps 
Ore 
Lime 
Dolomite 
Oxygen 


kg 
kg 
kg 
kg 
kg 
m3 


929 
121 
30 
2 
7 
44 


850 
212 
3 
22 
5 
45 


Output(per 
ton of steel) 


Steel 
Slag 
Gas 
Dusts 
Projections 


kg 
kg 
m3kg 
kg 


1,000 
51 
82 
12 
4 


1,000 
46 
75 
12 
4 


  Iron yield 96.6 96.8 


 
  Enthalpies 


(MJ/ton steel), 
case no.1 


Enthalpies 
(MJ/ton steel) 
Case, no. 2 


Input Hot metal enthalpy 
Carbon oxidation (in CO) 
Mn oxidation 
P oxidation 
Si oxidation 
Fe oxidation 
Combustion of CO in CO2 
Ore reduction 
Total  


1,142 
538 
8 
22 
82 
45 
10 
-149 
1,788 
 


1,045 
491 
7 
19 
76 
40 
94 
-15 
1,755 


Output Liquid steel enthalpy 
Slag enthalpy 
Gases enthalpy 
Thermal losses 
Total  


1,408 
114 
193 
73 
1,788 


1,408 
100 
174 
73 
1,755 


Table 6.3.3. a) Mass balances; and b) thermal balance [RIB 94] 


6.3.6. Process control of a converting operation  


The aim of refining the hot metal burden is to obtain steel with a given 
composition (carbon and phosphorus content) at a given temperature.  
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The process control of an operation is based on on-line measurements and 
models. 


Continuous measurements of the flow-rate of the oxygen injected (or blown) and 
of flow-rate of the fumes (CO + CO2) are carried out. After blowing ≈90% of the 
oxygen predicted by the model, instantaneous measurements of the temperature and 
carbon content of the bath are performed with a “sublance”.  


The basics of thermodynamic modeling have been presented in the previous 
section. In practice, two models are used:    


– A “ballistic” model dealing with a priori calculations of the oxygen mass to be 
blown and lime mass to inject as a function of the mass of hot metal charged in 
order to obtain both desired steel composition and temperature. This model is based 
on the mass balances (see equations [6.3.1] to [6.3.5]), thermal balances and degree 
of lime saturation of the desired slag. 


– A corrective model said to be “dynamic”. This considers the gaps between the 
desired composition and the composition obtained after 90% of blowing to get the 
final composition desired.  


The operation is divided into three stages: 


– an oxygen blowing phase, up to 90% of the amount of oxygen calculated; 


– a final blowing phase, with ore charging if necessary; 


– a metallurgical stirring phase, which can last from one to two minutes. This 
occurs by injection of an inert gas through the tuyeres and new measurement of the 
composition and temperature. During this phase, decarburization and deoxidation 
processes, as well as some additional dephosphorization, occur. 


In the case of a LD converter, process control is achieved by moving the lance 
height with respect to the metallic bath in order to achieve either soft or hard 
blowing. It has two main goals: the formation of a foaming slag without overflowing 
or projections outside the converter; and (FeO)(slag) content of the slag at a given 
level during blowing to achieve dephosphorization from the start of oxygen blowing. 
When the blowing starts, the lance is held in an upper position to obtain low 
penetration and the rapid formation of a secondary slag (the iron oxide formed at on 
impact of the jet is absorbed by and makes up the slag). The lance is then lowered 
down to obtain a better penetration and significant decarburization and 
dephosphorization. The movement of the lance is controlled by the calculator in 
order to keep the iron content of the slag at a given level. This iron content is 
continuously calculated by an oxygen balance. At any time, we know the total 
amount of oxygen blown by the lance and the oxygen released by the ore (if any). 
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The measurements of the flow-rate and composition of the “fumes” (CO/CO2) allow 
us to calculate the amount of oxygen fixed by the carbon.  


The evolution of oxidation of the Si, Mn and P elements being reproducible from 
one burden to the other, the amount of oxygen fixed by these elements is known. 
The difference between the amount of oxygen blown and the amounts of oxygen 
fixed by C, Si and Mn gives an estimate of the amount of oxygen fixed by iron. The 
height of the lance is thus automatically set during the blowing process (an increase 
in the height of the lance leads to a more significant oxidation of iron; a decrease in 
the height leads to more significant oxidation of carbon).  


In the final oxygen blowing phase, the measurements carried out by the 
“sublance” of the temperature and carbon content of the metallic bath, when 90% of 
the oxygen has been blown, lead to the gap between the calculated (desired) values 
and the real ones. We can then recalculate the amount of oxygen to be blown in 
order to obtain the desired carbon content and temperature at the end of this phase. 
The amount of oxygen to be blown has to consider slowing down of the 
decarburization rate (or rather the decarburization rate as a function of oxygen flow-
rate) when the carbon content in carbon below ≈ 0.1−0.2% and the simultaneous 
increase of iron oxidation. Here we present an equation established by IRSID 
(Arcelor-Mittal) (private communication):  


dC/dO2 = (a + b/C2)–1  


where dC/dO2 represents the decarburization rate at time t, expressed in kg of burnt 
carbon per unit volume of oxygen. a stands for the volume of oxygen required to 
oxidize 1 kg of carbon into CO and b is a constant that gives the partition of oxygen 
between carbon and iron at the end of the refining process.  


To obtain the final temperature desired, additions of carbon are then calculated 
by the thermal balance.  


6.4. Stainless steelmaking operations  


6.4.1. Converters and processing routes  


The production of stainless steel by refining chromium-rich scraps can be 
achieved by several processing routes, each route made up of three stages (see 
Figure 6.4.1):  


− the melting of the scrap burden in an electric arc furnace;  
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− a primary refining of the melt (mainly decarburization by oxidation in the 
oxygen blowing stage) performed either in an AOD (argon oxygen decarburization) 
converter or in a VOD converter (vacuum oxygen decarburization); and  


− a secondary refining with reduction of chromium oxide and vacuum degassing 
mainly in a VOD converter or in a ladle metallurgy station. During this last stage, 
desulfurization occurs. 


Continuous
   casting


Casting
  ingot


 


Figure 6.4.1. Stainless steel-making flowcharts: refining steps [CUN 08] 


The electric arc furnace burden is made up of stainless steel scraps and 
ferroalloys. Chromium is introduced in carburized ferro-alloys and so the carbon 
content of the charge after melting is 1.5%.  


 


Figure 6.4.2. Stainless steel making; schematic of a cross-section of an  
AOD converter [CUN 08] 


In the AOD converter (see Figure 6.4.2), the union carbide process is the 
decarburization carried out. An oxygen-inert gas mixture is blown into the liquid 
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bath by horizontal tuyeres located in the lower part of the converter. The number of 
tuyeres varies from three to seven, depending on the capacity of the converter, 
which varies from 50−150 tons. The relative proportions of oxygen and argon vary 
during the operation. To shorten the decarburizing stage, some AOD converters are 
equipped with a top lance allowing top oxygen blowing. 


The OBM converter is also used for the production of stainless steels, with 
injection of an oxygen-inert gas mixture. The process is known as the K-OBM-S 
process. 


 


Figure 6.4.3. Stainless steel making: cross section of a VOD converter [CUN 08] 


The VOD converter (see Figure 6.4.3) combines both the oxygen blowing 
process using a lance above the liquid bath and the injection of inert gas using 
simple tuyeres located at the base of the vessel with low flow-rates, the vessel being 
under a vacuum. The VOD converter is mainly used for vacuum degassing and the 
reduction reactions after a first decarburization in the AOD converter (see Figure 
6.4.1).  


6.4.2. Reactions 


The reactions occurring during a production operation of a stainless steel are 
presented in [VIG 11b], Chapter 5, section 5.5.  
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The decarburization of typical stainless steel melts may be divided into two 
distinct phases.  


During the first phase, decarburization of the liquid bath occurs with very low 
chromium losses. The rate of decarburization is constant, is independent of the 
carbon content of the melt and is only a function of the rate at which oxygen is being 
supplied. The chromium oxide formed on impact with the oxygen jet is reduced in 
the melt, ([VIG 11b], Chapter 5, reaction [5.5.2]). Decarburization and chromium 
oxide reduction are achieved by injecting or blowing certain oxygen flow-rates per 
ton of liquid metal that are much lower than in the converting operations of hot 
metal: 


– in the order of 1 Nm3O2/min.ton of steel during the first phase of an operation 
by the AOD process; 


– in the order of 0.5 Nm3O2/min.ton of steel during the first phase of an 
operation by the VOD process. 


This operating mode allows us to decrease the carbon content from 1.5% to 
0.02% with chromium losses ranging from 1−2%.  


When the carbon content of the melt has decreased to a value where the 
chromium oxide still formed on impact with the oxygen jet is no longer reduced and 
chromium losses increase significantly. To avoid or minimize chromium oxidation, 
special operating procedures are carried out in VOD and AOD converters.  


6.4.3. Operating procedure in a VOD converter  


The burden in this converter has an average composition of C 1.5−2%, Cr 
11−26 % at 1,600°C. The operation consists of three phases:  


– a decarburization phase by blowing oxygen with an oxygen flow-rate of 0.5 
Nm3/min.ton of metallic bath, for 30 to 60 minutes under a pressure of 0.1−0.2 atm 
(1 to 2 × 104 Pa). The critical carbon content is 0.025%, separating the two possible 
oxygen-blowing sub-phases (see Figure 6.4.4); 


– a degassing phase under vacuum ranging from 1 to 5 × 10-3 atm (100−500 Pa), 
with argon blowing for 70 to 120 minutes, where an additional decarburization 
occurs. The final carbon content can reach 3−10 ppm (path AB in [VIG 11b], 
Chapter 5, Figure 5.6.1); 


– a reduction phase of the chromium oxide absorbed by the slag by additions of 
Fe-Si. This phase lasts 40 minutes under a vacuum of 100−500 Pa at a temperature 
from 1,640−1,750°C. 
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Figure 6.4.4. Stainless steel making in VOD converter stages: a) first stage − oxygen blowing 
and decarburization; and b) natural decarburization under vacuum [KAI 97]  


6.4.4. Operating procedure with an AOD converter 


For an operation in an AOD converter, a typical operating procedure from a 
burden with a carbon content of 1.5% is: 


– in a first phase, blowing of oxygen at a flow-rate of 1 Nm3 O2/min.ton of steel 
up to a carbon content of 0.3%;  


– in a second phase, an argon/oxygen mixture is blown with a ratio increasing 
stepwise from a value of 1:4 to 1:2, and up to 9:1 if necessary. By decreasing the CO 
pressure, decarburization by reaction [5.5.5] (in [VIG 11b], Chapter 5,) and 
reduction of the chromium oxide still formed (in decreasing amounts) on impact 
with the jet by reaction [5.5.2] (in [VIG 11b], Chapter 5) can be efficient. Carbon 
contents of 0.02% can be achieved with small chromium losses.  


Models of the decarburization phase of the AOD and VOD process have been 
established by [DIN 00, REI 95, WEI 02]. 
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6.5. Ultra-low carbon steel-making operation 


Decarburization mechanisms are dealt with in [VIG 11b], Chapter 5, section 5.6 


Ultra-low carbon steels can be obtained in the converter at the end of converting 
by metallurgical stirring “argon blowing” (see section 6.3.4.2). 


6.5.1. Decarburization in a RH-OB converter 


The RH –OB unit is made up of a ladle and a vessel, where vacuum can reach 2 
mbar (see Figure 6.5.1). The steel circulates from the ladle up to the vacuum vessel 
and back to the ladle through two tubes (snorkels) immerged in the molten metal in 
the ladle. Metal circulation is achieved by a lift gas injected in the ascending snorkel 
with flow-rates of 2−2.5 m3/min. A high metal flow-rate (of 100−150 ton/min for a 
240 ton ladle) is achieved and only a limited fraction (1/20) of the metal in the ladle 
is present each time in the vacuum vessel and is decarburized. Two oxygen tuyeres 
allow the injection of oxygen directly into the metal contained in the vacuum vessel, 
with flow-rates that can reach 800 Nm3/hour. This unit is called a RH-OB converter. 
When the carbon content within the metal exceeds 400 ppm, it is necessary to inject 
oxygen into the metal in order to decarburize it (see [VIG 11b], Chapter 5, Figure 
5.6.1, path CAB).  


 


Figure 6.5.1. RH-OB converter for decarburization of steels [DOR 96]  
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Figure 6.5.2. DH unit [DOR 96] 


In a RH-OB operation, decarburization occurs via three mechanisms [SAI 99]:  


– spontaneous CO boiling in the metal layer just beneath the bath surface in the 
vacuum vessel, where carbon and oxygen contents are in excess with respect to the 
equilibrium partial pressure (see equation [6.3B]). The rate-controlling process is the 
carbon transport process in the metal; 


– decarburization in the ascending snorkel, where the lift gas is injected as gas 
bubbles in contact with the metal; 


– decarburization of metal drops projected into the vacuum vessel when bubbles 
burst. 


The experimental results [SAI 99] show that during most of the treatment 
spontaneous CO boiling is responsible for the largest part of the decarburization 
process. At the end of the treatment, CO boiling is no longer active. At ultra-low 
carbon contents decarburization of metal droplets projected in the vacuum vessel 
becomes dominant. 
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The modeling of a RH-OB operation is established from the equations giving 
evolutions of carbon content in the vacuum vessel and the ladle [KAT 95, KLE 95, 
SAI 99].  


The carbon content in the ladle, [C](ladle), varies as: 


- d[C](ladle) /dt = GM/mladle ([C](ladle) – [C](vessel) )  [6.5.1] 


where Gmetal is the mass flow-rate of steel circulating between the ladle and the 
vacuum vessel. mladle is the mass of metal in the ladle.  


The vacuum vessel is modeled as a perfect steady-state mixed flow reactor 
(CSTR) in which a pseudo-chemical reaction of the first order occurs, whose 
performance equation is given by: 


- GM/ρM ([C](ladle) – [C](vessel) ) = ka. Vvessel [C](vessel) [6.5.2]  


where the product, ka. Vvessel, is expressed as:  


ka. Vvessel = S hC(Fe)  [6.5.3]  


where S is the metal surface in contact with the vacuum atmosphere, which can be 
much higher than the area of the cross-section of the vessel, Svessel; and hC(Fe) is the 
mass transfer coefficient of carbon in the metallic phase (m/s). 


The kinetics of the vacuum decarburization (see equation [6.5.1]) taking into 
account equation [6.5.2] follows a first-order law: 


d[C](ladle) /dt = k'a [C] (ladle) or [C] (ladle) = [C]0 (ladle) exp(–k'at)  [6.5.4] 


where the overall coefficient k'a is given as a function of the apparent rate constant 
ka by:  


k'a = a M ladle


a M vessel


k G m
k G m+


 [6.5.5] 


The circulation flow-rate of the metal, Gmetal, is given by:  


Gmetal = 112 (Qg)1/3 . D4/3 (lnPO/Pladle )1/3
        [6.5.6]  


where Qg is the gas flow-rate in Nm3/min, D is the diameter of the ascending snorkel 
(m), PO is the atmospheric pressure and Pvessel the pressure within the vessel. The 
amount of metal in the vacuum vessel, mvessel, is given by the pressure difference 
between the vessel and the atmosphere, the geometry of the vessel and the effective 
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density of the steel diluted by the inert gas and CO being released. This is about  
6 ton/m3. The pressure in the vacuum vessel varies as:  


dP/dt = PO/Vvessel (Qg, vessel – Qg, sucked)  [6.5.7] 


where Qg, sucked is the gas flow-rate sucked by the vacuum pumps.  


Evolution of steel carbon content during decarburization in the RH-OB is 
presented in Figure 6.5.3.  


 


Figure 6.5.3. Variation over time of the carbon content of steel in an  
RH-treatment [NAD 90]  


 


Figure 6.5.4. Decarburization by the RH process − comparison of the variation of the 
product ka. Vvessel /Svessel = S hC(Fe) /Svacuum vessel (equation [6.5.3]), as a function of carbon 


content in the ladle as measured on an industrial station and calculated by the model for two 
levels of total gas injection flow rates [SAI 99] 
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 The apparent rate constant, ka, plotted as the product, ShC(Fe) /Svessel (see equation 
[6.5.3]), which is specific to the decarburization constantly decreases while the 
carbon content decreases, see Figure 6.5.4.  


The overall constant, k'a, remains relatively constant down to around 30 ppm 
carbon and then significantly decreases within the ultra-low carbon steels. The 
overall constant, k'a, depends on the inert gas flow-rate, Qg, and the initial oxygen 
content of the metallic phase. It ranges from k'a = 0.14 min-1 when %O(Fe) 800 ppm 
to 1,068 min-1 when %O(Fe) = 300 ppm. The carbon content reached is equal to 
20 ppm and the pressure in the vacuum vessel goes from 0.71 to 0.055 bar.  
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Chapter 7 


Sulfide and Matte Smelting and  
Converting Operations  


7.1. Overview of the operations and processes  


The pyrometallurgical processing routes of nickel, copper and lead extraction 
from sulfide ores consist of a series of smelting and converting operations of sulfide 
concentrates and mattes. The routes are presented in Chapter 10, sections 10.3.1, 
10.4.1 and 10.6. The reactions performed in the successive operations of these routes 
are studied in [VIG 11b], Chapter 6, sections 6.4 and 6.6.  


The aims of these smelting and converting operations, starting from concentrates 
or mattes containing 50% or more of iron sulfide, are to remove this iron, then 
sulfur, by successive and controlled oxidations and to obtain either blister copper or 
metallic nickel by minimizing copper and nickel losses. To do so, the processing 
route is divided into two or three operations.  


The sulfide concentrates smelting operations are carried out by: 


– flash-smelting where concentrate particles are injected into a gaseous jet and 
undergo an extremely rapid smelting-oxidation, the oxidized drops formed making 
up a slag layer in contact with a liquid matte bath where the unconverted sulfide 
particles dissolve; or 


– in-bath smelting where the sulfide particles are projected and incorporate 
themselves into a matte before reacting. The transformation is produced between the 
liquid and oxidizing gaseous phases.  
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In these smelting operations, sulfide concentrates Cu-Fe-S, Ni-Fe-S and Cu-Ni-
Fe-S, are converted into mattes with high copper, nickel and Cu-Ni contents 
(60−70%), and residual FeS contents high enough for very low copper or nickel 
losses in the slag (<1%, see [VIG 11b], Chapter 6, Figures 6.4.1 to 6.4.3).  


Converting of the mattes into metal is performed by two successive operations 
(see Chapter 10, Figures 10.3.1 and 10.4.2): 


– primary converting of the smelting matte into an almost pure Cu2S or Ni3S2 
matte  (an operation called white metal blow for copper) by controlled removal of 
iron sulfide from the smelting matte;  


– secondary converting of the copper sulfide matte into blister copper around 
1,200 °C; this operation is called copper blow (see Chapter 10 of this volume, Figure 
10.3.1). It also converts nickel sulfide into nickel. Both reactions occur at around 
1,600°C. 


During the final operation, the nickel and copper losses (into the slag) increase as 
the conversion proceeds. The recovery of these “metals” can be obtained either by 
recycling the slag from the last operation to the previous one (see [VIG 11b], 
Chapter 6, Figure 6.5.1) or by a slag cleaning operation (see Chapter 7, section 
7.2.1).  


For the processing of lead concentrates, direct smelting processes have been 
developed and are industrially used (Outokumpu, Kivcet, QSL and Ausmelt 
processes). An exhaustive technical and economical analysis of three processes has 
been performed by Peacey [PEA 00]. The conclusion of this study, regarding the 
choice of process, highlights the difficulty of the choice from the results of pilot 
tests and besides the fact that any industrialization reveals new problems that are 
often hard to resolve. “The final decision will result from a subjective choice for a 
given application”, said Peacey. 


In the in-bath smelting and converting operations, contact of the gaseous phase 
with the liquid phase occurs (see Chapter 6, section 6.3.1 for the same steel-making 
operations). Contact occurs: 


– by bottom blowing: (submerged gas) injection by bottom or side tuyeres or 
bottom porous plugs into molten baths; or 


– by top blowing injection lance, impinging gas jet on the molten bath or top 
submerged lance (TSL). 


Injections of neutral gas through porous plugs have also been performed in order 
to stir the liquid bath. 
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The reactors are operated with continuous blowing of gas and discontinuous 
charging or continuous feed of the materials to be converted.  


An exhaustive technical and economical analysis of three processes has been 
performed by Mackey [MAC01]. 


The design and sizing of the reactors and the process control of the operations 
are based on two features:  


– the reactions being strongly exothermic: the thermal balance sets the level of 
oxygen enrichment of the injected air, the size of the reactor and the process control 
of the operation to maintain the optimum temperature; 


– the fractional conversion of the sulfides: this is controlled by the ratio of the 
oxygen in-blast input rate and the concentrate input rate (feed to oxygen ratio). All 
the oxygen blown is consumed by the oxidation of the sulfides contained in the 
mattes. The oxygen flow-rate is the operating parameter. 


In this chapter, smelting and converting operations are dealt with according to 
the contact pattern (mode) of the oxidizing gas and matte: 


– flash-smelting operations are carried out by the following processes: 


- Outokumpu process for copper and nickel concentrates, 


- INCO process for Ni-Cu concentrates, 


- Kivcet process for Pb-Zn concentrates; 


– in-bath smelting and converting operations with bottom (side) blown injection 
are carried out:  


- in the Peirce-Smith converter for converting copper and nickel mattes, 


- in the Noranda smelting reactor and the Noranda continuous converter  for 
direct converting of copper concentrates into blister copper, 


- by the QSL direct lead smelting process for the direct converting of lead 
concentrates into lead (oxidation of mattes and reduction of slags); 


– in-bath smelting and converting operations with top-blown injection are carried 
out: 


- in top-blown rotary converter (TBRC): inclined rotary furnaces with blowing 
of pure oxygen by an inclined lance, 


- in the top-blown/bottom-stirring converter to produce semi-blister copper, 


- in a chalcocite concentrate smelting reactor, 
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- by the Mitsubishi process for copper-iron sulfides; 


– in-bath smelling and converting operations by top submerged from: 


- Ausmelt-Isasmelt-Sirosmelt process. 


7.2. Flash-smelting operations and processes  


In flash-smelting operations, micronic particles (20−500 µm) resulting from the 
concentration of ores by flotation are injected into a gaseous jet and undergo very 
fast oxidation in the solid state and then the liquid state. The particles, depending on 
their size, are entirely or partially converted into oxides, and fall into a settler where 
reactions between the over- and under-oxidized matte-slag particles occur along 
with separation of matte from the slag. The slag results from the entirely oxidized 
particles and the matte from the melted particles that have not been oxidized in the 
shaft. 


The oxidation reactions being highly exothermic, the operation is autogenous 
and heat has to be removed in order to keep the temperature at the right value.  


Reactions occurring in the flash-combustion of sulfide particles are dealt with in 
[VIG 11a], Chapter 7, section 7.5.1. The matte-slag reactions occurring in the settler 
are dealt with in [VIG 11b], Chapter 6, sections 6.4.2−6.4.4, 6.6.1 and 6.6.2. 


The main advantages of the flash-smelting processes are:  


−they are autogenous; 


−their waste gases are rich in SO2, which is efficiently removed as liquid SO2 or 
sulfuric acid; and  


− their production rates are very high. 


7.2.1. Outokumpu flash-smelting process  


This process [KOJ 00], see Figure 7.2.1, treats copper, nickel and Cu-Ni sulfide 
concentrates. Processing operations of lead sulfide concentrates have been 
performed at the pilot stage.  


The particles are injected in a gaseous jet made up of air- enriched oxygen (up to 
28%) through a “concentrate burner”, see Figure 7.2.4, located at the top of a shaft. 
In the shaft, reactions between the particles and oxygen occur. Depending on the 
size of the particles, their conversion into oxides is low, partial or total. In the settler, 
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located below the shaft, reactions occur between the over- and under-oxidized 
particles. In the settler, the slag and the matte are not in equilibrium. 


Some units, treating nickel concentrates, include an adjacent slag-cleaning 
furnace (see Figure 7.2.1b) with Soderberg electrodes immersed in the slag to 
provide heat to maintain slag fluidity and coke chutes through which the 
carbonaceous reducing agent is introduced. In this furnace, a reduction of the nickel 
oxides absorbed by the slag is carried out in order to recover the nickel. The gas 
released, diluted in N2 and CO2 (by combustion of fuel to maintain the temperature) 
is made up of ≈ 20% SO2.  


 


Figure 7.2.1. Outokumpu flash-smelting process: a) flash-smelting furnace; and b) integrated 
flash furnace: flash-smelting A + slag-cleaning furnace B [THA 91]  


7.2.2. INCO flash-smelting process 


The INCO unit is a hearth-type furnace.   This process treats Cu-Ni concentrates, 
see Chapter 10 of this volume, Figure 10.4.2, Figure 7.2.2 [QUE 96, VIC 93].
Concentrates, fluxes and oxygen are blown horizontally into the furnace from both 
ends and the waste gases are drawn off via a large central off-take. This design 
produces a high temperature flame over the entire hearth area.  
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The problem with the use of pure oxygen comes from the excessive production 
of heat. The particles are more or less oxidized in the gaseous jet and they fall in the 
slag layer; the non-oxidized particles settle in the matte layer. The gas released is 
made up of 55−65% SO2 and can be directly liquefied.  


 


Figure 7.2.2. INCO flash-smelting furnace [QUE 96]  


7.2.3. Kivcet process 


 The Kivcet process [ASH 00, SAN 98] is is direct-converting of lead-zinc 
sulfide concentrates, see Figure 7.2.3a. The Kivcet unit is made up of three reacting 
zones: the shaft, the coke checker and an electric furnace.  


 In the shaft, at the top of which gaseous oxygen concentrate and coke particles 
are injected, oxidation of the concentrate particles is complete. The coke particles do 
not burn. They fall and float on the slag layer forming a coke layer 100−150 mm 
thick in the reaction shaft, forming a coke checker. The purpose of the coke checker 
is to reduce the lead oxide in the melt.  


In the coke checker, the oxide drops on contact with carbon particles are 
reduced. Lead oxides are reduced to bullion and the iron oxides are reduced to FeO. 
Zinc oxide remains in the slag (16−18%); a small fraction being carried away in the 
form of oxide fumes in the exiting gases.  


In the third section, the electric furnace, the melt from the reaction shaft flows 
through the coke checker and under a submerged partition wall that separates the 
reaction shaft from the electric furnace. The electric furnace acts as a settling 
furnace to provide the retention time for the metallic lead to settle through the slag. 
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Figure 7.2.3. Kivcet flash-smelting process [ASH 00]:a) cross-section of the Kivcet reaction 
shaft and coke checker; and b) gaseous phase composition − temperature of 1 mm coke 


particles in the flame Tc  where Tm is the melt temperature [SAN 98]  
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7.2.4. Typical results of modeling and process control  


Tables 7.2.1a and b, present industrial data regarding the charge compositions 
(Ni-Fe and Ni-Cu-Fe concentrates), operating conditions and matte compositions 
achieved by each process.  


 


 


Table 7.2.1. (Top) Compositions of charges; (middle) operating conditions for the 
Outokumpu flash-smelting process, the Outkumpu direct high-grade matte smelting process 


and the INCO flashsmelting process; and (bottom) Industrial data matte and slag 
compositions for the flash-smelting processes [TAN 01]  
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A thermodynamic modeling of flash-smelting operations of Ni-Cu concentrates 
by both INCO and Outokumpu processes has been developed [TAN 01].  


For the processing of Fe-Ni-S concentrates, the usual flashsmelting operation in 
an Outokumpu unit [MAK 98, THA 91], from a concentrate of composition of 
{Ni (10 %), (Cu (2%), Fe (28%), S (27%), SiO2 (13%), MgO (5%) CaO (1%)} 
produces a matte of {Ni (40%), Cu (13%) Fe (18%), S (25%)}, the copper and 
nickel losses being low.  


The production of a matte rich in Ni3S2 can also be carried out in a flashsmelting 
unit (direct smelting of nickel concentrates or the DON process). From a concentrate 
of composition of {Ni (14%), Cu (1%), Fe (28%), S (27%), SiO2 (29%), MgO 
(6%)}, we obtain a matte of {Ni (64%), Cu (7%), Fe (4%), S (22%)} and a slag with 
{Ni (4%), Cu (0.5%), Fe (41%), SiO2 (27%), Mg (0.8%)}. The slag processed in an 
electric furnace leads to a matte of{(Ni (52%), Cu (5%), Fe (30%), S (8%)}. The 
nickel content in the residual slag is lowered to 0.3% [MAK 98]. 


In INCO units treating Cu-Ni concentrates, the composition of the matte can 
reach 32% copper and 10% nickel with very low losses of these metals (see Chapter 
10, Figure 10.5.2).  


The usual processing route of blister copper from Fe-Cu-S concentrates {Cu 
(18%), Fe (37.6%), S (35.9%), SiO2 (3.55%)} and {Cu (29%), Fe (29%), S (33.5%), 
SiO2 (6%)} is made up of a flashsmelting and converting of the matte (see 
section 7.3). The aim of the flashsmelting operation is to obtain a matte with a 
copper content of 60% whose iron sulfide content is high enough for the copper loss 
in the slag to be very low (<1%).  


The two key pieces of equipment in the flashsmelting furnaces are the 
concentrate feeding system and the concentrate burner [KOJ 00]. 


The key parameter for controlling a flashsmelting operation is the concentrate 
feed-rate to oxygen flow-rate ratio, which sets the oxidation fraction of the sulfides 
in the shaft. As long as an iron fraction higher than 10% remains in the matte, the 
copper or nickel loss in the slag being low, the consumption of oxygen can be 
calculated by considering that only iron sulfide is oxidized, in the form of FeO and 
Fe3O4.  


A simple mass balance determines the flow-rate of oxygen to be blown for a set 
concentrate feed rate:  


FO2 (moles/hr) = G(concentrates)(mass/h) × (%Feo – %Fe(matte))/MO2  [7.2.1] 
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As iron oxide has to be absorbed by a fluid slag, in order to be separated easily 
and to allow significant settling of the copper or nickel matte drops, the silica flux 
feed-rate has to be controlled to obtain a fluid slag. For details see [VIG 11b], 
Chapter 6, section 6.4.5.1 and [VIG 11a], Chapter 3, section 3.4.4.2, Figures 3.4.9, 
3.4.10 and 3.4.11.  


On the other hand, the thermal balance sets the level of oxygen enrichment of the 
injected air to maintain optimum temperature. 


Models of the trajectories and distribution of particles and fractional conversion 
of sulfide particles injected in a vertical turbulent gas jet in the shaft region for 
various types of burners have been developed [HAH 90, HUN 93, SOH 93, VAR 
98]. They allow us to estimate (assess):  


− the influence of the type of burner; 


− the velocity of gas at the exit of the burner; 


− the size of the particles and/or residence time of particles in the gaseous jet on 
the conversion rate of the particles.  


They then provide guidance regarding which burner to use and the operating 
conditions required (see Figure 7.2.4).  


 


Figure 7.2.4. Schematic configuration of Outokumpu concentrate burners: 1) furnace charge 
and pulverized coal; 2) oil burner; 3) oxygen-enriched air; 4) concentrate chute; 


 5) dispersion cone for furnace charge; 6) reaction shaft roof; 7) regulator of  
air speed; and 8) oxygen gas [KEM 89]  
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7.3. In-bath smelting and converting operations in bottom-blown converters  


7.3.1. Basic aspects of submerged gas injection in pyrometallurgical reactors  


In-bath smelting of sulfide concentrates and primary and secondary converting 
of mattes are performed in refractory-lined cylindrical vessels (see Figures 7.3.1, 
7.3.2 and 7.3.3) in which enriched air is blown into the liquid melt by submerged 
tuyeres. 


 


Figure 7.3.1. Peirce-Smith converter: cutaway view of a horizontal side-blown converter  


An exhaustive review of the basic aspects of the behavior of gas, as it discharges 
from the tuyere into the bath, has been performed by Brimacombe [BRI 91].A 
chemical engineering-type analysis of the design of gas-injected bath-smelting 
processes is presented by Themelis [THE 94]. 


For bottom-submerged gas injection, the Savard and Lee shrouded co-axial 
tuyere is used in order to protect the tuyere and refractory lining from rapid erosion 
(see Figure 7.3.2). Inert gas, blown through an annular space is thermally cracked 
produces a strong cooling at the orifice of the tuyere that protects the tuyere and the 
liquid bath in contact with the tip of the tuyere. The residue cools down and 
solidifies around the mouth, with the formation of an accretion (called a 
“mushroom”). The accretion usually exhibits a central open pipe surrounded by a 
porous mass, see Chapter 8, Figure 8.2.2.   


There are two main gas discharge modes from a submerged orifice: bubbling 
versus jetting [BRI 91].  


In the first mode, with low injection pressures leading to subsonic flow, large 
discrete bubbles are formed. These bubbles, after coming off the tip of the tuyere 
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either break into a cloud of smaller bubbles or remain intact, depending on their size. 
Between the time a bubble leaves the tip of the tuyere and the formation of the 
following one, the air flow-rate fluctuates. Under low pressure injection conditions 
the tuyeres become blocked by accretions. 


In the second mode, the injection under high pressure yields sonic jets. The 
continuous gas sonic jet enters the liquid bath and splits into a spray of small 
bubbles. The accretions that is formed around the tip of the tuyère protects it, but 
does not block it [BUS 00].  


 


Figure 7.3.2. Schematic of accretion growth mechanism from a shrouded  
“Savard-Lee” tuyere tip [BUS 00]  


In the impingement area of the oxygen jet (in the swirling cavity), oxidation of 
components of the bath occurs. The oxide layer that forms breaks into droplets 
dispersed in the matte, see Figure 6.3.2. The reactions occurring within the matte are 
presented in [VIG 11b], Chapter 6, section 6.4.1. 


7.3.2. Continuous smelting Noranda process  


In the continuous smelting Noranda process [INN 92, TAR 84], the in-bath 
smelting is carried out in a reactor similar to the Peirce-Smith  converter. There is a 
continuous feed, by pneumatic injection, of sulfide concentrates into the matte and a 
continuous discharge of matte and slag, see Figure 7.3.3. The injection of oxygen-
enriched air is carried out by submerged tuyeres located along the sides of the rotary 
and horizontal cylinder. Removal of the matte from the slag occurs by settling in one 
end of the reactor. 


Copper sulfide concentrates (with 30−40% copper) are, continuously fed at 
1,250°C, are converted into a matte with a composition of {Cu (70−72%), S (20%), 
Fe (3−4%)}. The slag contains 3−7% copper and 20−25% Fe3O4. It is processed in 
an electric furnace in order to recover copper (slag cleaning) and is recycled in the 
reactor. The extracted gas has a SO2 content of 13%.  
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Figure 7.3.3. Noranda smelting reactor − continuous copper smelting technology [TAR 84] 


For a feed-rate of 140 ton/hour (2,200 ton/day) of a wet charge of concentrates 
and flow-rate of enriched air (38−41% O2) blowing at 63,500 Nm3/hour  (thus a gas 
flow-rate per tuyere of 20−22 Nm3/min), the production is equal to 875 ton/day of 
matte and to 1,800 ton/day of slag.  


Due to the longitudinal flow of the matte and the distribution of tuyeres along the 
reactor, this reactor seems to operate as a series of perfectly stirred reactors, 
behaving as a plug flow reactor, the composition of the matte varying along it. 
Actually, this reactor operates as a CSTR [THE 94] (see Chapter 2, section 2.1.2). 
Vb in the tuyere zone (45 % of the matte volume), followed by a dead (settling) 
zone, Vd (55 % of the matte volume), as shown by the distribution curve of the 
residence times of a matte elementary volume, is obtained by injection of a tracer in 
the prototype Noranda reactor (see Figure 7.3.4).  


 


Figure 7.3.4. Noranda smelting reactor. Matte residence time distribution curve (C-curve) 
and mixed flow model (back-mixed CSTR Vb and stagnant volume Vd) [TAR 84] 
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The composition of the matte is controlled by the oxygen flow rate/concentrate 
feed-rate ratio. The composition of the slag is controlled by the flux feed-rate/(Cu2S) 
matte production rate ratio. The SiO2/Fe ratio is maintained at a value of 2:3.  


7.3.3. Matte converting in a Peirce-Smith converter  


This converter operates under the two gas injection modes: 


– In the first mode, oxygen-enriched air (up to 29%) is blown under a pressure of 
1 atm. The gas flowrate per tuyere is equal to 10−15 Nm3/min, thus a subsonic 
velocity of 80−120 m/sec. These converters treat 300−600 tons of matte per day, 
producing 100−200 tons of copper per day, depending on the initial copper content 
of the matte. 


– The second injection mode, a sonic mode with concentric tuyeres (Savard-Lee 
tuyere), is cooled down by a nitrogen stream and oxygen above 40%, see Figure 
7.3.1.  


The operations are semi-continuous in semi-batch reactors. The liquid phases 
mattes and fluxes (slags) are loaded at the start of the operation. The gaseous phase 
is continuously injected at a constant flow-rate that can be controlled to keep 
temperature of the system at the desirable value, the reactions being highly 
exothermic.  


Actually, the primary converting of the mattes is performed by a series of 
chargings (from two to six) of limited amounts of matte and flux (see Figure 7.3.5), 
with skimming of the slag between each charging until a sufficient amount of a 
matte rich in copper or nickel is obtained. The increase in  the system temperature 
during converting explains the successive charging procedure. The charging of silica 
(Fe/SiO2(slag) >2) is such that the slag remains liquid. 


The converting operation of the Cu-Fe-S mattes is performed in two steps:  


– primary converting: removal of the residual iron by oxidation and absorption 
by a slag to obtain “white metal” Cu2S (white metal blow), and the slag is discarded; 


– secondary converting − copper blow: blister copper is obtained without any 
slag.  


For the primary converting, an operation lasts four to 12 hours and for the 
secondary converting, four to six hours. 


For Fe-Ni-S mattes, only the primary converting is carried out until achieving a 
matte rich in nickel [75% (Ni + Cu)]. 
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Figure 7.3.5. Fe-Ni-S matte-converting operation in a Peirce-Smith converter during five 
successive charging, blowing and slag skimming operations. Comparison of model-predicted 


bath temperature with plant data [KYL 91]  


A modeling of the converting operation of nickel and copper mattes has been 
established by Kyllo et al. [KYL 98]. During the blowing between two chargings, 
the variation in temperature and composition of the matte and slag is calculated step-
by-step. Figure 7.3.5 gives the calculated values of the variations in bath 
temperature during the converting of a nickel matte. We can observe that the results 
match those predicted. The same goes for the evolution of the composition during 
the blowing steps.  


7.3.4. Noranda process for secondary converting of copper matte  


The design of the Noranda continuous reactor and the operating conditions of 
copper matte secondary converting are similar to those of the smelting reactor 
[MAC 01]. It processes mattes {Cu (70−72%), Fe (3−4%)} under continuous 
conditions, leading to semi-blister copper {Cu (98%), S (1.5%)} by air enriched 
with 26−28% O2 gas. The slag, with a composition of {SiO2 (20−25%), 
Fe2O3 (20−30%), Cu (10−12%)} contains an significant number of Cumetal drops. 
This process requires the recovery of copper from the slag and recycling of the slag.  
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7.3.5. Direct converting of lead using the QSL process 


The QSL process treats PbS, ZnS and FeS concentrates [ASH 00, PÜL 00, 
QUE 89]. The aim of the direct converting is to produce lead with a low sulfur 
content, according to the overall reaction: 


PbS(s) + O2(g) → Pb(l) + SO2(g) [7.3.1] 


The concentrates are injected continuously and dissolve in the matte layer. The 
matte components are oxidized by the gaseous oxygen blown through submerged 
tuyeres, yielding Pb, Fe and Zn oxides. The conversion is performed in the presence 
of a slag to absorb the Fe and Zn oxides along with a fraction of the Pb oxide.  


The lead oxides and oxi-sulfates formed in the contact area with gaseous oxygen 
are dispersed in the matte. They progressively desulfurize the matte according to the 
following reactions (see [VIG 11b], Chapter 6, section 6.6.3 and reaction [6.6.12]):  


2 PbO(s) + {PbS}(matte) → 3 Pb(metal) + SO2 [7.3.2]  


PbSO4(s) + {PbS}(matte) → 2 Pb(metal) + 2 SO2  [7.3.3] 


The further the desulfurization progresses, the more re-oxidized the lead is and 
losses in the slag increase along with the desulfurization. 


In addition, owing to the high values of the PbO and PbS vapor pressures (see 
Figure 7.3.6a), depending on the temperature of the liquid bath, various fractions of 
PbS and PbO can be volatilized and the fumes contain significant fractions of these 
two components. The variations in lead losses in the slag and fumes as a function of 
the number of moles of O2 in contact with lead sulfide are represented in Figure 
7.3.6b.  


Direct smelting, thus in the presence of a slag absorbing both iron and zinc 
oxides, whose aim is to obtain lead with a sulfur content 0.3−1%, leads to high lead 
losses, with lead oxide contents in the slag of 30−40%. Direct smelting has to be 
performed at low temperature, in order to minimize losses in the fumes. It occurs in 
two stages, so the lead from the slag of the first stage can be recovered in the second 
stage [ASH 00]. 


QSL-technology is a continuous bath-smelting process. It is made up of two 
operations: oxidation of the matte with the formation of bullion (Pb-S: 0.3−1% S) 
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and reduction of the slag produced. The QSL unit consists of a slightly sloped, (33 
m long and up to 3.5 m in diameter) refractory-lined cylinder divided by a partition 
wall (see Figure 7.3.7) into a smelting zone and a slag reduction zone. Concentrates 
and fluxes are fed through feed ports into the smelting zone into which oxygen is 
injected via vertical Savard-Lee tuyeres. 


The smelting zone produces primary bullion, a 25−35% primary lead slag and a 
strong SO2 gas that contains a significant amount of flue dust. The primary slag 
flows under the partition wall into the reduction zone and is reduced by pulverized 
charcoal + air + oxygen, injected via several injectors. The bullion recovered in the 
reduction zone flows under the partition wall and is siphoned off, along with the 
primary bullion from the oxidation zone. The reduced slag is tapped from the end of 
the reduction zone, with the metallic phase flowing in one direction and the slag in 
the other.  


 


Figure 7.3.6. a) The vapor pressure of lead and lead compounds; and  
b) converting of lead matte: lead distribution to the different phases for  


50% lead concentrate at 1,100°C [MOU 00]  
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Figure 7.3.7. QSL continuous oxygen converter [ASH 00, QUE 89]  


7.3.5.1. Smelting zone 


This zone is made up of two parts: the tuyere and the tuyere-free zone. In the 
tuyere zone, oxidation is carried out at a relatively constant low temperature 
(1,050°C) to minimize lead losses in the fumes. This zone can be considered as a 
CSTR in which oxide droplets are dispersed in a continuous phase, i.e. the bullion 
[THE94]. In the tuyere-free zone there is settling of this suspension and separation 
of the bullion from a slag phase in which a fraction of the non-reduced PbO gathers.  


The operating parameter is the oxygen flow-rate with respect to the PbS feed-
rate. This is set in order to obtain a slag containing a given PbO content (ranging 
from 20−40%). The slag mass is determined by the flux additions and the gangue.  


7.3.5.2. Slag reduction zone  


The slag rich in PbO-ZnO-Fe3O4 circulates in the opposite direction of the 
bullion and penetrates the reduction zone. In the first part of this zone coal and air 
enriched in oxygen are injected, producing a more or less reducing CO/CO2 gas in 
the swirling cavity, and an increase in temperature to 1,250°C [THE 94]. The CO 
gas carries reduces the lead oxide, PbO, into lead, the iron oxide, Fe3O4, is reduced 
into FeO, and a fraction of the zinc oxide is reduced. The zinc fraction reduced 
depends on the reducing capacity of the gas. Zinc oxide starts to be reduced when 
the lead oxide content of the slag becomes lower than 6%. The produced zinc is then 
volatilized. In the tuyere-free zone, the settling and separation of slag/bullion occur. 
The composition of the discard slag is: {Pb (0.9%), Zn (13.7%), FeO (23.6%), CaO 
(13.6%), MgO (2.7%), Al2O3 (3.2%), SiO2 (36.4%)}.  
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7.4. In-bath smelting and converting operations in top-blown converters 


7.4.1. Hydrodynamics of surface-blown jets  


The hydrodynamic phenomena occurring in the gaseous jets and those associated 
with the impingement of a gaseous jet on a liquid surface (jet penetration or cavity 
formation have been studied, see Chapter 6, Figure 6.3.2a. The flows and stirring of 
the have been and modeled with CFD (specific fluid dynamics) codes). Only a few 
results are presented in this section.  


The aim is to obtain a penetration of the jet in the liquid bath as deep as possible, 
see Figure 6.3.2a). The design of the lances and nozzles provides sonic and super-
sonic jets [ABR 63, ALL 01]. Supersonic jets are preferred to subsonic jets as they 
increase gas penetration into the molten bath. The objective is to maintain 
supersonic conditions at the point where the jet impinges the molten bath. With a 
commonly-used Laval tuyere (see Figure 7.4.1a) with convergent–divergent 
sections, the exiting jet interacts with the surrounding still air, producing a region of 
turbulent mixing and dragging. This results in an increase in the jet diameter and a 
decrease in the jet velocity with increasing distance from the nozzle. Consequently, 
the force of the jet and the penetration depth decrease with increasing distance. The 
Alarc-jet tuyere produces a high-impulse jet, with a uniform velocity over a long 
distance and low turbulence at the point of output (see Figure 7.4.1b). It is made of 
convergent-divergent sections that are separated by a throat [ALL 01]. 


 


Figure 7.4.1. a) Laval tuyere creating high turbulence jets; and b) Alarc jet tuyere creating a 
supersonic jet [ALL 01]  


The jet produces a cavity in the liquid bath whose depth increases with jet 
impulse force (ρu2 S(nozzle)) where u is the gas velocity at the nozzle. The cavity 
decreases with increasing lance height above the melt [CHE69, MUC96]. For steel-
making converters LD (BOP/BOF), the penetration of the oxygen jet reaches from 
40−80% of the height of the bath, which is about 150 cm in converters for 200 tons 
of steel. When the momentum flux of the jet is sufficiently high, the depression 
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becomes unstable and liquid droplets are ejected (liquid splashing). Gas bubbles are 
then entrapped in the liquid bath (see Figure 6.3.2a). 


7.4.2. Top-blown converters  


7.4.2.1. Top-blown rotary converter  


The top-blown rotary converter (TBRC) is similar to the Kaldo converters used 
in the 1960s and 70s for the conversion of phosphorous into hot metals (see Chapter 
6, Figure 6.3.1). This is a rotary converter, where oxygen is blown above the liquid 
bath with a lance. The rotation leads to the formation of a metal-slag emulsion and 
makes heat transfer easier (see Figure 7.4.2). 


 


Figure 7.4.2. Top-blown rotary converter 


This converter is used to convert nickel mattes into nickel [QUE 96, WIS 88], 
see [VIG 11b], Chapter 7, section 7.9, Figure 7.9.1 and see Chapter 10, Figure 
10.4.2; the operation is made up of three different phases: 


– A melting phase of the matte by heat released by the combustion of oxygen 
and natural gas above the bath. 
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– An oxygen-blowing phase (limited) where the overall reaction occurs (see 
[VIG 11b], Chapter 6, reaction [6.6.10]):  


Ni3S2 + 2 O2(g) → 3 Ni + 2 SO2(g)  [7.4.1] 


The conditions for oxygen blowing are set in order to rapidly obtain a very high 
temperature of 1,600°C where the affinity of the reaction becomes high. 


– A deoxidation phase by carbon of the metallic phase rich in nickel. 


We therefore obtain a product of composition: {Ni (79.7%), Cu (12.2%), 
Co (2%), Fe (2.1%), S (3.2%), others (0.8%)}.  


The industrial operation is more complex because the charging of the furnace is 
not only made of (Ni3S2) matte but also of (NiO) oxide. The operation of this type of 
converter has two challenges: accretion build-up (precipitation on the walls of the 
retort) of (NiO-Fe2O3) and slag foaming when the conversion is carried out in the 
presence of silica. When conversion is performed in the presence of lime, foaming 
does not occur.  


TBRCs with a capacity of 60 tons are used for the converting of nickel mattes. 
TBRCs are also used to process anodic slimes rich in Ag, Au, Se and Te that are 
formed during the electro-refining of copper (see [VIG 11b], Chapter 2, section 
2.4.2 and Chapter 10 of this volume, section 10.3.3), [LUD 03; MOR 85; WHE 90]. 
Formation of a silver bullion occurs, where gold and metals from the platinum metal 
group (PGM) are concentrated. 


This converter is also used for the conversion of mattes {Cu-Ni (30%), 
Fe (43%), S (27%)} rich in metals from the PGM into a matte with {(Cu + Ni) 
(75%), Fe (2%), S (20%) PGM (2.5 %)} [ROS 92]. Furnaces with a capacity 
ranging from 1.5−10 tons are used. The use of this converter, instead of Peirce-
Smith converters, can be explained by considering the heat balance: heat released by 
exothermic oxidation reactions and heat losses [WHE 90]. For a Peirce-Smith 
converter, the lower capacity limit is equal to 20 tons for an efficient processing.  


7.4.2.2. Top-blown/bottom-stirred converters  


This converter is used to convert a semi-blister containing 3% nickel into blister 
copper  (Ni (0.6%), S(Cu) (90 ppm), O(Cu) (1 %)), by operating at a temperature low 
enough to oxidize the nickel and desulfurize the matte without oxidizing copper 
[DIA 88, MAR 94].  


The operation is performed in cylindrical converters with gas blowing above the 
bath through lances (see Figure 7.4.3). Stirring is done by injection of an inert gas by 
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bottom porous plugs; this concept is similar to that of modern steel-making 
converters. 


 


Figure 7.4.3. Schematic of a commercial oxygen top-blown/nitrogen bottom-stirred converter 
(“oxygen top-blown finishing converter” in Figure 10.5.2, Chapter 10) [QUE 96]  


 


Figure 7.4.4. Gravity-fed oxygen converter of chalcocite (Cu2S) matte (“oxygen top-blown 
converter” in Figure 10.5.1, Chapter10) [QUE 96] 


The processing of chalcocite (Cu2S) concentrates by flashsmelting poses major 
problems, such as the formation and removal of a large quantity of dust due to 
particle fragmentation during ignition (see [VIG 11a], Chapter 7, section 7.5.1, 
Figure 7.5.3). The primary conversion of chalcocite mattes, obtained by flotation of 
Cu-Ni-S mattes, into blister or semi-blister is carried out in top-blown converters, as 
shown in Figure 7.4.4. 
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7.4.3. Mitsubishi process  


Three continuous operations are carried out in three furnaces: a circular smelting 
furnace, an elliptical settling furnace and a circular converting furnace with 
recycling,  of the slag formed in the third furnace [AZA 01, COT 98, SHI 91].  


 


Figure 7.4.5. The Mitsubishi process [AZA 01] 


In the first (smelting) furnace, a mixture of copper concentrates, fluxes and 
pulverized coal is injected through vertical lances into the molten bath together with 
oxygen enriched air to a level of 50−60% oxygen at a jet speed of 150−300 m/s. The 
concentrate particles have an average diameter of 50 µm their dissolution in the 
matte occurs rapidly. The silica particles (Φ = 1 mm) that are simultaneously 
injected are progressively dissolved in the slag.  


The smelting furnace with a diameter of 10 m is equipped with nine lances with 
an internal diameter of 101 mm. Air enriched with 50−60% oxygen with a flowrate 
of 33,000 Nm3/h and 120 ton/hour of copper and iron sulfide concentrates and silica 
particles, along with pulverized charcoal particles, are injected into a liquid matte 
bath by gaseous jets with a velocity of 150−300 m/sec from the emerged lances 
whose tip is kept 70 cm above the liquid bath. The mass of matte present at any time 
is equal to 440 tons. The average residence time of the matte in the smelting furnace 
is equal to four hours. The gaseous jet easily and deeply penetrates the matte bath. 
The penetration depth of the jet reaches 120−130 cm.  


In-bath smelting occurs in the smelting furnace: the blown air directly oxidizes 
the bath with partial oxidation of iron and sulfur. With a copper concentrate content 
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of 30%, we obtain a matte of {Fe (11%), Cu (68%), S (20.8%)} and a slag of {Cu 
(0.6%), SiO2 (34%), CaO (6%), FeO (36.5%), Fe3O4 (8%)}.  


The resulting matte and slag are sent to an electric furnace for separation by 
settling for about one hour.  


In the converting furnace (T = 1,250°C), direct conversion of the Cu-Fe-S matte 
into blister copper occurs in the presence of a small amount of slag containing 15%  
copper in the form of Cu2O and 20% lime, the rest being iron oxides. The matte 
coming from the settling furnace contains about 8−10% iron in the form of FeS. In 
this furnace, there are two reaction zones: the matte input and the oxygen input 
zones. 


In the input zone of the matte into the furnace, where there is no oxygen blown, 
both iron and copper sulfides react with the copper oxide of the slag by metal-slag 
reactions for iron sulfide and for copper sulfide (see [VIG 11b], Chapter 6, reaction 
[6.4.9] and [6.6.1]): 


(Cu2O)(slag) + {FeS}(matte) → (FeO)(slag) + {Cu2S}(matte)  [7.4.2] 


{Cu2S}(matte) + 2 (Cu2O)(slag) → 6 Cu(blister) + SO2(g) [7.4.3] 


In the zone where oxygen is blown: 


– both iron sulfide and iron are oxidized into magnetite (Fe3O4). A slag made up 
of lime can dissolve large amounts of magnetite (see [VIG 11b], Chapter 6, section 
6.4.5.1 and [VIG 11a], Chapter 3, Figure 3.4.11) − up to 50% − and its melting 
temperature is 1,160°C;  


– Cu2S is converted into blister copper, Cu(blister), by the overall reaction (see 
[VIG 11b], Chapter 6, section [6.6.1]): 


{Cu2S }(matte) + O2(g) → 2 Cu(blister) + SO2(g) [7.4.4] 


In the presence of a slag rich in copper oxide, conversion of the matte can 
proceed until almost all of the sulfur is removed with low amounts of copper loss 
(see [VIG 11b], Chapter 6, reaction [6.4.25]). We then obtain copper with 0.5% 
sulfur. The slag is recycled in the melting furnace.  


7.5. Top-submerged lance (TSL) blown converters: Ausmelt/Isasmelt process 


The Isasmelt and the Ausmelt processes use the Sirosmelt [SOL96] TSL 
smelting system developed by CSIRO. The units operate under continuous 
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conditions with injection, through a lance, of a gas, sulfide and coke particles. The 
two basic features of the process are: the injection of an oxidizing or reducing gas 
into a slag bath by a lance immerged in this slag layer; and the controlled addition of 
carbon. The process involves in situ reducing and oxidizing smelting. 


The unit is a cylinder-shaped vertical furnace (see Figure 7.5.1) equipped with an 
injection lance of air enriched in oxygen and combustible (fuel or natural gas). The 
concentrates to be processed, silica and lumps of carbon are projected into the bath. 
The carbon lumps float on the surface of the slag.  


 


Figure 7.5.1. Sirosmelt-Isasmelt-Ausmelt (TSL) unit with its submerged lance protected by a 
frozen layer: formation of a large gas bubble inside the slag layer. Due to the low penetration 


depth of the gases, there is a quiescent zone at the bottom of the furnace. The upper part is 
characterized by high turbulence (vigorous stirring) and splashing [NEV 02]  


The top submerged swirling injection lance is made of two coaxial steel pipes. 
The combustible (solid and very fine carbon particles or natural gas) is injected into 
the internal pipe and oxygen-enriched air is injected via the external pipe. The lance 
is equipped with swirlers to ensure thorough mixing of the fuel and oxygen-enriched 
air and to increase gas velocity near the lance wall, thus increasing the heat transfer 
from the lance wall to the gas. This enables the formation of a layer of frozen slag 
onto the lance wall, which protects it from the molten bath. The lance diameters 
range from 250−500 mm.  
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The tip of the lance is immerged in the slag layer. The velocity of the gas at the 
lance exit being low, formation of a large gas bubble occurs at the tip of the lance. 
As the lance is not very deeply immerged, the bubble can discharge without having 
time to burst into small bubbles [NEV 02]. In a reactor with a diameter of 3.5 m, a 
lance with a diameter from 0.2−0.3 m and a gas flow-rate of 20−34 m3/sec, the 
frequency of bubble formation is two to three bubbles per second.  


The bubble is released by producing strong stirring and splashing of the slag.  


In this bubble, the combustion of the “fuel + air” mixture yields more or less 
oxidizing or reducing gas depending on the stoichiometry of the gaseous mixture. 
This combustion provides the thermal energy required for operation. Generating the 
combustion heat within the slag layer allows a very high temperature to be reached 
in the bath, leading to very high reaction rates in the slag layer. The oxidizing (or 
reducing) conditions as well as the temperature, and therefore fluidity of the slag, 
are then controlled by the flow-rate of the fuel in the lance (and the amount of coal 
introduced in the bath). Precise control of the oxygen potential in the bath is one of 
the features of this process. On the other hand, in the zones where carbon lumps are 
floating on the slag layer, reducing conditions prevail.  


Therefore, several zones where distinct reactions occur can be found [VER 97]: 


– in the smelting of Cu-Fe-S concentrates: 


- at the bubble-slag interface, oxidation reactions of iron sulfide into Fe3O4 and 
copper sulfide into Cu2O oxide, 


- the oxide particles are dispersed in the matte and undergo reactions such as 
(see [VIG 11b], Chapter 6, reactions [6.4.6]):  


3 Fe3O4(s) + {FeS}(matte) → 10 {FeO}(matte) + SO2(g) [7.5.1a] 


(Cu2O)(slag) + {FeS}(matte) → (FeO)(slag) + {Cu2S}(matte)  [7.5.1b] 


- at the contact of carbon lumps floating at the surface of the slag layer, the 
following reductions occur (see Chapter 5, section 5.3.1):  


C(s) + 2 (Fe3O4)(slag) → 2 (FeO)(slag) + CO(g)  [7.5.2a] 


C(s) + (Cu2O)(slag) → Cu(metal) + CO(g)  [7.5.2b] 


– the gases released from the liquid bath undergo post-combustion. 
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A complete thermodynamic modeling of the overall process has been carried out 
by Nagamori [NAG 94]. 


The Ausmelt [MOU 94, SOF 03] and Isasmelt [ART 03] processes are 
industrially used for converting copper, nickel and lead concentrates (as well as  the 
reduction of tin ore, see Chapter 5, section 5.3.1). The operation can either be batch 
or continuous. In these furnaces, smelting operations of sulfide concentrates, 
converting operations of mattes up to blister copper and reduction of oxides from the 
slag (slag cleaning unit) can be performed, either in distinct units or in a single unit 
during different phases.  


For the converting of copper sulfide concentrates (Fe-Cu-S) up to blister copper, 
the operation is carried out in two units (see Figure 7.5.2) [SOF 03]. In the first unit, 
the smelting is performed with absorption of the iron oxide by a fayalite slag. The 
copper sulfide content of the matte is controlled by the amount of oxygen blown. 
The matte rich in copper is processed in a second unit, where the converting of 
blister copper is performed in two phases: oxidation of residual iron of the matte 
(from 15 to 0.5% Fe) and oxidation of the white metal (Cu2S) into copper blister. 
The slag (containing 15% copper) is recycled and the dusts are recycled in the first 
unit. 


 


Figure 7.5.2. Isasmelt-Ausmelt process: production (batch or continuous) of blister copper in 
two stages [MOU 94]  


In the conversion of lead sulfide concentrates  (FeS, PbS, ZnS), depending on the 
lead content the operation is carried out under different conditions (see Figure 
7.5.3).  
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Figure 7.5.3. Ausmelt process: batch or continuous smelting of: a) high grade (50−75% Pb); 
and b) low-grade lead concentrate (<50%) [MOU 94]  


For concentrates rich in lead (>50%), see Figure 7.5.3a, the first stage is 
oxidizing smelting. The sulfides are converted into oxides forming a slag with a high 
lead concentration (60−75%). Bullion is produced by the reaction (see reaction 
[7.3.2]): 


2 (PbO)(slag) + PbS(s) → 3 Pb° + SO2(g)  [7.5.3] 


The slag is processed in a second unit where lead oxide is reduced into bullion. 
The fumes rich in lead oxide and zinc oxide are recycled.  


For concentrates with a low lead concentration (<50%), see Figure 7.5.3b in the 
first stage occurs fuming of lead sulfide on account of it high vapor pressure of lead 
sulphide. The sulfide is oxidized in the gaseous phase. The gaseous product 
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(PbO/PbSO4), which may contain up to 70% lead, is transferred into the second unit, 
where reduction of the lead oxide is carried out leading to the production of bullion.  
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Chapter 8 


Electric Melting and Smelting Furnaces  


8.1. Introduction  


This chapter studies the design bases, operating modes and process control of 
electric furnaces used for:  


– the melting and remelting of metallic charges (scraps, pre-reduced ores and 
ingots); 


– the smelting-reduction of oxide ores (pre-reduced or not), calcines, sulfide ores 
and slags resulting from the conversion of mattes (slag cleaning operation). 


Melting furnaces operate under batch conditions with melting of a scrap charge. 
Smelting reduction furnaces operate with continuous charging of ore or calcine 
particles, poured or injected into a liquid phase: the slag, within which the reduction 
occurs with intermittent or continuous tapping of the liquid metallic phase and slag.  


In these furnaces, the electrical energy is converted into mechanical and thermal 
energies1. The three mechanisms of electrical energy conversion are:  


– the electric arc, struck between each electrode and either the charge to be 
melted or the metallic bath or the slag layer of the smelting reduction furnaces. The 
electrodes being fed with a continuous current or an alternating current; 


– the Joule effect, mainly in smelting furnaces, with electrodes immersed in a 
conductive bath (a slag layer) or a coke bed; 


– induction by the creation of induction currents in a metallic burden.  
                                   
1 The electrolytic processes, where there is direct conversion of electrical energy into 
chemical energy, are studied in [VIG 11b], Chapter 2.  
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 The various types of melting and smelting furnaces are: 


– three-phase furnace with three electrodes (see Figure 8.1.1) or with six-in-line 
electrodes, operating either with electrodes immersed in a slag layer (see Figures 
8.1.2 and 8.2.10) or with arcs (see Figure 8.2.3); 


– single-electrode direct current arc furnace (see Figure 8.1.3); 


– induction melting furnace;  


– remelting furnace with the electrode (to be remelted) immersed in a slag layer 
(electroslag remelting or ESR, see Figure 8.5.2) or with an arc struck between the 
consumable electrode and the liquid metal bath (vacuum-arc remelting or VAR 
process, see Figure 8.5.3). 


 


Figure 8.1.1. Electric three-phase/three-electrode arc melting furnace  


 


Figure 8.1.2. Six-in-line electrode smelting reduction furnace (six electrodes immersed in the 
slag layer), see also Figure 8.2.10)  
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Figure 8.1.3. Single electrode direct current arc furnace, central  
vertical arc and bath stirring 


Optimization of electric power conversion to heat and transfer of liberated heat 
to the furnace charge is the main goal in the design and operation of electric 
furnaces.  


The physical phenomena (momentum transfer, thermal transfer) and 
electromagnetic phenomena occurring in these furnaces are coupled. The chemical 
reactions occurring can be considered uncoupled to the electromagnetic phenomena; 
the electrical energy being converted into thermal energy, which is the driving force 
of chemical reactions.  


The study of the conversion mechanisms of electrical energy into mechanical 
and thermal energy requires a numerical modeling. Due to coupling between 
electromagnetic phenomena and momentum and thermal energy transport processes 
by the Lorentz forces, numerical modeling starts from the resolution of Maxwell’s 
equations. They are not presented in this book.  


A large number of physico-chemical phenomena and parameters are also major 
factors in the choice of a specific type of furnace, among them: 


– the conductivity of the burden (charge) − metallic, oxide or slag; 


– the gaseous components of the arc plasma and reactions at the tip of the 
electrodes; 


– the release of reducing gas in the smelting reduction operations.  
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8.2. Performance of electric furnaces  


8.2.1. Electric arc furnaces  


8.2.1.1. Electrical circuits  


The electrical circuits of the three main types of arc furnace are presented in 
Figures 8.2.1 to 8.2.3. 


 


Figure 8.2.1. Electrical circuit of a single electrode/direct current electric arc furnace  


 


Figure 8.2.2. Electrical circuit of a three-phase open arc electric furnace (delta connection) 
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Figure 8.2.3. Electrical circuit of a six-in-line electrical open-arc furnace  


In a single electrode direct current open-arc furnace (see Figure 8.2.1), an arc is 
struck between a graphite cathode and a bottom electrode (anode), i.e. the metallic 
charge to be melted or the liquid bath in the furnace after melting.  


For the three-phase furnace with three electrodes (see Figure 8.2.2), the circuit 
shown is for a delta connection. Each electrode and the melt constitute a single 
phase. Three arcs are struck between each electrode and the melt. 


For the three-phase furnace with six-in-line electrodes (see Figure 8.2.3), each 
pair of electrodes is connected to a single-phase furnace transformer. For each phase 
the electrical energy is transferred through two arcs and the slag layer by Joule 
effect.  


The arcs of furnaces with three and six electrodes can be open, shielded or 
submerged (see Figure 8.4.1).  
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8.2.1.2. The electric arc  


The electric arc is a jet (plasma) made of gas molecules, ionized particles and 
electrons in thermal equilibrium, constituting a heating source for production 
processes.  


The arc is generated by the emission of electrons from the cathode (negative 
polarity). The electrons are accelerated in the cathodic potential fall, AB (see Figure 
8.2.4). Under the effect of the electric field E, which prevails in this zone, these 
electrons are subjected to a force, F: 


F = e E = e dV/dx  


The electrons acquire a high kinetic energy that allows them to dissociate from 
the gaseous molecules and then to ionize the neutral atoms by collision, thus 
producing additional free electrons. The arc plasma consists of ionized particles at 
extremely high temperatures forming a conductive path between the electrodes.  


The arc impinges on the anode; the accelerated electrons strike the anode, heat it 
and bring it to a very high temperature (the anode effect). The positive ions are 
accelerated in the opposite direction and strike the cathode. They transfer their 
energy to the cathode (the cathode effect), which allows continuous thermo-
electronic emission and increases the electric field. This leads to a strong 
acceleration of the electron avalanche, while keeping the cathode incandescent by 
their shocks. The cathodic potential fall, AB, near the surface of the cathode is due 
to an accumulation of positive ions, which are slower than the electrons. This 
accumulation produces a strong electrical field, E, near the cathode.  


 


Figure 8.2.4. Electric arc. Arc voltage ∆V as a function of its length showing the cathodic 
potential fall (AB) and anodic potential fall (CD) 







Electric Melting and Smelting Furnaces     223 


 


Figure 8.2.5. DC-arc plasma (30 kA, 270 V) showing convective gas movements (arrows) in 
and around the arc [STE 85]  


 A direct current arc tends to concentrate at the center of the cathode and its 
diameter increases with the current. Above a given current, the arc is subjected to 
transition from a very mobile core to a diffused arc. Circulation of gas in the arc is 
represented in Figure 8.2.5. The arc operates in a similar manner to an efficient gas 
pump. An important feature of the direct current arc is the concentration of arc 
power in the anode (in a furnace to the charge).  


With an alternating current, the conditions of existence of a stable arc are no 
longer fulfilled. For a source of alternating current with a sinusoidal voltage (see 
Figure 8.2.6), at each power cut the arc is switched off and must be reignited. If the 
interruption time is short enough, it reignites as soon as the voltage is applied; but 
due to the change of polarity, the electrode alternatively becomes a cathode and an 
anode, with its thermal heterogeneity. In a furnace with reversed polarity the charge 
provides the electrons required for operation of the arc. The arc can only exist for a 
minimum voltage. Extinction occurs during periods aa', bb' and cc' where the 
voltage is lower than the stability voltage +/-V*. The extinction time has to be as 
short as possible and V(t) curve has to tend towards a curve with rectangular waves, 
which are the stability conditions of the arc.  
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Figure 8.2.6. Alternating current arc (+V ,-V: voltages for arc ignition) 


The arc voltage Varc (potential fall between the cathode and anode), consists of 
three components: the cathodic and anodic potential falls and the voltage fall in the 
plasma column, which varies linearly with the length of the arc, see Figure 8.2.4. 
The arc voltage depends on the composition of the gaseous phase in the arc.  


An equation describing the static arc “characteristic” (voltage fall in the arc, as a 
function of arc current) of open-air direct current and alternating current arcs (d-c 
and a-c) for carbon electrodes has been proposed [BRO 5, CUR 97]: 


Varc = 30 + 12 L + 120 L/I  [8.2.1a] 


where V is in volts, L the arc length in cm and I is the arc current in amperes. For  
a-c arcs, I and V are the root mean-square values Irms and Vrms of the instantaneous 
current, i, and voltage, v, of a sinusoidal current (see equation [8.2.8]) 


The static characteristic curves of open air arcs are shown in Figure 8.2.7 for arc 
lengths of 1, 10 and 100 cm. 


 


Figure 8.2.7. Static characteristics of open air arcs, Varc = f(Iarc).  
Effect of the arc length [CUR 97]  
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The arc voltage decreases when current I increases. The constant term of 30 V 
represents the sum of the cathodic and anodic falls. The order of magnitude of the 
electric field in the zone of cathodic fall is 106 V/cm. The second term of 12 V/cm 
connects the arc voltage to the arc length. 


Above arc currents of 100 A, the static arc characteristic is reduced to: 


Varc = 30 + 12 Larc  [8.2.1b] 


In electric melting furnaces, operating with currents of 10−20 kA and voltages 
between 100 and 270 V, with open-arc lengths of 6−30 cm, the arc voltage gradients 
ranging from 4−6 V/cm are significantly lower than those observed in open-air arcs 
(11−12 V/cm). This difference is due to the high temperature of the atmosphere 
where the arc is produced (1,600°C) and to the composition of the gas in the arc 
(CO/CO2). The presence of metallic fumes also leads to a decrease of the arc voltage 
gradient. Conversely, for an arc submerged in a foaming slag, the gradient is higher 
due to a cooling effect of the arc. It is equal to 13 V/cm for an arc operating with a 
continuous current and 9 V/cm with an alternating current.  
 


8.2.1.3. The electric arc as a circuit element  


The arc current is set by the power source (phase) voltage and the resistance of 
the circuit. The maximum current density for electrodes made of graphite is 
30 A/cm2 (with respect to the total surface of the electrode). However, the arc does 
not usually occupy all of the cathode surface, and maximum current densities 
ranging from 2,000−8,000 A/cm2 are reached with cathodes heated up to 
temperatures of 3,000−4,000°C. In fact, the current density (based on the total 
surface) is limited to significantly lower values to minimize the use of the electrode 
(this is valid for a continuous and an alternating current). 


The sizes of the electrodes are set by a limit value of the current density which 
has to go through this electrode of the order of 5 A/cm2.  
 


8.2.1.3.1. Direct current circuit  


With an electrical d-c circuit with an electrode made of a power source, 
supplying the circuit under voltage, V(source), a circuit resistance, R(circuit) and an arc 
resistance Rarc. the current in the circuit is given by:  


I = V(source)/(Rcircuit + Rarc)  [8.2.2] 
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The arc voltage as a function of the power source (phase) voltage is given by: 


V(arc) = Rarc . I = V(source)R(arc)/(Rcircuit + Rarc) [8.2.3] 


The arc voltage versus current I relation in a direct current circuit is given by:  


Varc/Vsource + I/Icc = 1  [8.2.4]  


where Icc is the short-circuit current. 


The arc voltage, Varc, being set by the arc length (see equation [8.2.1b]), thus by 
the electrode- metallic bath distance, equation [8.2.4] sets the current in the arc for a 
given source voltage. 


When the arc length increases; the arc voltage increases and the current 
decreases. The arc resistance increases with the arc length, thus with increasing 
cathode-anode distance.  


The power supplied is given by: 


Pcircuit = V . I = V2
(source)/(Rcircuit + Rarc) [8.2.5] 


and the power liberated (dissipated) in the arc (the arc useful power) by:   


Parc = Varc . I = Rarc . I2 = V2
(source) R(arc)/(Rciruit + Rarc)2 [8.2.6] 


The ratio of the arc power over the supplied power is equal to:  


P(arc)/P(circuit) = R(arc)/(Rcircuit + Rarc) [8.2.7]  


8.2.1.3.2. Alternating current circuit  


The a-c circuit with an arc (see Figure 8.2.8) consists of a source, a transformer 
supplying the circuit with a voltage, √2 VO cos(ωt), an inductive resistance,  
RLi = ωL, and an ohmic resistance, RLr.  


 


Figure 8.2.8. Electrical circuit for an alternating current arc  
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In a circuit, where:  


i = I √2 cos(ωt + β) and v =V√2 cos(ωt + α) [8.2.8]  


I and V are the root mean-square value (Irms and Vrms) of the instantaneous current, i, 
and voltage, v, of a sinusoidal current: the instantaneous power, P = v.i, varies with 
time. Its mean value, called active power, Ptime averaged or Pactive is:  


Ptime averaged = Pactive = V.I . cos Φ  [8.2.9] 


where Φ is the phase difference between current and voltage and Φ = α – β. cosΦ is 
the power factor.  


 In the circuit, the power supplied or active power, Pa(circuit), is:  


Pa(circuit) = Vphase . Icircuit . cosΦ = Icircuit
2 . (Rarc + RLr) [8.2.10] 


and the mean power delivered to the arc can be written as: 


V (arc) = Rarc . Icircuit [8.2.11]  


Pa(arc) = Rarc . I(circuit)
2 [8.2.12] 


In fact, the active arc power, Pa(arc), varies linearly as a function of the current,  
Irms (and not as a function of I2 − the Joule law is not followed owing to the 
decreasing arc resistance). For a given current, the active power increases 
proportionally to the arc length (see equation [8.2.1]) 


With sinusoidal current and voltage, the voltages have to be vectorially added; 
we thus have:  


V = Varc + Z . I  [8.2.13] 


thus:  


V2 = Varc
2 + (Z . I)2


 [8.2.14] 


The arc voltage, Varc, versus current, Icircuit, relation in an alternating current 
circuit is given by: 


(Varc/Vphase )2 + (Icircuit /Icc)2 = 1  [8.2.15] 


where Icc is the short-circuit current. 
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The two equations [8.2.1] and [8.2.15] set the arc voltage and current for an arc 
in an a-c circuit (operating point). The arc voltage being set by the arc length (see 
equation [8.2.1b]), thus by the electrode metallic bath distance; equation [8.2.15] 
sets the current for a given transformer secondary rms phase voltage, Vphase. 


An increase of the phase voltage (Vphase) for an arc with a fixed length results in 
an increase of the current in the circuit and arc. It also results in an increase in the 
power generated in the arc. For a given source (phase) voltage, Vphase, an increase in 
arc length leads to an increase in arc voltage and a decrease in current. 


The curves of variation of the electric power consumed in the circuit (active 
power), Pa(circuit), and delivered to the arc (active arc power), Pa(arc) , and of the power 
factor, cos φ, as a function of the current for a given transformer secondary phase 
voltage, V, are shown in Figure 8.2.9.  


  


Figure 8.2.9. Characteristic curves for an alternating current circuit with an arc, as a 
function of the circuit current, for a given transformer voltage, Vphase where Pa is active total 
power, Pa(arc) is active arc power (see equation [8.2.12]), S is ransformer power in kVA, p is 
electrical losses, ρ is electrical efficiency, cosφ is the power factor and Icc is the short-circuit 
current [AYE 99] 


For the current supplying the maximum power dissipated in the arc (zone B), the 
power factor cosΦ = 0.7 and the electrical efficiency ρ is 0.8 (operation with a short 
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open arc). In zone A, however, cosΦ is 0.85 and the electrical efficiency ρ is higher 
than 0.9. The ultra-high power electric arc furnaces (UHP-EAF) from 700−1,000 
KVA/ton operate in zone A where the electric efficiency, ρ, is high (operation with a 
long open arc). This operating mode is limited by radiation on the refractory lining 
of the furnace. This operating mode was made possible by replacement of the 
refractory-lined wall and the roof by water-cooled steel or copper elements. 


For a three-phase arc furnace whose electrical circuit is represented in Figure 
8.2.2, if U(sec) is the root mean-square voltage of the transformer secondary in a delta 
connection, between two phases, the root mean-square voltage of each electrode is 
V= Usec/√3 and the root mean-square current is I = J √3 where J is the current 
between the phases. The total active power is given by:  


3 V.I . cosΦ = √3 U.I . cosΦ =  3 U.J . cosΦ 


and the active power in the three arcs is:  


3 V(arc) . I(phase) . cosΦ  [8.2.16]  


8.2.1.4. Thermal efficiency of the arc/arc heating power  


Arc heat is transferred by three different mechanisms: radiation from the arc 
plasma; convection by gases propelled by the arc; and electrode effects at the anode 
and cathode. The three mechanisms combine in different ways to deliver the arc heat 
part to the melt and part to the furnace (i.e. to the walls and roof). 


Convection by gases propelled by the arc is the most important mechanism of 
heat transfer to the molten pool (see Figure 8.2.5). The arc operates as an efficient 
gas pump. Gases surrounding the arc are pulled in and propelled towards the melt. 
This effect is lower for an alternating current than for a direct current arc because of 
the alternating direction of the current.  


Heating power from the electrode effect is proportional to the arc current. The 
anode effect is approximately three times higher than the cathode effect. A d-c arc 
has the most advantageous heating power delivery to the melt from this mechanism. 
The active power is delivered:  


– to the cathode, to keep it at a sufficient temperature for electron emission;  


– to the charge either for melting or smelting operations; 


– to the furnace by radiation from its lateral surface. 
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The electric arc being a gaseous jet (see Figure 8.2.5), both thermal energy and 
momentum will be transferred from the jet to the molten pool. In electric arc 
furnaces, circulation in the metal pool will be caused by:  


– transfer of jet momentum at the bath surface;  


– electromagnetic forces induced in the bath due to the passage of electric 
current; and  


– natural convection resulting from thermal gradients in the system.  


Determination of the gas movements, heat transport in the electric arc (see 
Figure 8.2.5), momentum and energy transfers to the liquid bath requires the 
resolution of Maxwell’s equations coupled with the equations of fluid dynamics and 
heat transport. The numerical resolution of the equations system allows calculation 
of the temperature, velocity, pressure, magnetic field, current density and the electric 
potential in the arc. Energy dissipation by radiation along the lateral surface of the 
arc thermal flux (the different components of this thermal flux) and momentum flux 
transferred to the liquid metallic bath.  


Models have been developed for d-c arcs [ALE 00, QIA 95, SZE 83]. For an a-c 
arc, however, only one model for arcs in submerged arc furnaces has been 
developed by Saevarsdottir for the production of silicon and ferro-silicon [SAE 00].  


Depending on the models, the values of the thermal flux transferred to the liquid 
metallic bath and the efficiency of the arc (ratio of energy transferred to the metallic 
bath over energy generated in the arc) for the same power generated in the arc, are 
very different. This is not surprising; these calculations are based on a large number 
of hypotheses, especially on the boundary conditions and the fact that a few 
measurements allow the models to be validated. 


For a d-c arc, with power generated in the arc ranging from 10−20 megawatts 
(for a current ranging from 36−44 kA and arc lengths ranging from 15−30 cm), the 
arc efficiency, which is defined as the amount (percentage) of generated power in 
the arc that is transferred as heat to the metal bath, varies from 22−17% when the 
power goes from 10−20 MW [ALE 00]. It can be described by the following 
correlation: 


e arc(%) = – 4.6 . 10-7 . P(W) + 25.9 (P: input power)  


According to another model [QIA 95], the arc efficiency decreases from 38−27% 
for an arc power ranging from 15−20 MW (for currents of 50 kA and arc lengths of 
15−25 cm).  
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In scrap melting arc furnaces, with open arcs, as soon as a metallic bath is 
formed the thermal efficiency of a long arc, from a heat transfer point of view, is 
about 35%. However, the overall electric efficiency of a furnace (ratio of energy 
transferred to the charge over consumed electric energy) is 55−65% in modern 
furnaces. Other transfer processes of the active power of the arc to the metallic bath 
then occur. For instance, with a submerged arc, a large fraction of the power 
radiated by the lateral surface of the arc is absorbed by the slag surrounding the gas 
bubble within which the arc is formed.  


8.2.2. Electrical resistance (immersed electrodes) furnaces  


In the immersed-electrode mode, the electrode tips are dipped in a slag layer. 
This operating mode is only possible for a metal-slag system where slag 
conductivity is low. The slag has to be rich in silica {<50 mho/m (ohm-1.m-1) for a 
slag with FeO/SiO2 ≈ 1 at 1,250°C}, see [VIG 11a], Chapter 3, section 3.4.1. The 
electrical energy is released into the molten slag in the electrode region by Joule 
heating. The electrical efficiency can be very high (75−90%). The slag is 
superheated at the electrode tips and electromagnetic and natural convective forces 
move the slag around the electrodes and outwards toward the furnace walls. The slag 
is thus well-mixed and has a relatively uniform temperature.  


Numerical models have been developed to simulate the electrical, hydrodynamic 
and thermal behavior of the slag, by solving Navier-Stokes, Fourier and Maxwell 
equations [GUN 96, JAR 86].  


These furnaces are divided into three different types of electrical configuration:  


– A mono-electrode furnace where an electrode is remelted in an electro-conductive 
slag (electroslag remelting, see Figure 8.5.2). The passage of electrical current in a 
slag layer consisting of oxides and fluorides, by heating this layer by Joule effect, 
triggers melting of the electrode tip immerged in the slag in drops. These drops 
undergo a refining process when they pass through the slag. 


– A three-phase furnace with three electrodes, see Figures 8.4.1a and a'. Each 
slag column underneath each electrode constitutes the resistance, which varies with 
the thickness of the slag layer under the electrode tip and the immersion depth of the 
electrode tip. Resistance of this kind of slag column with a conductivity of  
30−40 mho/m and a thickness of 1 m is 5−10 mΩ (see Figure 8.2.12). 


– A three-phase furnace with six-in-line electrodes, see Figure 8.2.10. The 
current goes from one electrode to the other in the same phase through the thickness 
of the slag layer underneath the electrode and the metal layer. Therefore, each slag 
column, under each electrode, constitutes the resistance. The resistance between 
both electrodes varies then with the thickness of the slag layer underneath the 
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electrode tip. It varies with the immersion depth. The resistance for each phase 
ranges from 10−50 mΩ for a slag (FeO/SiO2) whose conductivity is equal to 
40 mho/m at 1,300°C, see Figure 8.2.11 [SHE 98]. 


 


Figure 8.2.10. Electrical circuit of a six-in-line alternating current furnace with electrodes 
immersed in the slag layer [SHE 98]  


 


Figure 8.2.11. Electrical resistance between electrodes as a function of electrode immersion 
in a six-in-line electrode furnace [SHE 98] 


In smelting reduction operations, with high current densities at the electrode tips, 
extreme localized heating occurs. This leads to an increase in the rate of reactions 
between the carbon electrode and the slag. This then results in the formation of 
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gaseous products − CO, SiO (the rate of SiO2 reduction by carbon at temperatures  
>1,500°C is rapid) − and arcs at the tips of the electrodes.  


In laboratory tests performed by Channon [CHA 74] with electrodes immersed in 
slags of {MgO (22%), Al2O3 (28%), SiO2 (50%)} at 1,500°C, for current densities 
<12 A/cm2 (based on the entire surface of the section of an electrode), the current 
circulating through the slag layers follows Ohm’s law. For current densities  
>12 A/cm2, there is a drop in electrical potential at the surface of the electrode due 
to arcing. If an arc forms between the electrode and the slag bath, for a constant 
voltage drop the resistance of the entire set is increased and thus the total power 
dissipated in the circuit is lowered.  


On an industrial smelting reduction furnace treating copper-nickel sulfides (see 
[VIG 11b], Chapter 6, section 6.5), with electrodes immerged in the slag, with a 
voltage between the electrodes of 180−230 V and current densities of 1.5−2 A/cm2, 
a substantial voltage drop at the electrode interface from 100 to 120 volt was 
observed. This drop was attributed to the formation of an arc from the CO created at 
the electrodes due to chemical erosion (see Figure 8.2.12) [SHE 98]. Therefore, even 
with electrodes immerged in the slag layer, formation of an arc occurs for high 
currents circulating between the electrode and the slag.  


8.2.3. PVI diagram and operating modes of a three-phase, three-electrode electric 
smelting furnace 


Figure 8.2.12 gives the variation curve of the resistance of an “electrode” as a 
function of the location of its tip with regards to the surface of the slag layer.  


 


Figure 8.2.12. Electrode resistance versus electrode tip position in a smelting furnace. 
Immersed electrode mode (electrode tip dipped into the slag layer, see Figure 8.4.1a); 


brush arcing mode (microarcing mode); arcing mode (electrode tip above 
the slag surface, see Figure 8.4.1c) [DOS 96]  
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In the resistive mode where the tip of the electrode is immersed in the slag layer, 
the resistance of the circuit (mainly the resistance of the slag column underneath the 
electrode) is relatively low. It decreases with immersion depth, see Figure 8.2.10. 
Under arc operating conditions (the arc being either open or submerged), the 
resistance of the arc increases strongly with increasing length, the voltage gradient 
being about 15 V/cm of arc length. Under arc brushing conditions, the electrical 
process is very unstable.  


A PVI diagram is given in Figure 8.2.13 where P is the total furnace power, I the 
current in the circuit and V is voltage between phases (U in Figure 8.2.2) [DOS 96]. 
This figure shows operating mode and the total furnace power consumed by a three 
phase furnace with three electrodes as a function of operating parameters V and I. 


 


Figure 8.2.13. Furnace transformer PVI curves. Three-phase/three-electrode electric 
smelting furnace: open arc mode and immersed electrode mode (72 MVA furnace 


transformer). Dashed lines: transformer voltage tap curves (each line being l 
abeled with its corresponding tap voltage); continuous lines: 


 electrode load resistances [DOS 96] 
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8.2.4. Induction furnaces  


Induction furnaces are used for the melting, remelting and refining of metallic 
charges for the production of alloy steels and special alloys (see Figure 8.5.1). An 
induction furnace corresponds to an electric transformer whose secondary is made of 
the material to be heated, the primary being fed by an alternating current whose 
frequency can vary within a large range. In inductive systems, an electric current is 
induced in the melt due to the presence of an externally imposed magnetic field that 
varies over time. The passage of electric current through the melt results in Joule 
heat release, which supplies the process heat for melting/dissolution and 
endothermic reactions. Due to the effect of the alternating magnetic field generated 
by the inducer, the molten metallic bath is continuously in motion. As a 
consequence, the temperature of the bath and slag is uniform; the term 
“electromagnetic stirring” is used. Refining operations are carried out in vacuum 
induction melting furnaces. 


The melting rate in an induction furnace is almost twice as high as the rate that 
can be reached in an arc furnace. An induction furnace with the same volume of 
metal releases twice as much power as an arc furnace. 


8.3. Electric arc melting furnaces  


Electric arc furnaces (EAFs) have been used for a long time, mainly for the 
production of high  alloy and specialty steels. It was only after World War II that 
larger furnaces were built for the production of plain carbon steels. The electric 
furnace became the recycling tool of steel. The total energy consumption per ton of 
liquid steel by this route is 7.4 GJ/ton of iron whereas the blast furnace (BF)  + 
oxygen steel route, is 16.2 GJ/ton of iron.  


The operating mode of these melting furnaces is the arc mode due to the high 
conductivity of the charge (scrap) and the metallic bath after melting. The two types 
of furnaces used for scrap iron melting are the three-phase furnace with three 
electrodes (see Figure 8.1.1) and the single-phase furnace with an electrode fed with 
a continuous current (see Figures 8.1.3 and 8.2.1) [JON 97, KRA 99].   


Scrap iron melting furnaces, whose charge is made up of scrap, operate under 
batch conditions producing batches of molten steel known “heats” [AYE 99].  


The arc furnace whose charge consists of scrap (50%) and DRI pellets (50%), 
see [VIG 11b], Chapter 4, section 4.2.5 and in Chapter 3, section 3.3.3.1. After 
melting, the scrap charge is fed continuously with DRI pellets.  
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The electrical energy supplies only 65% of the energy necessary for melting a 
charge. The minimization of the specific consumption of electrical energy and the 
reduction of melting time are the main goals of the process control of these furnaces.  


8.3.1. Three-phase, three-electrode UHP-EAFs  


UHP-EAFs with a nominal power of 90−120 MVA and specific power of 
700−1,000 kVA/ton of metal, for UHP and super-high power (SHP) operate with 
currents between phases J of 50−60 kA and secondary potentials, U, between phases 
from 700−1,100 V (see Figure 8.2.2).  UHP-EAFs operate in zone A (see Figure 
8.2.9), with a power factor of 0.80−0.86, and electrical efficiency, ρ,  is high 
(operation with a long open arc and a high arc voltage).  


UHP-EAFs are made up of a ladle with a diameter that can reach 7 m, and a 
capacity that can reach 180 tons of liquid steel with a production of 180 ton/hour.  


Scrap iron melting is performed by long and powerful electric arcs that are struck 
from the electrodes and the charge to be melted. A fraction of the active power of 
the arc is dissipated by radiation and absorbed by the walls and the roof. This 
operating mode was made possible by the replacement of the refractory-lined wall 
and roof (with a low thermal conductivity and calorific capacity) with water-cooled 
steel or copper elements (panels). These are excellent thermal conductors. These 
water boxes are covered by a slag layer [SOU 81]. 


At high operating levels (arc voltage and power), the furnace arcs are 
approaching their stability limit. This is characterized by frequent loss of the arc, 
requiring arc re-ignition by mechanically lowering the electrode tips towards the 
slag surface. High-power electric furnace load is characterized by: rapid active and 
reactive power fluctuations; severe phase unbalance; arc generated harmonics; and 
flicker phenomena. 


During the initial melting phase of a scrap iron charge, the electrodes are almost 
set in contact with the scrap; a long arc forms in a bubble surrounded by the scrap. 
The scrap iron is melted by radiation of the arc. As a result, the thermal efficiency is 
relatively high during this phase. However, as soon as a liquid bath is formed, the 
thermal efficiency of a long arc, regarding energy transfer to the bath, drops to 
30−35%. Thus, to improve the thermal transfer, a protective slag submerging the 
electric arc during melting is formed. The lime and fluxes used to obtain a slag are 
charged with the scrap. A foaming slag is obtained by blowing carbon and oxygen 
through a lance. The furnace is operated with a quasi-submerged arc in a foamy slag 
as soon as the formation of a bath with enough liquid occurs. This happens as soon 
as the energy consumed reaches 150−200 kWh/ton, which leads to more stable 
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operating conditions and improves the thermal efficiency of the furnace by avoiding 
the radiation of arc energy towards the walls [BOW 90, WUN 84]. 


The melting of one ton of scrap iron and its heating at 1,600°C theoretically 
requires 375 kWh (1.4 GJ) plus 50 kwh/ton of iron for slag formation. The total 
equivalent energy consumed is usually in the range of 630−650 kWh/ton Fe (see 
Table 8.3.1). The electric energy supplied is 410 kWh/ton of iron in modern 
furnaces. It represents only 60−65% of the total consumed thermal energy. The 
additional thermal energy (35−40%) is provided by a supply of calories by oxi-fuel 
burners and combustion of coal (which is either added or present in the DRI) and 
oxidation of a fraction of the iron (which is absorbed by the slag, whose content is 
minimized by the addition of carbon) by injection of oxygen in the liquid bath.  


Electrical energy Coal combustion Iron oxidation Others 


410 kWh/t 160 kWh/t 30 kWh/t 30 kWh/t 


65% 25% 5% 5% 


a) Energy inputs total energy inputs: 630 kWh/ton of iron  


Heating and 
melting of the 
scrap (up to 


1,610°C) 


Off-gas losses 
Thermal losses 


by the walls 
Electrical losses Slag formation 


375 kWh/t 125 kWh/t 50 kWh/t 30 kWh/t 50 kWh/t 


60% 20% 8% 4% 8% 


b) Energy consumed 630kWh/tFe 


Table 8.3.1. EAF energy balance for the melting of scraps [FAS 96]  


The consumption of energy can be reduced by pre-heating the scrap iron charge. 
At optimum performance of these furnaces, we can quote a melting time of 
45 minutes; electric energy consumption of 360 kWh/ton; 23 kg of coal 
consumption and 40 Nm3O2/ton with scrap pre-heating up to 300°C. For a detailed 
technologic description of an arc furnace and its operating conditions, see [AYE 99].  


The charge of three-phase arc furnaces is increasingly being made up of a scrap 
iron fraction and of pre-reduced iron ore fraction (DRI), whose metallization varies 
from 91.5−95.5%. In practice, for 50% DRI of metallization 95.5% in the charge, 
the consumption of electric energy is equal to 527 kWh/ton of iron (see Figure 
8.3.1). For such a metallization degree, the metallic iron content is equal to 88%, the 
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FeO content is 7−8% and the gangue content is 4.5%. The energy required for the 
reduction of FeO and for the melting of gangue explains the fact that the 
consumption of electric energy is higher than that corresponding to scrap iron 
charging. The main advantage of starting with pre-reduced ores comes from their 
purity, as they have low non-ferrous metal (Cu, Ni, Mo) and metalloid (S, P) 
contents.  


 


Figure 8.3.1. Power consumption related to the amount of DRI in the charge for two different 
grades of metallization [WAL 93]  


For a 75% DRI with a metallization degree of 95% and carbon content of 2%, 
the electrical energy consumed is 580 kWh/ton of iron. With a loading of DRI at 
600°C, the energy consumption is reduced to 470 kWh/ton of iron [AND 02].  


Some electric three-phase furnaces are fed with a charge of 100% DRI. 


8.3.2. Single electrode direct current arc melting furnace  


The most recent furnaces for the production of steels from scrap are single-
electrode direct current arc furnaces (see Figure 8.2.1). The hearth contains the 
anode(s); and the cathode, made of graphite, goes through the roof. These furnaces 
are also made of a ladle with a diameter up to 7 m, with a capacity up to 180 tons of 
liquid steel and a production of 180 tons/hour.  


With a continuous current, the uniform distribution of the current across the 
entire section of the electrode allows higher currents than through alternating current 
electrodes, where the current is concentrated in the skin of the electrode. With 
electrodes with a diameter of 700 mm, direct arc currents of 130 kA can be obtained 
(thus 33 A/cm2 and a current density of 2,500 A/cm2). For an arc voltage of 700 V, 
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this provides a useful (absorbed) power in the plasma of 90 Mwe. The maximum 
power used in the circuit is equal to 125 Mwe. 


The melting of the scrap iron in a direct current arc furnace is faster and steadier 
and the thermal losses are lower than in a three-phase furnace. This is due to the 
behavior of the arcs. The d-c arc burns vertically. The a-c arc burns at an angle 
towards the furnace walls at around 30−45°C, the three arcs in an alternating current 
furnace repelling each other by magnetic forces. A maximum heat load zone is thus 
created in front of each electrode. In a direct current furnace, the heat load on the 
wall is equalized.  


 


Figure 8.3.2. Arc electric behavior: a) alternating-current; and b) direct-current  


 


Figure 8.3.3. Direct-current arc furnace scrap melting process [GRO 92] 


An important feature of the direct current arc is the concentration of arc power at 
the anode, which is the most efficient way of transferring arc power to the metal 
charge in the furnace. 


Figure 8.3.3 shows the melting process of a scrap iron charge with this type of 
arc. During the initial bore-in period, the electrode bores a pit (shaft) into the charge 
whose diameter can range from 1.5−2 times the diameter of the electrode. After a 
few minutes, the electrodes will have penetrated the charge sufficiently for a long 
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arc to be used, which maximizes the transfer of power to the scrap iron by radiation 
and convection and a liquid pool of metal will form in the furnace hearth. 


The d-c arc allows a more regular and homogeneous melting of the scrap iron 
than a regular a-c electric furnace. Furthermore the walls and roof are protected 
during the melting process, which decreases the thermal losses and wear of the 
refractory materials.  


The temperature of the bath is much more homogeneous than for a three-phase 
arc; the melted bath through which the electric current goes is subjected to 
electromagnetic forces setting the bath in motion. 


The most important advantage is a substantial reduction in electrode 
consumption. 


A direct current arc furnace with two electrodes with a capacity 135 tons that is 
fed by four transformers of 52 MVA, with a total power of 110−135 MW dissipated 
in the circuit has been developed for the melting of pre-reduced ores (DRI) pre-
heated at 560°C. The consumption of electric energy is equal to 470 kWh/ton of iron 
[GER 01]. 


8.4. Electric smelting reduction furnaces  


8.4.1. General considerations  


Carbothermic smelting reduction is the basic reaction of the smelting reduction 
operations in these furnaces (see [VIG 11b], Chapter 4, section 4.4), with a large 
release of CO, the reducing gas: 


1/y (MxOy)(slag) + C(s) →  


                    (x/y) {M(carburized) or M(M')(dissolved in another metal)} + CO [8.4.1] 


These furnaces operate with continuous feeding of coke and oxide ore or sulfide 
ore calcine particles, which are progressively dissolved in the slag layer, and 
continuous tapping of the metallic phase produced and the slag. 


Reaction [8.4.1] being complete at the high temperatures reached and for the 
residence times of the oxide in the slag bath, the feeding rates of the reductant solid 
carbon and oxide are stoichiometric.  
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Regarding the smelting reduction process (see Chapter 5), the reduction occurs:  


– in the slag layer, the in-bath smelting reduction, (see [VIG 11b], Figure 4.4.1a), 
there is reduction of oxides dissolved in a slag layer by carbon particles (as in the 
DIOS and AISI processes, see Chapter 5, section 5.2.2.2);  


– in a carbon-packed bed (coke-packed bed reduction), the slag containing the 
dissolved oxide to be reduced flows down on coal particles, as in the active zone of 
a blast furnace, see Chapter 4, sections 4.2.3.1.4 and 4.3.2 and reactions [4.2.7] and 
[4.3.2].  


The charge is made of either fine or rough particles. For a feed consisting of 
rough particles, they pile up above the slag layer as floating charge banks (see 
Figures 8.4.1a’, c and d). In these burden banks, the particles are heated and then 
prereduced by the reducing hot CO gas ascending from the main reaction zone 
deeper in the furnace. The electrodes are immerged in the banks. For a feed 
consisting fine particles the low porosity of such banks would not allow passage of 
the reducing gas. The particles directly fall into the slag layer. The system is then 
made of two layers: a slag layer and a metallic layer. The operating mode is called 
open-bath smelting (see Figures 8.4.1a and b). 


The thermal needs (heating, melting of the charge and reduction of the oxides) 
are provided by electric energy. The design of the furnace is based on a thermal 
balance: to process a given oxide feed rate F(oxide) (molar) or G(oxide) (mass) and to 
obtain a fractional conversion X, the electric power required is equal (without 
considering the losses) to the enthalpy required by the charge:  


F(oxide) × ∆H (heating + melting + reduction × X) = P(él) = R(él) × I2  [8.4.2] 


The electric energy is liberated in the molten slag by Joule heating or radiates in 
arcs, depending on the different operating modes: with electrodes immersed in the 
slag layer (a and a'), open-arcs (b), shielded-arcs (c) and submerged-arcs (d), see 
Figure 8.4.1 [MAT 93]. In shielded-arc smelting (c), long powerful arcs are 
developed between the electrode tips and the slag surface, the electrode tips being 
completely covered with the burden that absorbs the intense heat liberated in the 
arcs. In submerged-arc smelting (d), the electrode tips are also covered with the 
burden. This burden, containing a relatively large amount of coke, a “coke bed” is 
built up under the electrodes through which the current is transmitted and heat 
develops. 


The furnace operation modes − immersed electrodes or arc, with an open bath or 
covered with a floating charge − depend on several factors: type of charge, slag 
conductivity and specific electrical energy to be supplied (for the production of one 
ton of metal).  
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Figure 8.4.1. Smelting reduction electric furnaces operating modes: a) immersed electrodes 
in the slag and open bath; a') immersed electrode (in the slag layer) covered by the charge;  


b) open arc/open bath (short arcs); c) shielded arc; and  
d) submerged arc (in a coke bed) [MAT 93]  


The main types of smelting reduction furnaces used are three-phase furnaces 
with three or six electrodes in line. The rectangular furnace with six electrodes has a 
number of inherent advantages over the circular furnace, despite the greater capital 
costs. The smaller electrodes are more robust and less susceptible to breakage. The 
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distribution of heat across the rectangular furnace is more uniform but the thermal 
losses are greater because of the larger unit surface area. 


8.4.2. Electrical resistance (immersed-electrode) smelting furnaces  


This operating mode (immersed-electrode smelting) is limited to the reduction of 
charges that only require small amounts of specific electric energies. Different types 
of furnaces are used depending on the nature and type of feeding (fine or rough 
particles). Slag resistance furnaces and their electrical circuits are described in 
section 8.2.2 and Figure 8.2.10. 


8.4.2.1. Three-phase/three-electrode furnace  


This type of furnace is used for slag cleaning operations: recovery of the nickel 
and cobalt from the slag resulting from copper matte converting; recovery of zinc 
and of lead from the dusts of electric steel factories. It has also been used for 
smelting reduction operations of pre-reduced nickel ores [PET 90].  


8.4.2.2. Six-in-line immersed-electrode and open-bath furnace (see Figure 8.4.1a) 


This is used for iron-making (hot metal) by smelting reduction of prereduced 
iron ore with a metallization degree ranging from 70−80% and with carbon contents 
of 5−9%. The charge feed is controlled to avoid covering the arcs. A single 
industrial unit operates with this mode: the New Zealand steel iron plant. The 
continuous feed is made of hot prereduced fine iron ore particles that are directly 
injected into the liquid bath slag, whose volume is significant (450 kg/ton Fe). For 
feeding at high temperature, in a 69 MVA furnace, ensuring a production of 500,000 
tons of iron per year, power consumption ranges from 850−950 kWh/ton at a 
furnace power input of 25−30 MW. The specific consumption of coke (number of 
carbon atoms consumed per atom of iron produced) is represented by  
C/Fe = 0.44−0.47 (see [CRA 89, MAT 93]). 


It is used for the smelting of nickel calcine and copper-nickel calcines [MAT 93, 
SHE 98], see [VIG 11b], Chapter 6, section 6.5 and Figure 6.5.1a. 


8.4.2.3. Six-in-line electric furnace with floating charge banks (see Figure 8.4.1a') 


This is used for matte smelting and nickel laterite smelting where most of the 
electrical energy is used for melting charge. 


In these furnaces, the electrical energy is liberated in a zone around each 
electrode tip, resulting in local superheating and strong thermal gradients. 
Electromagnetic and convective forces move the slag up around the electrodes and 
outwards towards the furnace walls. The hot slag flows under the floating charge 
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banks, which are melted by superheat. There is a limiting bath power density, in the 
range of 90−150kW/ m2 hearth area to avoid the erosion of the sidewall refractories.  


The chamber, whose length can reach 36 m and width 14 m, is formed of a non-
horizontal hearth and a pierced vault to let the electrodes through and feed in calcine 
or ore and for the fumes. The matte is tapped at one end and the slag at the other. 


The furnaces operate with powers ranging from 25−40 MW, with a voltage 
between the electrodes of 200−400 V and currents of 16−40 kA. The diameters of 
the electrodes made of a carbon paste (coke and brai) range from 120−160 cm. Thus 
current density, based on the total surface of the section of an electrode, ranges from 
1−2 A/cm2.  


The electrode immersion goes from 20−60 cm, for a slag layer depth of 120 cm. 
The variation in resistance between the electrodes with immersion depth is 
represented in Figure 8.2.11 and the thickness of the metal layer is equal to 90 cm. 
The consumption of energy varies from 350−600 kWh per ton of charge. 


8.4.3. Open-arc/open-bath smelting furnaces (see Figure 8.4.1b) 


This type of furnace is used either when the slag conductivity is too high for the 
electrodes to be immerged in the slag layer or for the reduction of fine ore particles.  


The energy transferred to the furnace charge (i.e. to the liquid bath) does not 
depend on the slag conductivity, and so on slag composition. This allows the slag 
composition to be optimized as a function of the metallurgical aim. There are three 
types of electrode furnace, which will now be discussed. 


8.4.3.1. Three-electrode furnace  


The three-electrode furnace is used for the reduction of laterite nickel ore in a 
furnace with a capacity of 51 MVA, 40 MW (thus a specific power of 115 kW/m2) 
operating under 1,300 V between the phases and currents of 18 kA, with electrodes 
of φ = 180 cm, and current densities <1 A/cm2 [MAT 93].  


8.4.3.2. Six-in-line electrode furnace  


This operating mode is used for the smelting reduction of ilmenite ore 
{TiO2 (37%), FeO (29%), Fe2O3 (29%), MgO (2.66%), SiO2 (0.8%), Al2O3 (1%)} 
with reduction of a fraction of the iron oxide, production of hot metal and formation 
of a slag rich in titania. 
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The carbon/ore mass ratio in the charge, fed at controlled rates, is such that only 
a fraction of iron oxide in the ore is reduced. One ton of charge gives around 500 kg 
of slag and 330 kg of hot metal.  


The dimensions of the furnaces are 18 × 7.5 × 6 m and these furnaces are 
equipped with six electrodes with a diameter equal to 610 mm, power ranging from 
30−70 MVA and currents from 25−60 kA [POG 80]. 


Slag chemistry is one of the main process control parameters; it must be kept 
constant. The composition of the slag determines the operating temperature of the 
furnaces, the amount of coal for reduction and the operating energy. The resulting 
slag has the following mean composition {TiO2 (72%), FeO (12%), SiO2 (5.4%), 
Al2O3 (5.3%), MgO (5.3%), CaO (0.9%)}. High titania slags are highly conductive. 
The conductivity varies from 30−60 ohm-1cm-1 for TiO2 contents varying from 
70−80%. The high conductivity of these slags  is the principal factor determining the 
open-arc type of the furnace for smelting ilmenite ores. The conductivity of the arc 
is due to the low ionization potential of metallic vapors, especially titanium. The 
furnaces are operated with open arcs with lengths of 2.5−3 cm.  


 These slags are characterized by a very low viscosity (approximately 20 
centipoises) and a melting temperature increasing linearly with TiO2 content in the 
slag from 1,580−1,670°C when the TiO2 content varies from 69−76%. The slags are 
very corrosive. The molten slag in the furnace is contained in solid slag banks. The 
composition of the slag has to be kept within a narrow range to keep its melting 
temperature constant and thus to avoid either melting or growing of the solid slag 
banks. The mass of carbon/mass of ore ratio in the charge sets the slag composition 
and its melting temperature. A solid layer can be also maintained by control of the 
energy supplied. If the energy is too high, the bath will grow, while if the energy is 
too low the liquid bath can become completely solidified. The electrical power 
supplied has to be such that this solid layer does not melt or increase much. The 
operation is based on the control of both operating parameters. 


8.4.3.3. Direct-current arc smelting furnace  


d-c arc smelting furnaces or d-c transferred-arc furnaces are equipped with a 
single hollow electrode through which fine particles can be injected in the 
transferred arc [JON 94, STE 85]. The stability of the arc allows direct introduction 
of the charge into the arc. The reduction occurs in the arc plasma. The arc can be 
used with high arc voltages and low currents, which leads to low consumption of the 
electrode made of graphite. The feed rate and power can be independently 
controlled.  
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Notable recent applications of this process have been the smelting of electric arc 
furnace dust and chromite (<6 mm) fines for the production of ferrochrome in 40 
MVA furnaces operating under 26 MW power [KAM 89]. 


This technology allows the processing of laterite ore fines containing 2.2% 
nickel. The production of one ton of a ferronickel {Ni (24%), Fe (75%)} from an ore 
with a content of {Ni (2.25%), Fe (13.4%)} (dehydrated laterite, but not re-reduced) 
requires 800 kWh/ton for a feeding flow rate of 1.5 ton/hour. It requires a power of 
1,500 kW and a voltage of 350 V, with a coal consumption of 67 kg/ton calcine 
(39.5 kg C/ton) [KOT02].  


Slag cleaning processes (Enviroplas Process) with this technology have been 
developed for the recovery of cobalt, nickel and copper from slags resulting from the 
converting of copper sulfide ores, (slags with the same composition as fayalite {SiO2 


(30%), FeO (60%), Ni (2%), Co (1%), CaO (2%), MgO (1%), Al2O3 (2%)} [JON 02]. 
They have also been developed for the recovery of zinc from lead blast furnace 
(LBF) (see Chapter 4, section 4.5 and Chapter 5, section 5.3.2) [ABD 02].  


8.4.4. Shielded-arc smelting furnaces (see Figure 8.4.1c) 


These furnaces are used for the smelting reduction of prereduced and preheated 
saprolite (laterite) ores (not requiring a large amount of carbon) to produce a 
ferronickel alloy (see Chapter 10, Figure 10.4.3).  


This technology enables much higher power intensity to be applied without the 
problem of sidewall refractory erosion encountered in immersed electrode smelting 
(see section 8.4.2.3).  


Six-in-line electrode furnaces are rectangular furnaces with a high power of 
50−110 MVA (operating with a power of 44−80 MW with currents of 12−16 kA and 
a voltage of 1,260−1,690 V) between electrodes with a diameter of 102 cm under 
current densities <2 A/cm2. Long powerful arcs are developed between the electrode 
tips and the slag surface, the electrode tips being completely covered with the charge 
that absorbs the intense heat liberated in the arcs. As the reduction of prereduced 
saprolite ores into ferronickel alloy requires a small amount of carbon, there is 
insufficient coke in the charge to render it conductive, and it is thus possible to apply 
high electrode voltages and hence low currents. As the majority of the power is 
transferred directly to the charge, very high productivity can be obtained and hearth 
power density >470 kW/m2 can be obtained without any erosion issue of the 
refractory materials, as in the case of immerged electrodes. The consumption of 
energy per ton of dry ore is 440−600 kWh/ton, but based on the ton of nickel 
contained in ferronickel, it reaches 30−35,000 kWh/ton. Starting from a saprolite 
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with 2.65% nickel, we obtain a ferronickel with a nickel content ranging from  
21−38 % and carbon and silicon contents of 1%.  


Nickel and cobalt are nearly completely reduced to metallic form. Iron is only 
partially reduced to metallic form. Most of the Fe in the slag is in the form of FeO. 
The extent of iron reduction is controlled by the addition of coal. The nickel content 
of the alloy and slag iron oxide content are therefore controlled by the amount of 
carbon loaded with the charge. 


The composition of the slag, which is made of SiO2/MgO/FeO oxides, is a very 
important parameter of the operation. It has to be such that a solid slag layer 
permanently covers the walls of the furnace (solid slag banks): it cannot melt or 
grow. The thickness of this layer will depend on the temperature of the slag. It  
varies strongly with the %(SiO2)/%(MgO) ratio. It goes through a minimum for  
2< %(SiO2)/%(MgO) <3, (see [VIG 11a], Chapter 3, Figure 3.4.4). In the ore, this 
ratio is 1.5−2, see Chapter 10, section 10.4.2.1.  


8.4.4.1. Design, operation and process control  


The smelting reduction process of oxides dissolved in a slag layer in shielded-arc 
smelting furnaces is identical to that presented in the DIOS and AISI processes for 
the production of hot metal by carbothermic smelting reduction (see Chapter 5, 
section 5.2.3.2). The mass, and therefore the thickness of the slag layer for a given 
oxide feed rate, controls the residence time required to obtain a given extent of 
reduction (see Chapter 5, equation [5.2.7]). This therefore has to be the basic 
operating parameter for the design of the furnace.  


Actually, the design is mainly an electric one based on equation [8.4.2].  


The electrical circuit of this kind of furnace for a phase is represented in Figure 
8.2.3. It consists of the resistance of two arcs and two slag layers to be crossed (the 
circuit being closed in the underlying metallic layer, whose resistance is equal to 
zero). The electrical power is dissipated in these resistances:  


Ptotal = PArc + Pslag = I2 (Rarc + Rslag)  [8.4.3] 


The furnace has to be operated in order to obtain a relatively high Parc/Pslag ratio, 
ranging from 3 to 5, therefore: 


Parc/Pslag = (V2/P Rslag ) – 1  [8.4.4] 
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The conductivity and thickness of the slag layer control the resistance, Rslag, 
which therefore has to be as low as possible. However, as the power dissipated in 
the slag layer varies as a function of I2 and the electric power generated in the arc 
varies linearly with intensity I and arc length, we have to limit the current and to set  
a long arc length. The thickness of the slag layer is then set by thermal conditions. In 
practice, it is always hot enough to reach the desired reduction rate.  


As in the case of open-arc furnaces processing ilmenite ore (see section 8.4.3.2), 
the operation of the furnace is based on the control of two parameters: the electrical 
power supplied and the feed rate of the ore. The power level is regulated by 
modifying the voltage between the phases to keep the temperature of the slag, and so 
the liquid slag volume, constant. This prevents an increase or decrease in the 
solidified slag layer on the solid slag banks. The temperature of the slag only has to 
be slightly higher than the melting point of the slag. 


8.4.4.2. PVI diagrams and operating regions for three-phase/three-electrode 
furnaces 


The smelting reduction of prereduced saprolite (laterite) ore has been carried out 
successively in the same furnace operating first in the immersed electrode mode and 
then in the shielded arc mode. The regions of the operating mode are shown on PVI 
diagrams in 8.4.2a and b) [DAE 92]. 


Furnace a (immersed electrodes), rated at 45 MVA, operating with electrodes 
immersed in the slag (electric resistance smelting furnace) at a power of 36 MW, a 
voltage between the electrodes of 480 V and electrode currents of 45−50 kA, with 
cos ϕ equal to 0.95, a resistance per electrode of 5.3 mohms, enables the processing 
of 10,000 tons of nickel calcine per week (164 hours), with an energy consumption 
of 520 kWh/ton of calcine or 485 MWh/ton of dry ore. 65% of the energy is 
provided by the Joule effect, 23% is the sensible heat of the preheated feed and 12% 
is provided by the combustion reactions. The sensible heat of the slag consumes 
67% of the energy, the reduction reactions consume 14% of the energy and the 
thermal losses reach 11% (17% of the incoming electric energy). 


Furnace b, rated at 65 MVA, operating with shielded arcs, with a power of 
51 MW, voltages between the phases of 990 V and electrode currents of 33 kA, with 
arc lengths of 25 cm, enables the processing of 16,500 tons of calcine per week. The 
increase in power consumed from 36 to 51 MW allows a production increase from 
10,000 to 16,500 tons per week.  
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Figure 8.4.2. Reduction of laterite ore in a three-phase/ three-electrode electric  
furnace. PVI diagrams and operating regions: a) immersed electrode  


smelting mode; and b) shielded-arc smelting mode [DAE 92]  
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8.4.5. Submerged-arc smelting furnaces with “coke beds” 


8.4.5.1. Reaction zones  


In the submerged-arc smelting furnace, see Figure 8.4.1d, the electrode tips are 
covered with the burden. This burden contains a relatively large amount of coke. A 
coke bed is built up under the electrodes through which the current is transmitted 
and heat develops.  


This type of furnace has been used for the production of “hot metal” directly 
from iron ore, which requires a consumption of electrical energy higher than 
2,000 kWh/ton of hot metal. An electric furnace of this type industrially produces 
hot metal from prereduced and preheated ore (50−60% metallization), with 
1,200 kWh/ton Fe consumption of electric energy (Highveld steel iron plant). With 
the titanium-bearing ore (55% Fe, TiO2 (13.5%), two tons of ores are required to 
produce one ton of hot metal and 0.8 ton of slag rich in titanium and vanadium 
[CRA 89].  


Submerged-arc smelting furnaces are used for the production of ferromanganese 
and ferrochromium. 


These furnaces operate with continuous ore and coal feed (in stoichiometric 
amounts) and continuous or stepwise discharge of the metallic phase and the slag. 
Under a steady regime, the furnace can be divided into several zones (or layers) in 
which a reaction occurs. Exhaustive descriptions of these furnaces and their 
operating modes, following in situ tests, have been performed, see Figure 8.4.3 
[ASP 92, RIN 01, TRO 96, WAS 96].  


– The upper zone (zone F) contains the floating charge banks around the 
electrodes. Its spreads down slightly higher than the tip of the electrodes. This zone 
can be considered a gas-solid reactor, operating counter-currently. In this zone, the 
burden is preheated by ascending gases. The oxide particles, during their descent, 
are reduced by the CO resulting from the reactions occurring in the lower part of the 
furnace. The residence time of oxide particles in this zone ranges from 12−24 hours. 
As the charge mix descends in the furnace, the ore melts while the coke particles 
remain in the solid state. The descent velocity of the particles is directly related to 
the smelting reduction rate in the zones under the electrodes (the melting produces a 
vacuum). It is thus related to the temperature within the coke beds and therefore to 
the power generated in the coke beds: 


– Under each electrode, a conical zone (zone A) 0.8−1 m deep, mainly filled 
with coke particles, the coke bed, on which the slag flows over towards the bottom 
of the furnace. The main part of the reduction takes place in the coke beds: the 
melting of the ore occurs in zone E, the coke particles within the material volume 
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close to the electrode remain solid and constitute the coke bed. The mechanism 
occurring in this coke bed is very close to that in the active zone of an iron or 
ferromanganese blast furnace, i.e. carbothermic smelting reduction (see Chapter 4, 
sections 4.2.3.1.4 and 4.3.2) of the Fe and Mn oxides of the liquid slag flowing over 
the carbon particles; 


– a slag layer (zone B); 


– a liquid metallic layer (zone C).  


The coke beds floating on the molten bath act like a resistance between the 
electrodes and the metallic phase. Under the electrode, the current runs through the 
coke bed via microarcs between the carbon particles and by conduction through the 
contact points between the carbon particles. According to Matyas [MAT 93], the 
major portion of the electrical energy is liberated by microarcing. According to 
Wasbo [WAS 96], however, the main part of the electric energy is liberated by Joule 
effect. The electro-thermal efficiencies of these furnaces are close to 80%, therefore, 
more than three-quarters of the energy dissipated in the arc is used for the 
production reactions and heating of the metal and slag.  


A fraction of the current runs through the charge blanks from one electrode to 
the other due to the high conductivity of the burden resulting from the high carbon 
particle content. A large fraction of the electrical energy is then transferred to the 
burden surrounding the electrode, by the Joule effect. The conductivity of the burden 
depends on its carbon content and on the conductivity of the carbon particles.  


Height
to


 


Figure 8.4.3. Ferromanganese or ferrochrome production in a three-electrode submerged 
arc furnace. Reaction zones − A: coke beds; B: slag layer; C: liquid metal; D: high 


temperature zones (2,000−3,000°C); E: ore particle fusion zone, F: heating and 
 prereduction zones of the charge; H and G: slag solidified sidewall [ROB 73] 
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Figure 8.4.4. Resistance (mohm) calculated for a coke bed as a function of the size of coke 
particles for an electrode diameter of 1.9 M [TRO 96]  


8.4.5.2. Ferromanganese and ferrochromium production  


For the production of ferromanganese from a manganese ore with composition 
{Mn2O3 (50−75%), Fe2O3 (12−27%), CaO (4−9%), SiO2 (3−6%)}, the reduction of 
the upper manganese oxides and iron oxides is almost complete in the upper zone F 
where the temperature reaches 1,200°C with formation of liquid hot metal (saturated 
in carbon by flowing over the carbon particles of the burden). The melting of the 
mixture of residual oxides (MnO, SiO2, CaO, Al2O3) making up the slag starts at 
temperatures of 1,200−1,250°C. The MnO progressively dissolves in the slag and is 
reduced by carbon during the flowing of the slag over the carbon particles in the 
coke beds, as in the active zone of iron or ferromanganese blast furnaces. The 
contact time of the slag with the carbon particles has been estimated to be 20 
minutes. The temperature in the slag layer is 1,420−1,460°C. In a steady operating 
regime, the slag with 35−45% MnO corresponds to a slag saturated in MnO. As long 
as the slag is saturated in MnO, the reduction rate of MnO is high (see [VIG 11b], 
Chapter 4, section 4.4.6 and Figure 4.4.8). The slag rich in MnO will make up the 
burden for the production of ferromanganese or silicomanganese by silicothermic 
reduction (see [VIG 11b], Chapter 4, section 4.7.1).  


All the iron of the ore is in the metallic phase. The final standard composition of 
the ferroalloy is 79% Mn, 13% Fe and 7% C with low Si, P and S contents. During 
the solidification occurring after melting, Mn3C and Mn7C3 carbides will be formed 
by supersaturation. 


The stoichiometric consumption of carbon to ensure the reduction of one ton of 
ferromanganese with the above composition is equal to 275 kg. The real 
consumptions range from 305−380 kg of carbon/ton of alloy (see Chapter 4, section 
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4.3.3 for the consumption of coke in a manganese blast furnace). The consumption 
of energy is equal to 2,350 kWh/ton of alloy.  


In the case of chromium ore [HAY 04], which is made up of a spinel 
(Fe,Mg)O.(Cr.Al.Fe)2O3, with a composition of: {MgCr2O4 (50%), FeCr2O4 (25%), 
MgAl2O4 (25%)},the reduction starts in the upper zone. Here, at the surface of the 
ore particles, Fe-Cr islets form (reduction by CO in the presence of carbon). The 
extent of reduction can reach 40−50% (see [VIG 11b], Chapter 4, section 4.2.3.2 and 
Figure 4.2.11). 


Under each electrode (see Figure 8.4.5), within the coke bed, the main part of 
chromium oxide reduction by carbon occurs. In this zone, the temperature reaches 
1,700°C and chromite is dissolved in the slag. The dissolution rate of chromite in the 
slag limits the reduction rate (see [VIG 11b], Chapter 4, section 4.4.5). An increase 
in silica content in the slag increases the reaction yield: Cr2O3 content in the slag 
decreases from 14 to 3%. (For the composition of slags, see [VIG 11a], Chapter 3, 
section 3.4.3.2 and Figure 3.4.4, section 3.4.4.4, Figures 3.4.18 and 3.4.19).  


In the case of ferrochromium alloys with a carbon content of up to 7%, the 
consumption of energy ranges from 3,200−4,000 kWh per ton of alloy with a coke 
consumption of 400 kG/ton of FeCr.  


8.4.5. . Design and process control  


The smelting reduction process occurring in the coke bed is very close to the one 
occurring in the active zone of blast furnaces, with flowing of slag on the carbon 
particles and carbothermic reduction. From a physico-chemical point of view, the 
basic parameter is the residence time of the slag in the coke bed or the height of the 
coke bed required for the desired extent of reduction to be reached. 


Although a large number of studies on the carbothermic reduction of Fe, Mn and 
Cr oxides dissolved in slags has been carried out (see [VIG 11b], Chapter 4, section 
4.4), no result can be used to evaluate the residence time required for a given extent 
of reduction. However, as the temperature is very high in this coke bed, the kinetics 
of the reduction reactions must be fast; thus the height of the coke bed (which is 
estimated to be between 80 and 150 cm) must be widely sufficient.  


The height of the coke bed is set by the power supplied, which is fixed by the 
flow-rate of the ore to be processed (see equation [8.4.2]), as: 


P = Rel(coke bed) . I2 = V.I  [8.4.5] 


3







254     Extractive Metallurgy 3 


In fact, resistance in the coke bed Rel(cokebed) determines the operating conditions 
(I and V).  


As the carbon particles have a high conductivity, the resistance of the coke bed is 
very low. For a coke bed 1.5 m thick, under an electrode with a diameter of 1.9 m, 
the resistance varies with the size of carbon particles from 1 mohm for d(coke) = 5 mm 
to 0.3 mohm for dcoke = 2 cm (see Figure 8.4.4). As the charge mix is highly 
conductive, very high currents and low voltages need to be used to deliver the 
desired power input. These furnaces operate with a low voltage of 100−300 V and a 
high intensity, which can reach 100 kA, thus the very large diameter of the 
electrodes, up to 1.5 m.  


Assuming that the entire voltage drop is localized in the coke bed, for an 
incoming power and a given voltage, the intensity, I, is set. 


The current density, imax, being set by electrode wear considerations (<5 A/cm2, 
see section 8.2.1.1, the section of the electrodes is set by the maximum acceptable 
current density: 


I = imax S [8.4.6] 


This dimension S being determined, the height of the coke bed is then 
determined by:  


P = Rel . I2 = ρel H/S × imax
2 S2 = ρel H S × imax


2   [8.4.7] 


The following correlation between the dissipated power and electrical resistance 
of the coke bed has been established by Westly [ASP 92] from data from a large 
number of furnaces:  


Rel × P 1/3 = constant [8.4.8] 


which is valid for different furnaces but processing the same type of product, thus:  


I = C3 × P2/3   [8.4.9] 


The voltage is being set as a function of the power to be dissipated, and thus the 
intensity and dimension of the electrodes and the height of the coke bed.  
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The operating parameters of these furnaces are:  


− the composition and flow rate of the feed (coke/reducible oxides ratio); 


− the position of the electrodes and the electric voltage.  


By modifying the voltage, thus the input power, the height of the coke bed can 
be changed and thus the extent of reduction.  


8.4.6. Submerged-arc smelting furnace operation for the production of metallic 
silicon and ferrosilicon 


The carbothermic reduction process of silica, in these furnaces, is very specific. 
The formation of a slag layer does not occur. Reduction occurs through a complex 
mechanism that involves SiO gas described in [VIG 11b], Chapter 4, section 4.6.2. 
Due to the formation of large amounts of reduction gases (CO and SiO), arcs form 
between the tip of the electrodes and the metallic bath (Si or Fe-Si) in cavities called 
craters, whose typical dimensions are presented in Figure 8.4.5. In these craters, 
electrical arcs play a major role in the production of Si and FeSi metals [LAR 95]. 


 


Figure 8.4.5. Production of silicon in the electric arc furnace. 
 Gas-filled crater and arc [LAR 95]   


Most of the electrical power is dissipated in the arcs and transferred by radiation, 
convection and electron impact to the metal bath. Modelings of these arcs have been 
developed [AND 95, BAT 03, SAE 01]. 
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Typical data for industrial silicon metal furnaces are:  


– oven diameter: 5−8 m; 


– diameter of the electrodes: 1−1.5 m;  


– total furnace power: 10−30 MW (silicon furnace), 20−60 MW (ferrosilicon 
furnace); 


– electrode current: 50−100 kA(RMS) (silicon), 150 kA (ferrosilicon); 


– arc voltage: 100 V; 


– anodic and cathodic fall: 30−40 V, arcs are <10 cm long and have a conducting 
core diameter of 5–10 cm.  


– current density: 500 A/cm2;  


– energy consumption: 11−13 MWh/ton of silicon;  


– production rate: 1−2 tons of silicon/hour. 


A fraction of the current (20−30%), flows through the particles of the charge 
surrounding the electrodes. The carbon particles of the charge are converted into 
silicon carbide, which is conductive.  


The furnace shaft is lined with silicoalumina refractory materials. The hearth is 
covered with a thick layer of carbon. The furnace is continuously fed with raw 
materials. 


The furnace can be divided into two main zones: the mixed solid burden of SiO2 
(or SiO2 and Fe2O3) and carbon particles, above and around the electrodes; and a 
liquid silicon or ferrosilicon phase on which the silica particles float (see Figure 
8.4.6).  


The reactive scheme producing metallic silicon in a submerged arc furnace is 
shown in Figures 8.4.6 and [VIG 11b], Chapter 4, section 4.6.3. 


The silica particles of the burden descend into the silicon liquid bath and react 
with them to yield SiO at T >1,820°C:  


SiO2(s) + Si(l) → 2 SiO(g) 


The carbon particles in the burden, in contact with SiO gas are entirely converted 
into silicon carbide and CO as soon as the temperature reaches 1,510°C by: 
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SiO(g) + 2 C(s) → SiC(s) + CO(g) 


The silicon carbide particles descend into the furnace and react with the SiO gas 
being released to give liquid silicon, by:  


SiO(g) + SiC(s) → 2 Si(l) + CO(g)  


Ferrosilicon is also obtained in a submerged arc furnace by reducing the silica 
content using carbon in the presence of iron in which the silicon dissolves. The 
activity of silicon in liquid iron being very low (γSi = 0.0018 to 0.00724 at 1,600°C), 
the lower the silicon content in iron, the easier the reduction of silica (see [VIG 11a], 
Chapter 3, section 3.2.1). 


 


Figure 8.4.6. Silicon production in an electric arc furnace. Reaction  
mechanism and reaction zones [LAR 95] 


8.5. Consumable-electrode remelting furnaces  


The processing and refining routes of specialty steels and nickel-based alloys are 
represented in Figure 8.5.1. They consist of scrap melting, either in a vacuum 
induction furnace, or in an EAF, followed by refining operations in a ladle electric 
furnace (either vacuum argon degassing (see [VIG 11b], Chapter 7, section 7.2.2 and 
Figure 7.2.1) and vacuum oxygen decarburizing (see Chapter 6, section 6.4.3 and 
Figure 6.4.3), ending with electroslag remelting or a vacuum arc remelting.  
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Figure 8.5.1. Specialty steels and nickel alloy processing routes  


The remelting operations of primary ingots under vacuum combine the refining 
and production of fully dense, defect-free and homogeneous ingots with an 
appropriate chemistry and grain structure.  


Electroslag remelting is used as a final stage in the production of high-quality 
steel and nickel-based alloy ingots. The goal of electroslag remelting is to produce 
solid ingots of specified chemistry free from solidification defects and with uniform 
grain structure. Vacuum arc remelting is used to obtain sound ingots for nickel-
based alloys with a strong tendency to form macrosegregated zones and for the 
refining and production of ingots of reactive titanium, zirconium and their alloys, 
allowing the removal of residual hydrogen, chlorine and magnesium. 


The casting operations not being dealt with in this book, these furnaces are only 
briefly introduced, as the main aim of remelting of a metallic electrode in these 
furnaces is to obtain high-quality ingots by removal of the main defects occurring in 
ingots directly cast in moulds that can lead to shrinkage cavities, lack of core 
compacity and macrosegregation. 
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8.5.1. Electroslag remelting  


In electroslag remelting, a cylindrical ingot acting as a consumable electrode 
whose tip is immerged in an electro-conductive slag layer is remelted. The current 
flow in the slag, made of oxides and fluorides (CaO, Al2O3, CaF2), heats it by Joule 
effect. This triggers melting of the immerged electrode in the slag layer as drops.  


 


Figure 8.5.2. Electroslag remelting process  


These alloy drops go through the slag layer and gather in the liquid-metal pool, 
which progressively solidifies and cools down on contact with the walls of the ingot 
mould. The drop in potential through the slag layer varies from 20−50 V and the 
current from 5−50 kA for electrodes with a diameter up to 1.2 m. Current and 
voltage are linked by V = r(slag) I = I d/A k, where d is the thickness of the slag layer, 
A is the surface of the electrode and k the conductivity of the slag. 
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Figure 8.5.3. Vacuum arc remelting unit  


8.5.2. Vacuum arc remelting  


 In this process,  an arc is formed between the consumable electrode and the 
liquid well. The arc operates with a continuous current with a strong intensity 
ranging from 5−40 kA (depending on the material and on the size of the electrodes), 
with a low voltage (a few dozen volts) and thus a short arc length (a few cm). The 
furnace is equipped with an inducer co-axial to the ingot-mould, used to create a 
vertical magnetic field in order to confine the arc within the inter-electrode space. A 
large number of numerical studies of both processes have been developed [CHA 04, 
JAR 89, JAR 91]. 
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Chapter 9 


 Molten Salt Electrolysis Operations  


9.1. Overview of molten salt electrolysis operations  


The extraction of metals by aqueous salt electrolysis is limited by the discharge 
of H+ ions. The standard electrode potentials zM ME +  in aqueous solutions (see 
[VIG 11a], Chapter 8, section 8.2.2.2 and Table 8.2.1) of aluminum -1.66 V, 
titanium -1.75 V, magnesium -2.03 and sodium -2.71 V prevent their electrolysis in 
an aqueous medium.  


The production of metals by electrolysis of their salts (chlorides) or oxides in 
molten salt solution requires major problems to be overcome. For instance, the 
solubility of the metal in the electrolyte can be substantial with the possibility of re-
oxidation at the anode, leading to low yields. The electrolyte has to have the 
following characteristics:  


– Thermal characteristics: the electrolyte has to melt at a relatively low 
temperature but higher than the melting point of the metal in order to collect it as a 
liquid. A mixture of salts is used to lower the melting point by using a composition 
close to the eutectic. 


– Electro-chemical characteristics: the salt making up the electrolyte has to be 
more stable than that to be electrolyzed. The decomposition voltage (standard 
potential) of the salts (see [VIG 11b], Chapter 2, section 2.2.5) making up the 
electrolyte has to be significantly higher than that of the salt or the oxide of the 
metal to be deposited (see the Ellingham diagrams of the chlorides in [VIG 11a] 
Chapter 2, Figure 2.4.3). We then have to use alkaline or alkaline earth salts (see 
[VIG 11b], Figure 9.1.1). 
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Figure 9.1.1. Reversible decomposition voltage of sulfides, oxides, chlorides  
and fluorides at 1,000 K  


The electrolytes in the electrolysis of chlorides and oxides are therefore a 
mixture of halides (chlorides and fluorides) of alkaline and alkaline-earth metals 
(see [VIG 11a], Chapter 4, section 4.3). 


Industrially, only lithium, sodium, calcium and magnesium are extracted by 
electrolysis of their chlorides. Electrolysis processes of aluminum (AlCl3), titanium 
(TiCl4) and zirconium (ZrCl4) chlorides have been developed, but are not used for 
economic reasons (see section 9.2).  


A large number of studies are currently being carried out on direct 
electrochemical reduction of solid oxides by molten salt electrolysis (the SOM 
process and the FCC Cambridge process) (see section 9.4). 


The reduction of alumina by molten salt electrolysis with an electrolytic bath of 
cryolite is the only reaction industrially performed. There are a mixture of fluorides 
(NaF and AlF3) in the bath, see section 9.3.  


9.2. Chloride electrolysis  


9.2.1. Magnesium chloride  


In the molten salt electrolysis of MgCl2 [THA 01],  magnesium Mg++ ions are 
discharged at the cathode to form liquid magnesium and Cl– ions are discharged at 
the anode giving gaseous chlorine. The melting point of magnesium being 712°C, 
the electrolysis is carried out at 740°C in an electrolyte with the composition: {CaCl2 
(40%), NaCl (30%), KCl (20%), MgCl2 (10%)}. The decomposition voltages of 
calcium, sodium and potassium chlorides are higher (see Figure 9.1.1) than the one 
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of magnesium chloride. At 740°C, this decomposition voltage is equal to (see [VIG 
11b], Chapter 2, section 2.2.5): 


E* MgCl2 (740°C) = – ∆G°/zF = 2.6 to 2.8 volts 


Several processes have been developed (Norsk Hydro, Alcan and Dow 
Chemical) and therefore there are several types of cells. Some processes use 
anhydrous magnesium chloride; others use MgCl2 that is not entirely anhydrous. 
Preparation of the anhydrous chloride consumes about 10−15 kWh/ton chloride: 


– the IG-FARBEN process and its derivatives use anhydrous MgCl2 (see 
Figure 9.2.1); 


– the Norsk Hydro process comes from the IG-FARBEN process and starts with 
MgCO3 (magnesite), which is converted into MgCl2; 


– the Dow process starts with sea water and uses MgCl2.2 H2O (see Figure 
9.2.2). 


Compared to the electrolysis of alumina, the electrodes are vertical. The basic 
technology uses cathodes made of pure iron and anodes made of amorphous carbon 
or graphite (which do not react with gaseous Cl2) separated by diaphragms made of 
refractory materials. The design of the cells allows the removal of molten 
magnesium from the compartment where it is formed in order to prevent 
recombination of the metal with gaseous chlorine. The lighter molten magnesium 
floats on the electrolytic bath; chlorine is released in the anodic compartment. The 
cells are waterproof and equipped for the removal of the liquid magnesium and 
gaseous chlorine produced. 


 


Figure 9.2.1. Magnesium chloride electrolysis: a schematic of a unit  
cell of the IG-FARBEN process [SHA 96]  
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The IG-FARBEN cell (see Figure 9.2.1), without diaphragm, is fed continuously 
with molten magnesium chloride. 


 


Figure 9.2.2. Magnesium chloride electrolysis: A schematic of  
the Dow process cell [SHA 96] 


According to Faraday’s law, 2,200 ampere-hours of electricity are needed to 
produce 1 kg of magnesium. For cells with diaphragms, the power voltage is 







Molten Salt Electrolysis Operations     269 


6.5−7 V and the intensity reaches 150,000 A, the current density being about 
0.45 A/cm2. The cathodic current efficiency is 80−90%. The energy consumption is 
about 15,000−18,000 kWh per ton of metal. In fact, the cells have significantly 
evolved.  


One of the main evolutions is the removal of diaphragms, as the chlorine does 
not react with magnesium. This allows the electrodes to be moved closer (inter-
electrode distance of 30 mm) and thus the resistance of the electrolytic bath to be 
decreased and the EMF to have a value of 4.7−5.3 V. The energy-specific 
consumption is thus lowered to 13,000−12,000 kWh/ton of metal. With multi-polar 
cells (see [VIG 11b], Chapter 2, section 2.2.7.2), consumption of 10,500 kWh/ton of 
magnesium has been reached. 


The magnesium chloride concentration in the electrolytic bath is kept at a 
relatively low value as the solubility of magnesium in magnesium chloride is 
relatively high, decreasing the efficiency of electrolysis. Another problem comes 
from the fact that the vapor pressure of magnesium at these temperatures is 
relatively high (10 torr at 740°C) and that magnesium can be easily oxidized. 


The Dow cell operates with partially hydrated chloride (1.5 moles of water per 
mole of magnesium chloride) for economic reasons, thus avoiding a costly 
dehydration step. The composition of the bath is {NaCl (57%), CaCl2 (20%), MgCl2 
(20%), KCl (2%), CaF2 (1%)}. The operation of this cell is discontinuous. The 
current can reach 90,000 A per cell with a voltage of 6 V and an energy 
consumption of 18,000 kWh/ton of magnesium. The use of non-anhydrous chloride 
triggers significant wear of the anode, however, with the release of chlorine (Cl2) 
and containing  H2O and HCl. The cathodic current efficiency only reaches 75−80%.  


NOTE.– Most of the units (i.e. Dow) have been closed for economic reasons.  


9.2.2. Lithium chloride  


The cell has a central cathode of mild steel on which lithium is produced in 
liquid form. Opposite graphite plates are the anodes on which chlorine evolves. A 
bell-shaped structure above the cathode collects the rising metal and prevents it from 
reacting with the chlorine gas The cell is fed with anhydrous lithium chloride. The 
electrolysis is carried out at 420−450°C, in an electrolyte with the composition: 
LiCl (48−52 %) KCl (52−48%) [KIP 98]. The temperature and composition of the 
eutectic are 350°C and KCl (42%). At 400°C, the liquid range extends from about 
35−45 moles per cent KCl. The decomposition voltage of LiCl is 3.6 V at 427°C. 
The decomposition voltage of KCl is slightly higher than this (see Figure 9.1.1). The 
cell voltage is 6−9 V, the current density at the cathode is 2.1 A/cm2, and the current 
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efficiency is 85−95%. The energy consumption ranges from 35−40 kWh/kg of 
lithium. The lithium produced from this process has the following composition: {Li 
(97%), K (1.3%), Na (1.4%)}. 


9.2.3. Calcium chloride  


This operation is used to produce calcium. The electrolyte is calcium chloride 
and electrolysis is carried out at 780−800°C, just above the melting point of the 
chloride whose decomposition voltage is equal to 3.2 V at 800°C, with a current of 
100 A/cm2. Calcium is deposited on the base of the vertical cylindrical cathode, 
which is moving upwards vertically.  


9.2.4. Aluminum chloride  


The electrolysis of aluminum chloride, in a molten salt of chlorides (LiCl-NaCl-
AlCl3), (V > 3.5 V) using anodes made of graphite, has been studied in detail as it 
consumes less electrical energy: 9.6 kWh/kg Al compared to 13 kWh/kg Al for the 
electrolysis of Al2O3.Also, it does not require any consumable anode [GRJ 89]. The 
decomposition voltage of aluminum chloride is 1.85 V at 900°C, therefore it is much 
higher than the reversible EMF of the electrolysis of alumina (1.18 V) by the Hall-
Héroult process. Bipolar cells (see [VIG 11b], Chapter 2, section 2.2.7.2 and Figure 
2.2.5) are designed, manufactured and operated by ALCOA. These cells have 
allowed this difference to be made up for by reducing the ohmic drop in the 
electrolyte. The voltage drop in the electrodes is equal to 0.20 V and in the 
electrolyte bath is 0.55 V. The cell voltage for the Hall-Heroult process is equal to 
4.2 V and for the ALCOA process is 2.9 V.  


The production of aluminum by chloride electrolysis is technically sound. The 
problem with using this route to produce aluminum metal is simply one of cost, 
owing to the difficulty of producing aluminum chloride with the required purity (no 
water and residual oxide at all) as the chloride is hydrolyzed into oxi-chlorides 
forming sludges.  


9.2.5. Titanium chloride  


Many studies have been carried out on the production of titanium chloride 
[LEO 67, WAR 83]. Titanium chloride, TiCl4, is almost insoluble in alkaline and 
alkaline earth molten salts; however TiCl2 can be used, which requires the reduction 
of TiCl4 into TiCl2 beforehand. 
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There are two main problems of electrolysis of titanium chloride. The first is the 
re-oxidation of TiCl2, dissolved in the electrolyte, into TiCl4 at the anode. This 
requires a separation between the anolyte and the catholyte to avoid alternating 
oxidation and reduction with very low current efficiency. Second, because titanium 
is deposited as a solid at the cathode at the temperature studied, the operation needs 
to be stopped regularly. 


Ginatta [GIN 00] proposed performing the operation at a higher temperature 
(T > 1,700°C). Above 900°C, no divalent or trivalent ions remain in the electrolyte, 
only Ti4+ . 


9.3. Reduction of alumina by electrolysis  


As alumina has a very negative Gibbs free energy of formation, and is thus very 
stable, aluminum is among the metals that are the most difficult to produce. The 
extraction process of aluminum from alumina involves the electrolysis of aluminum 
fluoride produced in situ (by dissolution of alumina in cryolite). The principle of this 
was patented in 1886 independently by Héroult (in France) and Hall (in the USA) 
respectively.   


The alumina dissolved in the electrolyte is in the form of complex anions (see 
[VIG 11a], Chapter 4, section 4.3.3.1 and equations [4.3.5] and [4.3.6]) (Al2OF6)2– 
and (Al2OF4)2– and the cathodic reduction producing aluminum is: 


(AlF4)– + 3 e →Al(liquid) + 4 F–- [9.3.1] 


9.3.1. Electrolysis cell 


There are two main types of electrolysis cells with different types of anodic 
systems. The most recent one is the cell with pre-baked anodes (see Figures 9.3.1a 
and b). The cell is a metallic container where the walls and bottom are lined with 
refractory bricks covered by blocks of pre-baked carbon paste. The anodes are also 
made of pre-baked carbon paste. The anodic and cathodic surfaces are horizontal. 
The electrolytic bath is kept as a liquid at around 970°C via the Joule effect of the 
circuit. It is in contact with the upper electrode: the anode. This anode is relatively 
thin (4−5 cm see drained cathode cell section 9.3.7). The liquid aluminum layer is 
above the cathode. Above the cell, is a hopper containing the alumina. These cells 
operate with an almost continuous alumina feeding and periodic discharge of the 
liquid aluminum.  
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Figure 9.3.1. Two cross–sectional sketches of a Hall-Heroult pre-bake electrolysis cell  


During electrolysis, the anodes made of graphite are consumed with the 
formation of CO2; we can observe in Figure 9.3.1 a new anode and a used anode 
(consumed). The anodes are moved downwards to keep the anode-cathode distance 
constant. The replacement of used anodes is done one at a time without stopping the 
electrolysis.  


The CO2 gas bubbles formed at the surface of the anode are carried away by the 
hydrodynamic movements of the electrolytic bath. The formation of these bubbles 
and their motion are extremely important phenomena for the cell operation 
[CHE 94]. 


Modern cells are operated at very high currents of up to 300,000 A, flowing in a 
predominantly downward direction from the anode to the cathode. This current 
generates a strong magnetic field acting predominantly in the horizontal direction. 
The interaction of the electrical current and the magnetic field produces strong 
magnetic forces and a circulation of both the electrolyte and the metal with high 
velocities. The forces also act to deform the electrolyte/metal interface, which can 
also lead to the propagation of surface waves on the metal pad that, unless properly 
dampened, cause short-circuits and instabilities in the operation of the electrolysis. 
To prevent contacts between the liquid metal and the anodes, we have to keep an 
anode-cathode distance wide enough, i.e. an electrolyte layer thick enough, see the 
drained cathode cell below (section 9.3.7).  
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A large number of recent developments [EVA 81, EVA 00, JOH 88] have 
focused on the study of hydrodynamic movements induced by these electromagnetic 
forces and solutions in order to minimize movements by magnetic compensation. 
With magnetic field compensation in modern cells, the flow velocities of the metal 
pad are reduced. This allows a limited bath volume in the inter-electrode spacing, 
allowing us to reach Faraday efficiencies of 92−95%, see Table 9.3.1 and Figure 
9.3.4. 


9.3.2. Electrolytic bath  


The features of the electrolytic bath are presented in [VIG 11a], Chapter 4, 
section 4.3.2.2. The composition of the electrolytic bath is kept within a tight range 
during electrolysis in order to fulfill the following criteria:  


– it has to be a good solvent of alumina; 


– it has to be a good conductor; 


– it must not react with the electrodes; 


– its density has to be lower than the density of liquid aluminum; 


– it must not react with liquid aluminum. 


Owing to the extreme stability of alumina (standard decomposition voltage equal 
to 2.2 V), only fluorides can be used as electrolytes due to their higher stability (see 
Figure 9.1.1).  


The electrolysis is performed in an electrolytic bath made of cryolite (AlF6Na3) 
and a mixture of fluorides (NaF and AlF3),see [VIG 11a], Chapter 4, Figure 4.3.2. 
Alumina is soluble within which the alumina is soluble like oxi-fluoride with 
formation of an eutectic, with an alumina content of 10% in mass (25% in moles) 
and with an eutectic temperature of 962°C (see [VIG 11a], Chapter 4, Figure 4.3.4).  


Two other fluorides, aluminum fluoride and calcium fluoride, are added to 
improve the physico-chemical features of the bath: 


Aluminum fluoride (AlF3) leads to a decrease in the melting point and an 
increase in the efficiency of electrolysis by limiting the dissolution of the aluminum 
produced in the electrolyte, see reaction [9.3.4]. It also decreases the conductivity of 
the electrolyte, however. Due to the presence of Na2O as an impurity in the alumina, 
aluminum fluoride is consumed according to reaction [9.3.2] and therefore has to be 
added during the electrolysis: 


3 Na2O + 4 AlF3 → Al2O3(dissolved) + 2 Na3AlF6  [9.3.2]  
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Baths with an excess AlF3 content of 8−14% with respect to AlF6Na3 are used. 


Calcium fluoride (CaF2) increases the density; a fraction is naturally formed 
owing to the presence of calcium oxide as an impurity of alumina:  


3 CaO + 2 AlF3 → 3 CaF2 + Al2O3  [9.3.3] 


Calcium fluoride is almost inert electrochemically at concentrations from 4−8%. 
Calcium fluoride forms a complex with the ion (AlF4)–: (CaAlF6)–, which leads to a 
decrease in the activity of (AlF4)– and so the vapor pressure of NaAlF4, thus limiting 
the fluoride emissions of the cells. The ions present in the electrolyte are Na+, 
(AlF5)2–, (AlF4)– and F– (see [VIG 11a], Chapter 4, section 4.3.2.2, Figures 4.3.3 and 
4.3.5 and reaction [4.3.4]). The solubility of alumina in the electrolytic bath varies 
with the AlF3 content. It reaches its maximum value when the bath corresponds to 
pure cryolite (Na3AlF6), thus for an AlF3 content of 0.25 moles. It is equal to zero 
when the AlF3 content is equal to 0.5 moles.  


The dissolution rate of alumina in the electrolytic bath is a very important feature 
for electrolysis operation. This explains the use of alumina γ in modern units. Its 
higher dissolution rate in the bath than alumina α is due to its larger specific surface 
(from 30−70 m2/g). The dissolution heat of alumina in the electrolyte is quite high 
and ranges from 150−200 kJ/mole Al. The dissolution rate is controlled by the heat 
transfer, at least in the initial dissolution stage. 


The resistance of the electrolytic bath varies with the Al2O3 content see 
Figure 9.3.2. The alumina feeding of the cell being almost continuous, the alumina 
content in the electrolytic bath is maintained at around 2−3%. 


To limit aluminum dissolution in the electrolytic bath as a result of the reaction:  


Al + 3 NaF → 3 Na + AlF3  [9.3.4] 


the AlF3 molar fraction of the electrolyte must be kept at a value of 0.33, although 
the solubility of alumina in the electrolyte reaches its maximum value for an AlF3 
molar fraction of 0.25. 


The carbon blocks lining the lateral walls of the cell, in contact with cryolite 
under a cathodic potential, are attacked with the formation of aluminum carbide, 
Al4C3, which dissolves in the cryolite. To prevent such an attack, frozen cryolite 
banks have to be maintained at the surface of the lateral walls of the tank. The 
temperature in the cell, which depends on thermal losses, then has to be kept very 
close to the liquidus temperature of the electrolytic bath. The thermal balance is then 
the basic controlling parameter of the electrolysis. 
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9.3.3. Electrode reactions  


9.3.3.1. Cathodic reaction 


The overall reaction is: 


2/3 Al2O3 + 4 e → 2 (O2–) + 4/3 Al(l) [9.3.5] 


According to Grjotheim [GRJ 82, GRJ 88, GRJ 93], the oxygen ions react with 
the fluorides to give complex fluorides, for instance, the (Al2OF6)2– ion.  


The overall reaction [9.3.5] is the result of two reactions: a cathodic reaction of 
the (AlF4)– ion, mainly present in the electrolyte, yielding aluminum: 


(AlF4) – + 3 e →Al(l) + 4 F– [9.3.6] 


the F– ions thus produced ensuring the dissolution of alumina (see [VIG 11a], 
Chapter 4, section 4.3.3.1, reactions [4.3.5] and [4.3.6]) yielding complex fluorides 
close to the cathode:  


2/3 Al2O3(s) + 4 (AlF5)2- + 4 F– → 3 (Al2OF6)2— [9.3.7]  


It seems strange that anions take part in a cathodic reduction. Several 
mechanisms have been proposed to explain reaction [9.3.6]. One of these 
mechanisms involves both following reactions [LER 00]: 


(AlF4)– → (AlF2)+ + 2 F– [9.3.8] 


and:  


(AlF2)+ + 3 e → Al + 2 F– [9.3.9] 


The (AlF2)+ ion presents a very high dipole momentum that orientates the Al3+ 
ion towards the cathode, where it can easily be discharged. With (AlF4)–, however, 
the Al3+ ion being hidden at the center of a fluoride tetrahedron limits the possibility 
of electronic exchange between Al3+ and the cathode. 


9.3.3.2. Anodic reactions  


At the anode, the mechanism of the anodic process is not entirely understood. 
The overall reaction, with current densities >0.6 A/cm2, is: 


C(s) + 2 O2– → CO2(g) + 4 e  [9.3.10] 
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Elementary reactions occurring (see [VIG 11a], Chapter 4, section 4.3.3) are: 


– at high Al2O3 concentrations in the electrolytic bath: 


2 (Al2O2F4)2- + 2 F–→ (Al2OF6)2— + O(adsorbed) + 2 e  [9.3.11] 


which requires the breaking of two O-Al bonds;  


– at low concentrations: 


 (Al2OF6)2– + 2 F– → 2 (AlF4)– + O(adsorbed) + 2 e  [9.3.12] 


which also involves the breaking of two O-Al bonds; 


– the oxygen formed adsorbed on the anode reacts with the carbon to give CO2 
(see [VIG 11a], Chapter 2, section 2.6.1 and Chapter 5, section 5.4.3.3): 


C + 2 O(adsorbed) → CO2 [9.3.13] 


in the form of gas bubbles on contact with the horizontal surface of the anodes. 
These bubbles are carried away by the magneto-hydrodynamic movements of the 
bath, as long as there is enough alumina in the electrolytic bath (see Figure 9.3.1b). 
Formation of CO occurs for current densities <0.3 A/cm2. The Boudouard reaction 
producing CO, although being low at these temperatures, still leads to an additional 
consumption of carbon of the order of 4−8%. 


9.3.3.3. Overall reaction  


The overall reaction is a carbothermic reduction where a fraction of the required 
free energy is provided by electrical energy:  


Al2O3 + C → Al + CO2 [9.3.14] 


A fraction (1 − x) of the metallic aluminum generated in the cell, having small 
solubility in molten cryolite, is transported to the anode by circulation of the 
electrolytic bath induced by the electromagnetic forces, where it is reoxidized by the 
carbon dioxide bubbles as:  


Al + 3/2 CO2 → 1/2 Al2O3 + 3/2 CO  [9.3.15] 


This has the effect of reducing the current efficiency x of the cell, see section 
9.3.5.2.2.  


Therefore, taking into account this reaction, the overall reaction can be written 
as: 


1/2 Al2O3 + (3/4x) C → Al + 3/4 (2 – 1/x) CO2 + 3/2 (1/x – 1) CO  [9.3.16] 
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The gas released at the anode contains 70−90% carbon dioxide and 30−10% 
carbon monoxide. From an economic point of view (carbon consumption), it is very 
fortunate that the anode product is CO2 and not CO, as if this was not the case, twice 
as much carbon would be required.  


9.3.3.4. Anodic effect 


When the alumina concentration in the electrolyte decreases to below 2%, the 
anode polarization voltage increases significantly (see Figure 9.3.3) and the anodic 
effect starts [TAB 94]. The CO2 content decreases to about 20% and the CO content 
increases to about 65% of the total anode gas composition with tetrafluoromethane 
CF4 making up 10−20% of the total anode gas composition. During normal 
electrolysis, CF4 is not emitted. The cell potential is too low for the discharge of 
fluoride ions.  


During an anode effect, the discharge of fluoride ions occurs and gives rise to the 
formation of elementary F, which reacts with the anode carbon forming CF4. The 
surface of the anode in the electrolyte becomes covered by an electrically insulating 
and non-wetting gas film that causes a significant increase in the cell resistance. 
Once the process has been initiated, an increase in the alumina concentration does 
not trigger the end of the anodic effect. To eliminate the anodic effect, the gas film 
must be completely removed. This can be carried out by lowering the anodes, 
manually or via computer control, until short-circuiting occurs with the metal pad. 


9.3.4. Thermodynamic and kinetic data  


9.3.4.1. Thermodynamic data  


The enthalpy and Gibbs free energy of the decomposition of alumina:  


1/2 Al2 O3 → Al + 3/4 O2 [9.3.17] 


respectively, at a temperature of 970°C, are:  


– ∆H° = 845 (kJ/mole Al), thus corresponding to 31 GJ/ton aluminum; 


– ∆G° = 640 (kJ/mole Al); 


which corresponds to a decomposition voltage of: 


– ∆G° / 96,500 . 3 = – 2.21 volts at 970°C [9.3.18] 


A fraction of the energy required for the decomposition of alumina is provided 
by the oxidation of carbon at the anode (see reaction [9.3.13]):  
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at 970°C: ∆H° = -298 kJ; ∆G° = -303 kJ 


The enthalpy and Gibbs free energy of overall reaction [9.3.14] that occurs during 
the electrolysis are given by: 


∆H° = 1/4 (2,249.561 – 0.0466 T) kJ/mole of Al [9.3.19a] 


∆G° = 1/4 (1,679.921 – 0.433 T) kJ/mole of Al [9.3.19b] 


thus, at 970°C: 


∆H° = 548 kJ/mole of Al or 20 GJ/ton of Al or 5,640 kWh/ton of Al  


 [9.3.20a] 


∆G° = 342 kJ/mole of Al [9.3.20b]  


which corresponds to a reversible electromotive force E*:  


E* = -∆G°/ 96,500 . 3 = -1.18 volts at 977°C [9.3.21] 


At low concentrations of alumina, between 1.8 and 3% in mass, the 
concentration over-voltage is low; it increases from 30 mV to 80 mV: 


E*= E° + RT ln a(Al2O3)  


by taking into account the yield x of the overall reaction (see reaction [9.3.16]), 
which is also the “current efficiency”: 


∆G°(970°C) = (378.4 – 36.1/x) kJ/mole of Al 


thus:  


E* = -(1.31 – 0.125/x) volts [9.3.22] 


9.3.4.2. Kinetic data  


According to Faraday’s law (see [VIG 11b], Chapter 2, equation [2.2.3]), we 
need: 


2,980 A.h per ton of aluminum [9.3.23] 


The amount of aluminum produced per time unit, which is proportional to the 
current, I, and yield x of the electrolysis, is set by the overall intensity circulating in 
the cell and thus mainly by the size of the cells, thus of the anodes. 
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Anodic overpotential of carbon anodes in cryolite-alumina melts  


Cells operate with an anodic current density, i = I/S, which has significantly 
decreased over the years. Its value was 1.1−1.3 A/cm2 in the 1920−1940s, and is 
now 0.7−0.8 A/cm2, in order to minimize the cell voltage and thus the energy 
consumption. The current density, i, at the electrodes is set by the over-voltages that 
have to be applied (see [VIG 11b], Chapter 2, section 2.2.3 and Figure 2.2.2).  


The overvoltage is mainly anodic and, according to Tafel law (see [VIG 11a], 
Chapter 8, equation [8.4.12]), given by:  


ηa(i)   = a + b log i  


where a = 0.541 to 0.583 and b = 0.134 to 0.207; for 0.06 A/cm2 < i < 1.27 A /cm2 
and for a saturated electrolyte bath {Na3AlF6-Al2O3 (saturated), AlF3 (11%), CaF2 
(5 %)} at 970°C. To obtain an anodic current density of 0.7 A/cm2, the over-voltage 
η(i) is 0.6 volt [YAN 99]. 


The anodic over-potential arises because of the activation energies required to 
break the carbon-carbon bonds and discharge two oxygen atoms on the same carbon 
to liberate CO2 by reaction [9.3.13]. The anodic over-potential depends on the type 
of carbon the anode is made of and on the composition of the molten bath, especially 
on the alumina concentration in the electrolyte (see Figure 9.3.3). The anodic over-
potential increases with increasing AlF3 and CaF2 contents. 


The minimum electrolysis voltage, i.e. the electromotive force, (see [VIG 11b], 
Chapter 2, equation [2.2.8]) is: 


E = E* + η(i) ≈ 1.8 volt 


The total cell voltage for intensity, I, through the cell (see [VIG 11b], Chapter 2, 
equation [2.2.6]) can be written as:  


Vcell = E* + η(i) + I × (Rbath + Relectrodes) [9.3.24]  


4.2 volts = 1.8 V + (1.4 V + 1 V) 


9.3.5. Energy balance  


9.3.5.1. Electrical energy consumption  


The specific energy consumption per ton of aluminum produced (see equation 
[10.2.10], [VIG 11b]) can be written as:  
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Ws(electrical energy) = (1/x) (2,980 × Vvolts) kWh/ton Al  [9.3.25]  


thus, for modern cells operating with a cell voltage of 4.2 V and a current efficiency 
of 0.95, a consumption of specific electrical energy is 13,200 kWh/ton of Al. 


The electrical energy needed to produce one ton of aluminum is the sum of two 
main terms: 


– the energy required for electrolysis: 


E.I/ x = 2,980 × 1.8/0.95 = 5,650 kWh/ton Al  [9.3.26] 


– the energy required for heating the charge and compensating for thermal 
losses, q', through the cell walls in order to keep the electrolytic bath at 970°C: 


I2 (RB + REl) = ∑(H970 – H25)reactants + q' [9.3.27] 


and q' is a function of the size of the cells and movements of the bath.   


The thermal losses are roughly proportional to the cell surface and vary as a 
function of operating conditions (cell age).  


The thermal design of the cell lining is a compromise between minimizing 
energy losses and maintaining an anode-cathode distance sufficient enough to avoid 
losses in current efficiency due to reaction [9.3.15].  


9.3.5.2. Optimization of the electrical energy consumption  


For a given cell, we can reduce the specific energy consumption (see equation 
[9.3.25]) by reducing the cell voltage and improving the efficiency of reaction x (see 
reaction [9.3.16]) occurring in the cell [KVA 00].  


9.3.5.2.1. Cell voltage  


For a cell of a given size (thus with a surface, S, of the anodes set and with a 
resistance of the electrodes set) and for a given hourly production (thus a current 
density set), we can optimize energy consumption by acting on the cell voltage, Vcell, 
thus on the resistance, RB, of the electrolytic bath which depends on two parameters: 


– the inter-electrode spacing or thickness of the electrolytic bath, D; 


– the resistivity, ρB, of the electrolytic bath, which depends on the composition 
of the electrolyte, especially on the alumina content dissolved in the electrolytic 
bath: 


Vcell = E + i S (ρB × D/S) + i S × Relectrodes  [9.3.28]  
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Figure 9.3.2 gives the variation curves of resistance, RB, as a function of these 
parameters. The minimum value of the electrolytic bath resistance is obtained for an 
alumina concentration close to 5%. The variation in electrolysis voltage depends on 
the Al2O3 content and inter-electrode spacing and is shown in Figure 9.3.3. We can 
see that the electrolysis should be carried out with a low alumina content, of 2−4% 
and an electrolytic bath thickness and thus an inter-electrode spacing that is as low 
as possible. We cannot operate with an alumina content that is too low. Below a 
given concentration, we observe a high voltage increase caused by the formation of 
an electrically-insulating gas film under the anode: this is the anodic effect (see 
above). 


 


Figure 9.3.2. Electrolytic bath resistance as a function of alumina concentration for two 
inter-electrode spacings. The operating point corresponds to the optimum energy 


consumption [WEL 88]  


 


Figure 9.3.3. Cell voltage versus alumina concentration for two  
inter-electrode spacings [WEL 88] 


9.3.5.2.2. Current efficiency x  


The current efficiency or Faraday yield, x, can be improved by minimizing reaction 
[9.3.15] that occurs at the anode due to the diffusion of aluminum through the 
electrolytic bath. We can minimize this phenomenon by maintaining an anode-
cathode distance sufficient enough to avoid losses in current efficiency due to 
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reaction [9.3.15] and instabilities due to surface waves on the metal-bath interface 
producing short-circuits. The efficiency, x, varies as a function of D, as shown in 
Figure 9.3.4. The efficiency is roughly constant and is 95% for modern curves for 
electrolytic bath thicknesses greater than 4 cm. Below this value, the efficacy 
suddenly drops. The critical thickness of the electrolytic bath mainly depends on the 
magnetic design of the cell, thus on the movements of the bath and deformation of 
the metal/electrolyte interface and CO2 bubble release (see Figure 9.3.1b). Magnetic 
compensation has been the major reason for the breakthrough in current efficiencies 
to levels above 92%. 


 


Figure 9.3.4. Current efficiency as a function of the inter-electrode spacing  


The consumption of electrical energy per ton of aluminum produced, Ws, see 
equation [9.3.25], depends, in the end, on two basic parameters (see Figure 9.3.5): 


– D = inter-electrode spacing; 


– ρB = resistivity of the electrolysis bath → thus the Al2O3 content dissolved in 
the electrolytic bath, which is kept at a well-defined value by acting on in the 
feeding of Al2O3 into the bath. 


 


Figure 9.3.5. Specific electrical energy consumption as a function of: a) the inter-electrode 
spacing D; and b) the alumina content in the electrolyte bath (for a given D) 
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The temperature of the electrolytic bath is kept as close as possible to the 
liquidus temperature in order to keep the electrolyte banks solid (see Figure 9.3.1). 
This depends on the thermal losses, however, and these losses vary with time (thus 
with wear of the thermal insulation of the cell). Thermal equilibrium is reached by 
acting on the resistance of the electrolytic bath, which is carried out by modifying 
the inter-electrode spacing during the cell’s lifetime. 


9.3.5.2.3. Evolutions and improvements of the process  


Between 1910 and 1980, the size of the cells and thus the intensity of the current 
have been multiplied by a factor of 15, the consumption of energy has been reduced 
by a factor 2 and the efficiency of the electrolysis “x” increased from 74 to 96% (see 
Table 9.3.1). These improvements have been obtained by: 


− increasing the size of the cells in order to lower thermal losses; 


− improving the efficiency of electrolysis “x”, related to better control of the 
magneto-hydrodynamic phenomena; 


− decreasing the current density, i; 


− using optimized baths, with a higher AlF3 content, thus limiting the re-
dissolving of aluminum produced and allowing lower operating temperatures. 


Year Current  
(A) 


Energy consumption 
(kWh/ton Al) 


Efficiency  
(%) 


1910 20,000 26,000 74 


1930 45,000 20,000 80 


1950 125,000 18,000 90 


1980 180,000 13,200 95 


1990 300,000 13,200 95 


Table 9.3.1. Performances of the process  


9.3.5.2.4. Modern electrolysis performances 


– cell voltage: 4.15−4.25 volts; 


– current: 295 ± 3 kA; 
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– current efficiency: 94−96%; 


– daily production per cell: 2,235 kg; 


– specific electrical energy consumption: 13,200 ± 300 kWh/ton of aluminum. 


A production workshop of 200,000 tons of aluminum per year is made of 
240−288 cells in series. The potential difference applied to the terminals of the tank 
series ranges from 1,000−1,200 volts.  


NOTE.– The overall consumption of energy to produce one ton of aluminum from 
bauxite is equal to: 23 GJ (Bayer process) + 13,200 kWh (electrolysis) + 10 GJ 
(carbon consumption of the anodes)/ton of aluminum. In joules with a conversion 
rate of 3.6 GJ/1,000 kWh, we obtain a consumption of 85 GJ/ton of aluminum.  


Many development studies have been carried out using this operation [WEL99].  


9.3.6. Drained cathode cell 


Cell voltage and electrical energy consumption depends on Al2O3 content and 
inter-electrode spacing (see equation [9.3.28]). The electrolysis should be carried out 
with a low alumina content and electrolytic bath thickness, and thus with an inter-
electrode spacing that is as small as possible. The large electrical forces in the cell 
cause the metal pad to move and undulate, giving the pad an uneven flowing 
surface. To avoid the metal pad coming into contact with the anode and causing an 
electrical short-circuit, the electrolytic layer must be sufficiently thick (4−5 cm).  


The development of a wetted cathode would allow the metal to be drained away 
and thus avoid anode-metal pad contact.  As a consequence, the thickness of the slag 
layer and the anode-cathode distance (ACD) could be decreased. This would reduce 
the voltage drop in the electrolyte layer and so reduce energy consumption. The 
voltage drop across the electrolyte layer is currently 1.4 V (see equation [9.3.24]).  


Decreasing the ACD proportionally decreases its contribution to the total energy 
demand. By eliminating the metal pad, the ACD distance could be halved to 25 mm, 
enabling substantial voltage lowering. This requires the development of a wetted 
cathode. Development work on cathodes coated with TiB2 is currently being carried 
out [WEL 99]1. 


                                 
1 See also www.oit.doe.gov.IOF.Aluminum. 
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9.3.7. Inert anode cell  


The use of inert anodes in the electrolysis of alumina is only interesting if the 
overall energy balance is positive. It has to take into account: 


– the consumption of electrical energy; 


– the thermal balance of the cell, which depends on the design of the cell (this is 
outside the scope of this book); 


– the emission of greenhouse gas (CO2) by electrolysis itself and due to the 
energy consumed by the thermal power station (this is outside the scope of this 
book). 


These questions are dealt with exhaustively by Kvande and Haupin [KVA 01]. 
Only the physico-chemical elements are presented in this section. Other things being 
equal (thermal balance), the energy consumption is higher with inert-electrodes. 


The reversible electromotive force of the electrolysis of alumina with carbon 
electrodes is equal to 1.22 V and with the over-potentials required for the current 
intensity (thus production) the electromotive force is 1.8 V. With an inert anode, the 
combustion reaction of carbon (see section 9.3.10) no longer occurs. Oxygen is 
released at the anode and therefore the reversible electromotive force is equal to 
2.25 V. Regarding over-potentials, only the anodic over-potential is supposed to be 
reduced, by 0.4 V. As a result, the electrolysis voltage increases from 1.8 to 2.4 V, 
and the consumption of energy required to ensure the electrolysis increases by 
1.8 kWh/kg of aluminum. By considering the additional electrical energy required to 
make up for enthalpy of the combustion reaction of carbon for the same thermal 
losses, the applied voltage has to be increased by 0.9 V. As a result, the electrical 
energy consumed increase from 13.2 to 16 kWh/kg aluminum.  


On the other hand, it should be mentioned that inert anodes have to present: 


– resistance to electrolyte attack; 


– resistance to oxygen attack at high temperatures; 


– electronic conductivity; 


– electro-chemical stability; 


– resistance against thermal shocks. 


As a consequence, the use of inert anodes is not yet industrially applied. Ongoing 
studies dealing with the electrolysis of alumina dissolved in a mixture of AlF3 + KF 
as the electrolyte are being carried out. This allows the electrolysis to be carried out 
at 800°C in cells with an inert anode (WO/2005/045101 patent).  
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9.3.8. Electrorefining of aluminum  


This process is performed at 750°C.  At the bottom of the cell, we have a Cu-Al 
alloy layer within which impure aluminum is dissolved. The electrolyte constitutes 
the medium layer on which the refined liquid aluminum floats and acts as a cathode. 
The electrolyte is made of chlorides and fluorides (2 AlF3.3 NaF (40%), BaCl2 
(60%)) whose melting point is 720°C. The circulation of the current leads to a 
transfer of the aluminum from the soluble anode to the cathode. The Cl– ions are 
discharged at the anode. The chlorine formed then attacks the metals (Ca, Mg) that 
can be present in the alloy. These metals remain in the bath in the form of chlorides. 
The metals more noble than aluminum (Cu, Fe, Si) are stored in the anodic alloy. 


9.4. Electro-reduction of metal oxides and deoxidation of metals by molten salt 
electrolysis  


The electrolytic decomposition of a metal oxide, dissolved in a molten oxide 
electrolyte with high ionic conductivity, into a high-purity metal and oxygen liquid 
is possible [WAR 05]. The metallurgical slags are made of metallic cations (Fe2+, 
Fe3+, Ca2+, Mg2+), oxygen anions, O2–, and polymeric anions (SiO4


4–, AlO3
3–). In  


FeO-SiO2 slags, the ionic conductivity increases from 10 to 90% when the silica 
content goes from 10 to 34%. Current efficiencies remain low, however, and there is 
no industrial electrolysis operation with a slag as an electrolyte (see [VIG 11a], 
Chapter 3, section 3.4.1).  


9.4.1. Electrochemical reduction of metal oxides  


The solubility of most metal oxides in their chlorides is very low, which prevents 
their metals from being extracted by molten salt electrolysis. (Metal oxide or 
chloride must be soluble in the medium for the current to be transported through the 
solution.) The alkaline earth chlorides, however, dissolve substantial quantities of 
their respective oxides. The reduction of the oxides of alkaline earth metals − CaO, 
BaO, SrO − by molten salt electrolysis is possible, the decomposition voltage of the 
oxide E°D(CaO) = 2.71 V at 900°C being lower than that of the salt  
E°D(CaCl2) = 3.13 V. It should, therefore, be possible to electrowin these elements 
by dissolving the oxide in the respective chloride. The over-voltage necessary will, 
however, lead to some decomposition of the chloride with the production of 
chlorine. In addition, calcium  dissolves in the electrolyte (from 4−6%) and 
recombines with oxygen produced at the anode. The Faraday yield (current 
efficiency) is very low. To isolate the oxygen produced at the anode from the 
calcium produced at the cathode, it is necessary to use a ceramic diaphragm (YSZ: 
zircon stabilized by yttrium oxide) around the graphite anode, which is only 
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permeable to O2 ions due to its O2 vacancies. The process is then limited by the 
diffusion rate of the oxygen ion through the membrane. The electrolysis has to be 
carried out at high temperature (1,200−1,400°C) where the diffusivity of O2


– ions in 
the stabilized zircon is high (see Figure 9.4.1). This technology, known as SOM 
(solid-oxide membrane process) has been developed for the electrolytic reduction of 
oxides: MgO dissolved in a mixture of chlorides, and CaO dissolved in CaCl2 
[MAR 03, PAL 01].  


 


Figure 9.4.1. The SOM (solid-oxide membrane) process for metal (Me) production by direct 
reduction of its oxide dissolved in chloride (MeO) [PAL 01] 


9.4.2. Electrochemical reduction of titanium dioxide  


The calciothermic reduction of titanium oxide in molten salts (calcium chloride) 
is dealt with in [VIG 11b], Chapter 4, section 4.7.3.  


Two processes (see Figure 9.4.2) have recently been developed for the electro-
reduction of titanium oxide.  


These processes convert titanium oxide directly into the metal without melting. 


The FCC Cambridge process is a high-temperature molten-salt electrolysis 
process converting in situ titanium oxide into solid titanium at ≈950°C. Titanium 
dioxide is the solid cathode and graphite is the anode in the cell in which molten 
calcium chloride (melting point of 762°C) is used as the electrolyte. This electrolysis 
is possible with a cathode made up of an oxide, for the titanium dioxide is an 
insulator that becomes a conductor when it becomes oxygen deficient. Any removal 
of oxygen gives rise to highly electronically conducting Magnelli phases [FRA 01].  
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Figure 9.4.2. Titanium dioxide reduction: a) molten salt electrolysis: FCC process [FRA 01]; 
and b) calciothermic reduction [SUZ 03]   


During electrolysis, the oxygen in the solid TiO2 releases electrons and is 
converted to oxygen ions by the reaction (see reaction [9.3.5]): 


TiO2(s) + 4 e → 2(O2-)(CaCl2) + Ti(s)  [9.4.1]  


Under the effect of the applied electric potential, the oxygen ions dissolve in the 
molten salts and move towards the graphite anode. These ions discharge at the 
graphite anode and are liberated as carbon dioxide by the reaction: 


C(s) + 2 O2-
(Cacl2) → CO2(g) + 4 e  [9.4.2]  


the overall reaction being:  


TiO2(s) + C(s) → Ti(s) + CO2(g) [9.4.3] 


∆G° = -326 kJ/mol at 950°C, thus a reversible electromotive force is:  
E* = 0.85 V.  


Calcium chloride is the preferred electrolyte; decomposition of calcium chloride 
not taking place in the cell. Its decomposition voltage is 3.21V. Furthermore, it has a 
very high solubility for oxygen ions.  
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Electrolysis is performed under an applied voltage 3 V. TiO2 particles of 
0.25 µm, in six hours, are turned into titanium nodules of 12 µm. The oxygen 
content of the titanium is 600 ppm. The Faraday efficiency, in laboratory tests, is 
only equal to 50%.  


In the calciothermic reduction process of titanium oxide proposed by Suzuki (OS 
process) [SUZ 03], the mechanism is made up of a chemical reduction of titanium 
oxide by calcium dissolved in calcium chloride:  


TiO2(s) + 2 Ca(CaCl2) → Ti + 2 CaO(CaCl2) [9.4.4] 


and an electrochemical reaction producing by electrolysis the calcium metal: 


Ca2+ 
(CaCl2) + 2 e → Ca (at the cathode) [9.4.5]   


The oxide in solution being decomposed into ions:  


CaO(CaCl2 → Ca2+ 
(CaCl2)  + O2—


(CaCl2)  [9.4.6] 


with reaction [9.4.2] at the anode. 


The operation is performed in a cell with a titanium basket, acting as a cathode, 
containing the oxide particles (see Figure 9.4.2b). 


9.4.3. Electrolytic deoxidation of titanium  


The electrolytic deoxidation of titanium containing up to 1,400 ppm oxygen by 
calcium at 950 °C, with voltages of 2.8−3.5 V and current densities of 0.2 A/cm2, 
allows O(Ti) contents to reach 10 ppm [CHE 01, OKA 93]. By simple deoxidation by 
the Ca dissolved in the chloride, however, the O(Ti) content reached does not go 
below 50 ppm (see [VIG 11b], Chapter 4, section 4.7.3). 
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Chapter 10 


 Extractive Processing Routes 


This chapter deals with the extractive processing routes, i.e. the sequence of 
operations carried out from ores or concentrates to produce base metals and recover 
other metals. These routes are illustrated by flow sheets. 


10.1. Features of extractive processing routes  


The extraction of metals from ores or concentrates is carried out by two main 
processing routes: 


– the ancient pyrometallurgical processing route where: roasting, smelting, 
converting and refining are the main operations; 


– the more recent hydrometallurgical processing route with leaching separation 
and aqueous electrolysis as the main operations [NIC 01]; 


– some processing routes are mixed, made up of hydro- and pyrometallurgical 
operations; 


– for some metals, special processing routes, like the chloride process, allow the 
production of metals whose extraction is difficult, e.g. titanium and zirconium. 


Some metals (zinc, nickel) are or could be (copper) produced by the two main 
processing routes. 


The processing routes of most of the major metals start from high-grade ores or 
concentrates, the ores being enriched by flotation (sulfide and carbonate ores of 
mostly non-ferrous metals).  
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The pyrometallurgical processing route is the main route for most of the major 
metals (iron, copper, lead and tin). 


As the mining and metallurgical industry seeks to exploit low-grade ores, 
(copper and nickel oxide ores, such as nickeliferrous limonite) and because some of 
these ores are not amenable to concentration, hydrometallurgy is the processing 
route used [DRE 09]. Furthermore, the metal grades of leachable ores are often too 
low to support the high capital and operating costs of ore grinding and agitation 
leaching. These ores are treated by in situ heap leaching [BAR 97].  


Saprolites (nickel oxide ores) are treated by pyrometallurgical operations owing 
to the high magnesia content of the ore that would consume a large amount of 
leaching solution to be dissolved. 


With the pyrometallurgical route, the ore or concentrate is converted into an 
impure metal: pig iron, blister copper, lead bullion or crude zinc. The impure metal 
is then refined to remove impurities and give a product of the required quality. 


With the hydrometallurgical and chloride routes, the ores or concentrates are 
converted into an essentially pure chemical compound of the metal and the 
compound is then converted into pure metal. 


For complex oxide ores (such as ilmenite or bauxite), made up of mixtures of 
oxides (iron and titanium or aluminum oxides) with very large differences in free 
energies of formation, the preliminary step is reduction smelting) (ilmenite) or 
hydrometallurgical leaching (bauxite). These very selective processes separate the 
valuable component from the ore, which will be then processed by a 
pyrometallurgical operation. Alumina by by molten salt electrolysis;  titanium oxide 
by carbochlorination (see Figure 10.3.1). 


For simple oxide ores such, as iron ore that is mainly a pure iron oxide, the first 
step directly yields the metal as hot metal (virgin iron). 


For complex sulfide ores, the concentrates are mixtures of iron, copper and 
nickel or zinc and lead sulfides. These sulfides are selectively converted into oxides 
(mainly iron sulfide into iron oxide) owing to the large differences in free formation 
energies of the oxide of iron, nickel and copper and separated in smelting operations 
owing to the large differences in free energies of formation of the oxides of iron, 
nickel and copper ([VIG 11b], Chapter 6, Figure 6.1.1). 


For these sulfide concentrates, hydrometallurgical processes have been 
successfully tested, but there is still no commercial process for sulfide copper 
concentrates. They cannot compete commercially with the pyrometallurgical 
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processes [PEA 05]. One of the factors acting as a major deterrent to the industrial 
use of direct leaching processes of sulfides as a substitute for smelting concentrates 
is the large differences in reactivity of zinc and copper concentrates from different 
ores due to the presence of either pyrite or pyrrhotite [PET 92]. These differences 
can be removed, however, by a preliminary pyrometallurgical step such as roasting 
(80% of zinc is produced via a hydrometallurgical route after a roasting step). 


In many flow sheets of the major metals, we observe the recovery of valuable 
by-products such as precious and rare metals: gold and silver from copper and lead 
processing; selenium and tellurium from copper anode slimes; indium, germanium 
and gallium from the leach residues of zinc sulfide ores. Hydrometallurgical 
operations are used to recover these precious and rare metals 


The strong points of hydrometallurgical processing lie in the wide and varied 
techniques (precipitation, cementation, solvent extraction) and combinations of 
techniques that can be used to separate closely-related metals, such as nickel and 
cobalt or the PGM metals (whose free energy of oxide formation are very close). 
Once they have been extracted into aqueous solutions, precious and rare metals can 
be recovered from very low concentrations in the aqueous solutions. A detailed 
presentation of two processing routes of complexes ore and concentrate treatment 
are:  


− the El Boleo process for recovery of copper, cobalt, zinc and manganese from 
a complex clayey ore; 


− the Platsol process for recovery of copper, nickel, cobalt, platinum, palladium 
and gold from a bulk sulphide concentrate are given by Dreisinger [DRE 09]. 


Technological factors remain important in the choice of processing route for a 
new extraction plant or for the overhaul of an old plant. Nevertheless, the final 
combination or sequence of unit operations is, to a large extent, dependent on 
economic considerations (energy, investments and operating costs) that cannot be 
addressed in this book.  


Among the factors that could play a significant role in choice of processing route 
is the increasing pressure to satisfy more demanding environmental constraints, 
which seem to make the pyrometallurgical route less attractive than the 
hydrometallurgical route for some ores. For example, for the treatment of sulfide 
ores, direct leaching of sulfides leads to the elimination of air pollution by SO2, 
producing elemental sulfur that is directly marketable. However, pyrometallurgical 
processes themselves have been the subject of considerable development in response 
to this emission problem, however, by using intensive smelting techniques whose 
SO2 emissions can be captured and converted into sulfuric acid. Therefore, even this 
environmental factor cannot be the deciding factor for the choice of route. 
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Hydrometallurgy can eliminate the emission of noxious fumes and dusts 
associated with pyrometallurgical processes, but this problem has also been 
addressed. For example, the Waëlz process for the treatment of steel-making dusts 
and the recovery of metals including Zn, Pb and Cd (see Chapter 3, Figure 3.5.3). 


10.2. Hot metal, steel and ferroalloys  


With iron ore consisting mainly of iron oxide, the transformation does not 
require any preliminary separation of the constituents of the ore. Pyrometallurgical 
processing routes are used.  


The two main steel-making routes are: 


– the “iron ore/blast furnace” route.  This route involves three main successive 
operations:  


- production of “hot metal” (pig iron, virgin iron ) in a blast furnace from iron 
ores, see Chapter 4, section 4.2, Figures 4.2.1 and 4.2.2, 


-  desulfurization of the hot metal (hot metal pretreatment), see [VIG 11b], 
Chapter 7, section 7.2.4.1,  


- oxygen conversion of hot metal into steel and secondary refining of steel 
(deoxidation, desulfurization, dehydrogenation), see Chapter 6, sections 6.2 and 6.3, 
Table 6.1.1, Figure 6.1.1 and [VIG 11b], Chapter 7, section 7.2; 


– the “scrap/electric furnace” route,  starting with recycled scraps and ore direct 
reduction pellets (DRI). This route successively involves:  


- scrap pretreatment (removal of copper, tin, arsenic), with mechanical and 
chemical operations (cryogenic shredding or crushing for the separation of copper 
wire from iron), electrolytic detinning [SAT 96], 


-  burden melting in an electric furnace (see Chapter 8, section 8.3),  


- refining of this burden, either in the electric furnace or in specific converters, 
and  


- secondary steel refining (see Chapter 6, section 6.4 and Figure 6.4.1). 


 The development of this route is very important; recycle scraps represent 46% 
of the iron sources of the worldwide steel industry. 32% of steel was produced using 
this route in 2005. The scrap route uses 75% less energy than the integrated route 
[BIR 02].  
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Figure 10.2.1. Flowsheet of the steel processing routes [BIR 94]  


Direct reduction of iron ore  (DRI and HBI) is performed either by a gaseous 
reducing agent using the Midrex and HYL processes (see Chapter 3, section 3.3.3.1), 
the FinMet process (see section Chapter 3, 3.4.1.4), or by carbothermic reduction: 
Midrex/Fastmet process (see Chapter 3, section 3.5.1). The boom in the electric 
steel-making route explains the development of this source of raw material in 
addition to the scraps, although the energy consumption is higher (see Chapter 8, 
section 8.3.1 and Figure 8.3.1). In 2006, 60 million tons of DRI/HBI were produced.  


Direct iron-making technologies for producing “hot metal” by “smelting-
reduction processes” have been industrially developed in past years:  


− the Corex/Finex processes (VAI, see Chapter 5, section 5.2.2 and Figure 5.2.1) 
with production units of  800,000 tons and 1.5 million tons per year (operated for the 
first time in 2007); 


− the HIsmelt process in Australia (Kwinana) operated for the first time in 2005 
with a capacity of 800,000 tons of steel per year (see Chapter 5, section 5.2.3.3). The 







298     Extractive Metallurgy 3 


DIOS, AISI and Ausiron processes (see Chapter 5, sections 5.2.3.2 and 5.2.3.4) have 
been developed up to the pilot stage. 


Ferroalloys have been produced from their ores by carbothermic smelting 
reduction in electric furnaces (see Chapter 8, sections 8.4.5 and 8.4.6). These alloys 
include ferromanganese (4.7 megatons in 2006), ferrochromium (7.4 megatons in 
2006), ferrosilicon (6 megatons in 2006), silicomanganese (7.6 megatons in 2006). 
The proportion of ferromanganese produced in a blast furnace (see Chapter 4, 
section 4.3) is becoming less and less important (≤20% in 2006).  


10.3. Aluminum (gallium) 


Bauxite is the main aluminum ore. Its average composition is {Al2O3 (55%), 
SiO2 (5%), Fe2O3 (10−25 %)}, H2O (10−30%)}. 


10.3.1. Industrial route  


The industrial processing route consists of three main steps (see Figure 10.3.1): 


1) A hydrometallurgical processing route for the extraction of alumina (Al2O3) 
from bauxite using the Bayer process (see [VIG 11b] , Chapter 1, sections 1.2.2.2 
and 1.5.1, Figure 1.5.1). The caustic selective leaching (digestion) of the ore allows 
the separation of dissolved alumina and the non-leached iron oxide, the “red muds” 
(see Chapter 1, section 1.2.2.1).  


2) An electrometallurgical operation, with the molten salt electrolysis of alumina 
yielding liquid aluminum (see Chapter 9, section 9.3). 


3) A pyrometallurgical refining route (see [VIG 11b], Chapter 7, section 7.3).  


10.3.2. Alternative aluminum production technologies  


Different aluminum production routes starting from alumina have been or still 
are still being studied [ALT 00, WEL 99]: 


– chloride process: carbochlorination of alumina ore (see [VIG 11b], Chapter 3, 
section 3.2.3.3 and Figure 3.2.11) and electrolysis of aluminum chloride (see 
Chapter 9, section 9.2.4). 


– carbothermal reduction, see [VIG 11b], Chapter 4, section 4.6.3.  
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Figure 10.3.1. Flow sheet of the mixed (hydro/electro/pyrometallurgical) processing route of 
aluminum with recovery of gallium  


10.3.3. Gallium recovery  


Bauxite is the main source of gallium and its ore contains about 0.01% of this 
element. Gallium oxide is dissolved during caustic digestion of the ore, in the form 
of Na3GaO3. The caustic pregnant solution, after precipitation of alumina (gallium 
hydroxide does not precipitate), is recycled, which leads to a concentration of 
gallium. When the concentration of gallium is high enough − 0.2 to 0.5 g/l − gallium 
is extracted from the aluminate liquor by solvent extraction (SX) using a chelate 
solvent diluted in kerosene (see [VIG 11b], Chapter 1, section 1.4.7). Gallium is 
then stripped by an aqueous concentrated acid solution. We obtain a solution with 
1.1−10 g/l of gallium. Metal gallium is obtained by electrolysis (on a mercury 
cathode), as a Ga-Hg alloy. A detailed description of the extraction and refining 
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processes (cementation, solvent extraction and ionic exchange) can be found in 
[BAU 03]. 


10.4. Copper and other valuable metals  


Copper ores contain low concentrations of two components: sulfides and oxides 
(with a copper content ranging from 0.7−2%, reaching 5% in some cases).  


Sulfide ores


 


Figure 10.4.1. Flow sheet of the processing routes of copper ores [BIS 94]  
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Some ores contain noticeable amounts of nickel and of cobalt, which give an 
additional economic interest to their use.  


They also contain various amounts of precious metals: Ag, Au, PGM, Se and Te, 
which usually are essential when determining the payoff of the production. 


The refining operations of the metals are extremely important. The impurity 
concentrations for wiredrawing of thin wires to be used as electric conductors must 
be: Ni <1 ppm, Pb <1 ppm, Ag <9 ppm, As <2 ppm, Sb <0.1 ppm, Bi <0.05 ppm, 
Se <0.2 ppm, Fe <3 ppm, S <3 ppm. 


10.4.1. Sulfide-ore processing routes  


Despite the enormous amount of development work on copper 
hydrometallurgical processes over the past 30 to 40 years, there is still no 
commercial process operating on sulfide concentrates. The leaching processes of 
copper sulfides are presented in [VIG 11b], Chapter 1, section 1.2.3.4 and 1.2.3.5. 
The advantages and disadvantages of these treatments are compared with those for 
the current best practices in copper smelting and refining by Peacey [PEA 05]. 


10.4.1.1. Pyrometallurgical routes  


Sulfide ores are mainly made of chalcopyrite, CuFeS2, and bornite, Cu5FeS4, 
and, in a lower concentration, Cu2S and CuS. The treatment of these ores by 
pyrometallurgical route ensures 80% of the copper production. This route involves: 


– a first concentration operation by flotation (see Chapter 1, section 1.1.1) 
leading to sulfide concentrates with a Cu content of about 30%; 


– a sequence of pyrometallurgical operations, up to the primary metal: blister 
copper; 


– an electrorefining operation leading to pure copper (with recovery of Se, Te, 
Au and Ag from the anode slimes).  


The modern route involves five successive operations: 


– Partial gaseous oxidation of the iron and sulfur of the concentrate.  


– Smelting of the sulfide concentrates leading to mattes enriched in Cu, with a 
Cu content ranging from 50−70%. Several processes are industrially performed: the 
flashsmelting Outokumpu process (see Chapter 7, section 7.2.1 and Figures 7.2.1a 
and b), the Noranda process (see section 7.3.1 and Figure 7.3.3) the first operation of 
the Mitsubishi process (section 7.4.3 and Figure 7.4.5), and the Ausmelt process (see 
section 7.5 and Figure 7.5.2). The secondary metals (Ni, Co, Pb, Zn) and the 
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precious metals (Au, Ag, Pt,) as well as the metalloids (Se, Te, As, Sb) remain in the 
matte. 


– Primary converting “white metal blow” leading to “white metal”, which is 
almost completely made of copper sulfide, Cu2S; 


– Secondary converting (“copper blow”) leading to “blister copper” (99% Cu, 
1% S).  


These two operations are performed successively, with intermediate elimination 
of the slag, in a Peirce-Smith converter (see Chapter 7, section 7.3.2). In the 
Mitsubishi process, the primary converting and copper blow steps are performed 
within the same reactor (see Chapter 7, section 7.4.3). 


– Thermal refining in the same reactor; with oxidation of sulfur in a first step and 
deoxidation of copper in a second step (see [VIG 11b], Chapter 7, section 7.4), 


–  Electrorefining, (see [VIG 11b], Chapter 2, section 2.4.2), the metals, gold and 
silver, selenium and tellurium, being recovered in the anode slimes (see section 
10.4.3). 


10.4.1.2. Hydrometallurgical route for copper-cobalt sulfide ores  


Thirty-eight per cent of cobalt metal produced is extracted from sulfide copper 
ores from Central Africa. The separation of cobalt from copper is performed by a 
hydrometallurgical processing route. This route is made up of the following 
operations: roasting (to convert sulfide into sulfate) leaching, precipitation and 
electrolysis of copper.  


10.4.1.3. Cobalt recovery  


Electrowinning is the predominant operation for the recovery of cobalt [PEE 09] 
(see [VIG 11b], Chapter 2, section 2.9). 


Spent electrolyte bleed from the copper electrowinning circuit (which contains 
mostly cobalt 25−30g/l, copper 5−10g/l, iron, aluminum, nickel and zinc) is purified 
either by selective precipitation steps or solvent extraction operations. 


Iron, aluminum and copper are removed with selective hydroxide precipitation 
through pH adjustments by lime additions. Zinc and nickel are separated by solvent 
extraction [PEE 09]. Sulfide precipitation for the removal of zinc and nickel from a 
cobalt stream would result in high cobalt losses from the precipitate [ROU 07]. 


The cobalt stream is then subjected to a final precipitation and re-leaching with 
sulfuric acid to obtain a suitable cobalt concentration in the electrolyte.  
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10.4.2. Oxide ore processing route  


The copper components of oxide ores are mainly malachite, CuCO3.Cu(OH)2, 
azurite, 2CuCO3.Cu(OH)2, and cuprite, Cu2O, with a Cu content of 1−2%.  


The treatment of the oxide ores represents 20% of copper production. The 
processing route (see Figure 10.4.1) is made up of four operations: 


– a flotation leading to carbonate concentrates with a Cu content of about 20%; 


– a sulfuric leaching of the concentrates in air-agitated Pachuka tanks or 
continuously stirred tanks (see [VIG 11b], Chapter 1, section 1.2.2.1 and Chapter 2, 
section 2.1.1 of this volume). These ores are very soluble. The yield of dissolved 
copper is >95%. With low-grade ores, this leaching operation is carried out directly 
on ore heaps with impervious bases on which the pregnant solution can be collected 
(heap leaching) [BAR 97]; 


– a solvent extraction (see [VIG 11b], Chapter 1, section 1.4.3); 


– an electrolysis (see [VIG 11b], Chapter 2, section 2.4.1).  


10.4.3. Anodic slime treatments and recovery of Au, Ag, Se and Te 


Compositions of the anodic slimes from the electrorefining operation of copper 
are: {Cu (10−50%), Ag (4−25%), Au (0.1−1.5%), Se (1−20%), Te (0.03−3 %)}, and 
traces of Pd and Pt (see [VIG 11b], Chapter 2, section 2.4.2). Ten per cent of gold 
and 90% of Se and Te are recovered by anodic slime treatments.       


A large number of processing routes are industrially carried out [BLA 08, 
COO 90, HOF 90, LUD 03]. Only one is described here (see Figure 10.4.2). 


The slimes are leached by oxidizing sulfuric solutions under pressure at 
110−150°C. Copper and most of the tellurium go into the pregnant solution. 
Tellurium is then recovered by solvent extraction.  


The residue of the leaching operation is smelted in a TBRC converter (see 
Chapter 7, section 7.4.2.1) producing a matte within which Se and the precious 
metals (Au and Ag) are concentrated. As, Sb, Bi and Sn are extracted by the slag.  


The matte thus obtained {Ag (50−60%), Se (7−25%), Te (0.7−1.5%) (Cu, Pb)} is 
once more oxidized in the TBRC converter. Selenium oxide is extracted by the slag 
and then recovered by alkaline leaching. In silver bullion, gold and the PGMs are 
concentrated. This bullion is then cast into anodes and treated by electrorefining, 
separating silver from gold. 
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Alkaline


.


 


Figure 10.4.2. Flow sheet of one processing route of copper anodic slimes 
 for recovery of Au, Ag, Se, Te [LUD 03]  


10.5. Nickel (cobalt)  


Nickel ores are of two types: sulfides and oxides. They are rich in iron and low 
in nickel (a few per cent). They contain copper and cobalt. 58% of the production of 
nickel comes from sulfide ores and 42% from oxide ores (laterites). 48% of cobalt 
production comes from laterite ores. 
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A large number of processing routes are used due to the variety of ores and to the 
various grades required for the final product. These routes are made up of a large 
number of steps or of unit operations: separation, extraction and transformation. 
They require pyro-, electro- and hydrometallurgical operations.  


For a review of cobalt production processes from different sources, see 
[WAN 06]. 


10.5.1. Sulfide ore and matte processing routes  


The main component of sulfide ores is pyrrhotite, whose formula is Fen-1Sn with 
8 < n < 16, with some FeS2; nickel (1−2%) is present in the form of (Ni,Fe)9S8 and 
Ni3S2. Copper is present in the form of chalcopyrite CuFeS2 and Cu2S. 


These ores undergo a first flotation (see Chapter 1, section 1.1.1), producing 
either concentrates rich in Ni {Ni (7.5%), Cu (0.21%), Fe (41%), S (28%)} and 
concentrates rich in Cu, or concentrates rich in Ni-Cu {Ni (7.5%), Cu (5.5%), Fe 
(41%), S (30%)}. These concentrates are processed by pyrometallurgical or 
hydrometallurgical routes. 


10.5.1.1. Pyrometallurgical routes  


Treatment of the concentrates can be split into two steps:  


– production of a Ni or of a Ni-Cu matte; 


– production of nickel and of copper. 


The basic primary converting of concentrates rich in Ni (described in [VIG 11b], 
Chapter 6, section 6.5 and Figure 6.5.1) into a nickel matte is carried out by three 
operations and “recycling” between the last two operations: 


– roasting; 


– smelting; 


– converting. 


Modern routes for the production of Ni or of Ni-Cu mattes (see Figure 10.5.1) 
are made up of: 


– flashsmelting (see Chapter 7, section 7.2 and [VIG 11a], Chapter 7, section 
7.5.1), by the Outokumpu process for concentrates rich in Ni,( see Chapter 7, Figure 
7.2.1), or by the INCO oxygen flashsmelter process (see Figure 7.2.2), for 
concentrates rich in Ni-Cu; 
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– primary converting in a Pierce-Smith converter with formation of a nickel 
matte; or 


– a single operation with two steps: flashsmelting and slag cleaning (DON 
flashsmelter), see Chapter 7, section 7.2.1 and Figure 7.2.1b. 


The processing of nickel matte for the production of nickel is made up of two 
main operations:  


– roasting of the matte; and 


– reduction of the nickel oxide with hydrogen (see Chapter 3, section 3.4.1.7 and 
Figure 3.4.3). 


 


sulfide


Flash-smelting


 


Figure 10.5.1. Flow sheet of the pyrometallurgical processing route of nickel sulfide ores 
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The pyrometallurgical route for the treatment of Ni-Cu concentrates is presented 
in Figure 10.5.2 with the production of nickel with a high purity by the nickel 
carbonyl process (see [VIG 11b], Chapter 7, section 7.9 and Figure 7.9.1).  


blown


 


Figure 10.5.2. Flow sheet of the processing route of nickel-copper  
concentrates with the nickel carbonyl process [QUE 96] 


10.5.1.2. Hydrometallurgical routes  


Four hydrometallurgical routes dealing with processing of concentrates and 
mattes allowing recovery of copper, cobalt, selenium, tellurium and of PGMs are 
industrially carried out (see [VIG 11b], Chapter 1, section 1.5.4.2 and Chapter 2, 
section 2.5.3 of the same volume):   


– The Sheritt route for the processing of nickel concentrates and mattes {Ni 
(64%), Cu (4%), Co (1%), Fe (6%), S (25%)} is presented in [VIG 11b], Chapter 1, 
section 1.5.4.2 and Figure 1.5.8. The basic operations are: Fe/Ni separation by an 
oxidizing ammoniacal leaching in an autoclave and reduction in an autoclave of the 
nickel salts with hydrogen. The ammoniacal leaching leads to the separation of 
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nickel, which is dissolved, from iron oxide which precipitates in situ, in a single 
operation (see reactions [1.2.34] and [1.2.35] from Chapter 1 of [VIG 11a]).  


– The Eramet route for the processing of nickel matte (see section 10.5.2 and 
Figure 10.5.3) is made up of leaching of the matte by the FeCl3 + Cl2 solution (see 
[VIG 11b], Chapter 1, sections 1.2.3.7.4 and 1.5.9), a separation of iron, cobalt and 
nickel by solvent extraction, and electrolysis of nickel chloride. 


– The Sheritt route for the processing of a Cu-Ni matte that is a residue of the 
INCO pressure carbonyl process (see [VIG 11b], Chapter 7, section 7.9 and Figure 
7.9.1) is made up of a double sulfuric leaching under oxygen pressure with recovery 
from the muds of metals belonging to the PGM group and extraction of selenium 
before electrolysis of copper sulfate (see [VIG 11b], Chapter 1, sections 1.2.3.7.1 
and 2, Figures 1.2.20 and 1.5.10). The double leaching allows Ni to be separated 
(dissolved by the first attack) from copper (dissolved by the second attack). 


– The electrorefining of the matte (see [VIG 11b], Chapter 2, section 2.5.3 and 
Figure 2.5.2). 


10.5.1.3. Cobalt recovery  


In the electrorefining of nickel matte, the cobalt is dissolved in the electrolyte 
and must be removed (see [VIG 11b], Chapter 2,  Figure 2.5.2). Cobalt sulfate  is 
separated from the nickel-bearing solution by redox hypochlorite precipitation at pH 
2.5−3 to produce cobaltic hydroxide as Co(OH)3 (see [VIG 11a], Chapter 4, Table 
4.2.8a and [VIG 11b], Chapter 1, section 1.3.1.4 and reaction [1.3.8]). Although Ni 
is more difficult to oxidize than cobalt, some Ni is co-precipitated, generating a solid 
phase with a nickel to cobalt ratio of approximately three to one and containing iron 
and copper. The primary cobalt filter cake is redissolved and iron, copper and nickel 
are separated by selective precipitation [JEB 06, PEE 09].  


10.5.2. Oxide ore (laterite) processing routes  


Nickel oxide ores (laterites) are of two different types:  


– Saprolites (garnierites) with an average composition {Fe2O3 (10−30%), 
MgO (25−38%), SiO2 (40−55%) Ni (2−3%), Co (<0.1%)} whose high magnesia 
silicate contents, in which nickel and cobalt are locked, require a pyrometallurgical 
treatment. A leaching operation would consume too much acid to dissolve the 
magnesia silicate to unlock the nickel.  


– Nickeliferous limonites whose main component is goethite (FeOOH) with a 
composition of {Fe2O3 (65−75%), MgO (0.5−5%), SiO2 (1.5−6%), Ni (0.8−1.8%), 
Co (0.1−0.3%)} whose basic route is hydrometallurgical. 
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A technico-economic analysis of the industrial routes and projects of these ores 
can be found in [DAL 04]. 


10.5.2.1. Saprolite pyrometallurgical route  


The pyrometallurgical processing of these ores by smelting reduction directly 
leads to a ferronickel “alloy”. To obtain, in fine, nickel from ferronickel, conversion 
of this alloy into a Fe-Ni matte is carried out. 


 


(desulfurization)
Sulfurization


 


Figure 10.5.3. Flow sheet of the pyro/hydro/electro metallurgical processing route of a 
saprolite ore (Eramet) 


This route is successively made up of (see Figure 10.5.3): 


– calcinations; 


– smelting reduction in electric furnace with extraction by the slag formed from 
the melted ore of a fraction of the iron oxide (see Chapter, section 8.4.4) producing a 
ferronickel alloy relatively rich in nickel {Ni (21−24%), Fe (75%), C (1%), Si (1%), 
Co (0.3%)} which is subjected to: 
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- refining, i.e. a desulfurization (see [VIG 11b], Chapter 7, section 7.2.4), or 


-  conversion into a Ni matte by two successive operations:  


– a sulfurization yielding a Fe-Ni matte, and 


–  primary conversion in a Peirce-Smith converter (see Chapter 7, section 7.3.2) 
where the iron of the matte is oxidized and absorbed by the slag. The product is a 
nickel matte {Ni (76%), S (18.5%), Fe (3.5%)}. This matte is subjected to a 
hydrometallurgical treatment to separate the residual iron, cobalt and nickel, as 
described in section 10.5.1.2.  


For a complete review of these processes and routes, see [BER 03].  


10.5.2.2. Limonite hydrometallurgical routes  


Limonites are a mixture of iron and nickel oxides. A pyrometallurgical process, 
i.e. a smelting reduction, would reduce the oxides yielding a Fe-Ni alloy (low in 
nickel). A selective reducing roasting at 700°C reduces the nickel oxide (and the 
cobalt oxide), see [VIG 11b], Chapter 4, section 4.2.2.3.3.  


  The Caron process [HAN 93] processing route is made up of: 


– selective pre-reduction at 700°C; 


– leaching of the Ni and Co metals with ammoniacal ammonium carbonate 
(AmCO3) yielding ammoniacal complexes (see [VIG 11a], Chapter 4, section 
4.2.3.4 and [VIG 11b], Chapter 1, section 1.2.4.1 and reaction [1.2.75]); 


– precipitation of cobalt in the form of sulfide;  


– precipitation of nickel as a carbonate. 


Many hydrometallurgical routes have been developed. One of them is presented 
in [VIG 11b], Chapter 1, section 1.5.4.1. It is made up of:  


– sulfuric leaching under pressure (see [VIG 11b], Chapter 1, section 1.2.2.4), 
followed by operations of purification of the leach;  


– selective precipitation of both nickel and cobalt sulfides in an aqueous phase; 


– oxidizing sulfuric leaching of these sulfides yielding an aqueous solution of Ni 
and Co sulfates; 


– solvent extraction leading to a separation of cobalt and nickel; 


– reduction with hydrogen of both nickel and cobalt salts (see [VIG 11b], section 
1.3.3). 


For a complete review of the processes, see [REI 02]. 
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10.6. Zinc (cadmium, indium, germanium, gallium)  


The principal minerals of the zinc ores are sulfides: sphalerite, ZnS, and 
marmatite, (ZnFe)S, are usually associated with galena, PbS, with cadmium, 
gallium, germanium (from 0.1−1%) and indium (from 1−100 ppm). Gallium and 
germanium replace zinc within the crystal lattice structure of sphalerite. These ores 
are the main sources of these three metals: Cd, Ge and In.  


Zn content in the ores ranges from 5−15 %. They are enriched by flotation, 
which allows separation of the sulfides from the gangue in a first stage. Zinc sulfide 
concentrates are obtained by differential flotation in a second stage (with a Zn 
content reaching 55−60% + iron, lead, silver and cadmium sulfides) and lead sulfide 
concentrates. The cadmium content of the zinc concentrates ranges from 0.5−1.5%. 


The production of zinc is carried out by two processing routes: pyro- and 
hydrometallurgical. Ninety per cent of zinc is produced by the hydrometallurgical 
route. The energy consumption is of the same magnitude order, of 40 GJ/ton of zinc 
ingot in both routes. 


For a detailed presentation of the recovery and processing routes of Ga, Ge and 
In, see [HOF 91].  


10.6.1. Pyrometallurgical processing route  


The pyrometallurgical processing route is well adapted for mixed Zn-Pb burdens. 
It is made up of four operations (see Figure 10.6.1): 


– Roasting-sintering of the sulfides in fluidized bed reactors. The operation is 
carried out up to complete conversion of the sulfide into an oxide, called calcine (see 
section 3.4.1.5). 


– Reduction of the calcine by the imperial smelting process (ISM) (see Chapter 
4, section 4.4 and Figure 4.4.1). This process allows sulfide concentrates of both 
zinc and lead mixed to be treated and thus zinc and lead to be obtained (copper, 
silver, gold, arsenic, antimony and bismuth are concentrated in the lead bullion). The 
zinc fumes are condensed by spraying liquid lead, which flows counter-currently in 
the condenser. At the exit of the condenser, lead enriched in Zn is cooled down to 
450°C. 


– Separation by liquation (see Chapter 1, section 1.2.4). Three products are 
recovered: refined zinc with a concentration of lead equal to 0.9%; lead with 5−6% 
zinc; and a zinc matte of FeZn13 crystals. 
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– Refining by distillation (see Chapter 1, section 1.2.5 and Figure 1.2.4). At the 
exit of the columns, purified cadmium (99.997%) and zinc (99.995%) and zinc 
enriched in low volatile elements (Fe, Cu, Pb) are obtained. This last product is once 
more treated by a new cycle: liquation/distillation.  


 


Sulfide


 


Figure 10.6.1. Flow sheet of the pyrometallurgical processing  
route of zinc sulfide concentrates  


Cadmium is mainly recovered from the sinter fumes of the roasting-sintering 
operation as oxide and is collected in the sinter dust (75% of cadmium in the ore is 
found in dusts). The dusts contain about 10% cadmium. They undergo a series of 
operations leading to a cadmium sponge, which is reinjected in the distillation unit.  


The processing route of these dusts, when they contain germanium, consists of 
leaching of the oxide with sulfuric acid, and then precipitation of GeS2 with H2S. 
The sulfide is then converted into an oxide dissolved in a solution of concentrated 
hydrochloric acid with the formation of GeCl4. Germanium chloride is purified by 
distillation and converted by hydrolysis into GeO2 which, after drying, is reduced by 
hydrogen at about 700°C to give germanium powder.  
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30% of indium is found in the flue dusts. 50% is absorbed by the lead bullion 
coming out of the Imperial smelting furnace.  


10.6.2. Hydrometallurgical processing routes  


The most commonly used processing route starts from zinc oxide that is obtained 
by roasting (see Figure 10.6.2). 


leaching


 


Sulfide


 


Figure 10.6.2. Flowsheet of the hydrometallurgical processing routes of 
 zinc sulfide concentrates  
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The metal is obtained by electrolysis (see [VIG 11b] Chapter 2, section 2.6.1) of 
the neutral pregnant SO4Zn solution. The electrolyte is purified by successive 
cementations of Cu, Cd and Co (see [VIG 11b], Chapter 1, section 1.3.4.1) by zinc 
powder. This leads to the recovery of cadmium  [BUT 04].  


Germanium,  indium and gallium are concentrated in the solid residue − the 
“iron muds” of the neutral leaching operation [BUT 04, HOF 91, JOR 04]. In the 
Jarosite process (see [VIG 11b], Chapter 1, section 1.5.2.1), after precipitation of the 
ferric oxide, the residual solution contains indium and germanium as sulfates that 
can be recovered and separated by solvent extraction. The indium metal is obtained 
by electrolysis. Gallium precipitates with iron (iron mud).  


The modern processing route starts from the sulfide concentrate subjected to an 
oxidizing leaching operation under pressure. The flow sheet of the Dynatec process 
is shown in Chapter 1, Figure 1.5.3 in [VIG 11b].  


10.7. Lead (silver, gold, bismuth)  


The main component of lead ore is galena (PbS). Lead ore is a major source of 
silver and bismuth.  


The processing routes are presented in Figure 10.7.1. Lead sulfide is separated 
from zinc sulfide by flotation. The extraction involves two steps: the extraction 
yielding lead bullion and refining with recovery of bismuth, gold and silver.  


The usual processing route of lead bullion consists of two operations: 


– roasting-sintering, converting galena into lead ferrite, zinc ferrite and lead 
silicate; 


– reduction in the lead blast furnace, see Chapter 4, section 4.5. Lead bullion 
contains the following impurities: Cu, Sn, Sb, As, Sn, Ag, Au and Bi (80% of 
production); or 


– reduction in the zinc blast furnace: Imperial smelting furnace, see section 4.4, 
10% of production. 


The modern direct smelting processes directly treat sulfide ores (see Chapter 7):  


– Kivcet process (see section 7.2.3 and Figure 7.2.3);  


– QSL process (see section 7.3.4 and Figure 7.3.7); 


– Ausmelt-Isasmelt process (see section 7.5 and Figure 7.5.3); 


– flashsmelting Outokumpu process at the pilot stage (see section 7.2.1). 
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Figure 10.7.1. Flowsheet of the processing routes of lead [LEA 92] 


The refining of lead bullion involves a series of operations (see [VIG 11b], 
Chapter 7, section 7.5):  


– decopperizing drossing (see [VIG 11b], Chapter 7, section 7.5.1); and  


–  either, electro-refining of lead bullion directly yielding refined lead, the anodic 
slimes being treated to recover bismuth [HOF 94, OJE 92], silver and gold (see 
[VIG 11b], Chapter 2, section 2.7),  


– or, a series of operations leading to the removal of tin, arsenic, antimony and to 
the recovery of silver (and gold): 
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- the removal of tin, arsenic and antimony is performed by oxidation 
(softening) or by the Harris process, see [VIG 11b],  Chapter 7, section 7.5.2; 


- the extraction of silver and gold by liquid zinc (desilverising operation) is 
performed by the Parkes  process (see [VIG 11b], Chapter 7, section 7.5.4 and 
Chapter 1, section 1.2.3 of this book). Zinc, rich in silver and containing lead, is then 
subjected to a distillation in retorts and the residue undergoes a cupellation 
(oxidation of lead in an air flow in a reverberatory furnace). Lead oxide forms a slag 
that absorbs all the impurities in the residue. At the bottom of the furnace a metal 
made of 95% silver and gold remains. Silver and gold are separated by electrolysis; 


-  zinc is removed from lead by vacuum distillation (see Chapter 1, section 
1.2.2 and Figure 1.2.1); 


– bismuth is recovered at the end of the processing route by the Kroll-Betterton 
process (see [VIG 11b], Chapter 7, section 7.5.3) or by treatment of the slimes of the 
electrolytic refining operation (see section 10.4.3). 


10.8. Tin  


The minerals of tin ores are tin oxides (cassiterite) (SnO2) and iron, arsenic and 
antimony sulfides (FeS2, FeAsS and Sb2S3). The tin processing route is presented in 
Figure 10.8.1 [CUY 99, PEA 80, WRI 82].  


The ores undergo a first concentration by flotation, which not only allows a 
separation of the sulfides from tin oxide but also tin oxide from its gangue.  


The basics of the extraction of tin by carbothermic smelting reduction are 
presented in Chapter 5, section 5.3.1 and Figure 5.3.1.  


For low-grade concentrates with FeS/Sn >1, a first concentration is performed by 
“fuming”, in which tin oxide is converted into gaseous tin sulfide at 1,250°C  
(TE = 1,230°C), by injection of pyrite: 


(SnSiO3)(slag) + FeS2 → SnS(g) + (SiO2-FeO)(slag) + S(g) 


Pyrite is injected into the liquid tin oxide bath by nozzles at the same time as a 
mixture of air and fuel in such a way to achieve a temperature of 1,250−1,300°C and 
with the reducing conditions required for formation of tin sulfide. Iron is 
concentrated (oxidized) in the slag. A residual matte forms that is rich in Cu, in 
which gold and silver are concentrated. The gaseous tin sulfide is carried away with 
the gases in a post-combustion chamber where it is oxidized into tin oxide and 
recovered in this form.  







Extractive Processing Routes     317 


 


Figures 10.8.1. Flow sheet of the pyrometallurgical processing route of tin [PEA 80] 


For concentrates rich in tin (70−75% Sn), after a roasting operation which 
converts the sulfides into oxides, the oxide is subjected to two successive 
carbothermic smelting operations (see Chapter 5, section 5.3.1). The slag of the first 
operation rich in tin is subjected to a second smelting. At each step, a raw tin alloy is 
obtained with a Fe content of 2−5%. The residual slag can be once again subjected 
to a new extraction operation by carbothermic reduction until a tin residual content 
in the slag <2%. A second processing route of this slag leads to efficient recovery of 
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tin in the form of gaseous tin sulfide “fuming”. This operation can be efficiently 
performed in a TBRC converter (see Chapter 7, section 7.4.2.1 and Figure 7.4.2). 


Raw tin contains variable amounts of impurities (Fe, Cu, Pb, As, Sb, Bi and S). It 
can be refined by three processes:  


– liquation refining (see Chapter 1, section 1.2.4) allowing mainly iron, but also 
lead and bismuth, to be removed; 


– pyrometallurgical refining (see [VIG 11b], Chapter 7, section 7.6) allowing 
copper and lead to be removed; 


– an electrolytic refining (see [VIG 11b], Chapter 2, section 2.8) allowing most 
of the impurities to be removed and the precious metals to be recovered in the 
anodic slimes.  


10.9. Magnesium  


Two processing routes have been or are being used:  


– electrolysis of magnesium chloride in a molten salt bath by several processes 
(Norsk Hydro, Alcan, Dow Chemical, see Chapter 9, section 9.2.1 and Figures 9.2.1 
and 9.2.2) mainly from chlorides from anhydrous or partial sea water or from 
magnesia after carbochlorination (see [VIG 11b], Chapter 3, section 3.2.3.4). In 
1985, 70% of magnesium was produced using this process. Most of the factories 
have been closed down due to economical reasons; 


– silico-thermal reduction of magnesia by two processes:  


- the Pidgeon process (see [VIG 11b], Chapter 4, section 4.7.2.1): most of the 
magnesium is produced by this process. The Pidgeon process is mainly used due to 
its relative simplicity, operating flexibility and exploitation and because of its lower 
investment cost compared to other processes, 


- the Magnetherm (see [VIG 11b], Chapter 4, section 4.7.2.2 and Chapter 5 
section 5.4 of this volume). In a process developed by Mintek, derived from the 
Magnetherm process, the reduction is performed in an electric d-c arc DC furnace 
[BAR 87, SCH 05].  


10.10. Titanium, zirconium and hafnium  


The two main components of titanium ores are rutile (TiO2) and ilmenite 
(FeTiO3). By separation, flotation concentration, and then a mechanical sorting 
process, rutile with 90−99 % TiO2 by mass and ilmenite with 40−60% TiO2 are 
obtained. 
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The component in the zirconium ore is zircon, double zirconium and hafnium 
silicate Zr(SiO4)(HfSiO4).  


The metallurgical processing of these ores has two different goals: the 
production of pure (TiO2) and (ZrO2) oxides and the production of metals. 


Several processes are used for separating and recovering TiO2: ilmenite smelting 
(see Chapter 8, section 8.4.3.2) and sulfate process (see [VIG 11b], Chapter 1, 
section 1.2.2.5).   


 If the standard affinities of formation of these oxides (see the positions of the 
corresponding Ellingham lines) are very great, their direct reduction by reducing 
gases is not possible ([VIG 11a], Chapter 2, Figure 2.3.1). By carbothermic 
reduction, carbides are formed ([VIG 11b], Chapter 4, section 4.3.3.1). A specific 
metallurgy using chlorides as an intermediate has been developed and widely used, 
allowing both a separation of the components of the ore and a metallothermic 
reduction of the chlorides, thus avoiding the presence of oxygen (see [VIG 11b], 
Chapter 3).  


The processing routes of these metals are made up of the same main steps and 
operations (see Figure 10.10.1). 


The main operations in common are: 


– conversion by carbochlorination of the ore oxides into gaseous chlorides with a 
low boiling point (see [VIG 11b], Chapter 3, sections 3.2.3.1 and 3.2.3.2 and 
Figure 3.2.10); 


– separation of the iron and silicon chlorides from titanium or zirconium 
chlorides by condensation; 


– separation of zirconium chloride from the hafnium chloride by fractional 
distillation (see Chapter 1, section 1.2.6.1 and Figure 1.2.7); 


– reduction by magnesium of titanium, zirconium or hafnium chloride by the 
Kroll process yielding a sponge (see [VIG 11b], Chapter 3, section 3.3.2.1 and 
Figure 3.3.1); 


– the separation of titanium (zirconium) from magnesium by vacuum distillation; 


– the electrolysis of magnesium chloride to recover magnesium (see Chapter 9, 
section 9.2.1). 


The titanium or zirconium sponge is then subjected to a melting step under a 
vacuum in a consumable electrode furnace, leading to a purification (removal of the 
residual chloride and the magnesium) with formation of ingots (see section 8.5 and 
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Figure 8.5.1) with a structure and a compactness allowing forging and hot rolling 
operations.  


Grinding


 


Figure 10.10.1. Flow sheet of the processing route of zircon (chloride process) 
(Cezus document) 


NOTE.– Two electro-reduction processes of titanium oxide (tantalum and chromium) 
are currently being developed (see Chapter 9, section 9.4.1). 
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10.11. Chromium  


The chromium mineral is spinel chromite {Cr2O3 (46%), Al2O3 (15%), MgO 
(10%), iron total 20%}. The production routes of chromium are presented in 
[DEF 98]. 


An oxidizing roasting (soda-ash roasting) at high temperature (1,200°C) in a 
rotary furnace in the presence of sodium carbonate allows chromium oxide (Cr3+) to 
be isolated in the form of soluble chromate (Cr6+), from the insoluble ferric oxide, 
the gangue being converted into aluminate and silicate:  


(Fe,Mg)(Cr,Fe)2O4 + 2 Na2CO3 + 3 O2→ 2 Na2CrO4 + Fe2O3 + 2 CO2 


The mechanism and kinetics of this reaction have been studied by [ANT 01]. 


The product of the roasting is leached by an aqueous sodium carbonate solution 
in an autoclave. The chromate, aluminate and silicate are then dissolved.  


The leach is treated with sulfuric acid. The alumina and silicate are precipitated, 
and sodium chromate is converted into a bichromate:  


2 Na2CrO4 + SO4H2 → Cr2O7Na2 + SO4Na2 + H2O  


After decomposition of the chromate by addition of ammonium sulfate and 
roasting, pure chromium oxide is obtained. The chromium metal is obtained by 
aluminothermic reduction of Cr2O3 oxide (see [VIG 11b], Chapter 4, section 4.7.4.1) 
or by electrolysis of a bichromate solution.  


10.12. Molybdenum and Tungsten 


The processing routes of these two metals are very similar. 


The molybdenum mineral is bisulfide MoS2 (molybdenite) whose molybdenum  
content in the ore is very low at < 1%. After concentration by flotation, the 
concentrates contain about 50−60 % molybdenum [GUP 92]. These concentrates 
undergo a roasting, converting the sulfide into MoO3 oxide (operation carried out in 
multiple hearth furnace (see Chapter 3, Figure 3.3.3). 


The tungsten mineral is wolfranite (wolfram) (Fe,Mn)WO4 whose tungsten 
content in the ore does not reach 1.5%. After concentration by gravity and flotation, 
the concentrates contain 60−70% of WO3. These concentrates undergo roasting in 







322     Extractive Metallurgy 3 


air in the presence of sodium carbonate at 800°C with the formation of sodium 
tungstate (Na2WO4) and ferric oxide:  


4 Fe WO4+ 4 CO3Na2 + O2 → 4 Na2 WO4 + 2 Fe2O3 + 4 CO2  


The products of roasting these two concentrates are subjected to leaching with an 
ammoniacal solution of NH4OH. By evaporating the solution, ammonium 
polymolybdate or paratungstate crystals are formed (APT ammonium paratungstate 
[(NH4)10 W12O42.5H2O]) which, after calcination, yield very pure oxides.  


These oxides undergo a reduction with hydrogen yielding metallic powders.  


10.13. Niobium and tantalum  


The main niobium mineral is pyrochlore: (Na, Ca,Ce)2.(Nb,Ti,Ta)2 (O,OH,F)7. 
Before industrially using this ore, the source of Nb and Ta used was colombites or 
colombotantalites: (FeMn)(Nb,Ta)2O6.(Nb2O5.FeO). 


The pyrochlore mineral is processed by primarily physical processes to give a 
concentrate ranging from 55−65% niobium oxide. This ore, after concentration, is 
treated by a hydrometallurgical route, with separation of tantalum from niobium, via 
the following operations:  


– leaching with a HF/H2SO4 solution, yielding complex fluorides: 


Ta2O5 + 14 HF → 2 H2TaF7 (TaF5.2 HF) + 5 H2O 


Nb2O5 + 10 HF → 2 H2NbOF5 + 3 H2O  


– solvent extraction of the Nb and Ta fluoride complexes in the pregnant solution 
with the MIBK (methyl-iso-butyl ketone) as a solvent; 


– the niobium fluoride is then stripped with dilute acid and the tantalum is 
subsequently extracted by acid ammonium fluoride: 


 H2TaF7 + 2 KF(NH4F) → K2TaF7 + 2HF 


– tantalum is obtained in the form of metallic powder by reduction of the 
fluoride with sodium:  


K2TaF7 + 5 Na → Ta(powder) + 2 KF + 5 NaF  


the exothermic reaction being performed in molten salts under argon, between 600 
and 900°C in a Cr-Ni steel cell. 
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The tantalum oxide, like the niobium oxide, can also be obtained by caustic 
treatment: 


2 H2TaF7 + 14 NaOH (NH4OH) → Ta2O5(Nb2O5) + 14 NaF (NH4F) + 9 H2O  


More than 90% of niobium is recovered as ferroniobium from smelting reduction 
of the mineral pyrochlore in an electric furnace. Niobium metal is produced by the 
aluminothermic reduction of the oxide in a graphite crucible followed by electron 
beam refining (see [VIG 11b], Chapter 4, sections 4.7.4.1 and 4.7.4.2). 


Niobium can also be obtained from Nb2O5 by reduction with NbC under vacuum, 
at 1,600°C (see [VIG 11b], Chapter 4, section 4.3.1).  


10.14. Gold  


Gold is recovered:  


 – from the copper electrorefining slimes, by aqueous electrolysis (see section 
10.4.3). 


– from gold-bearing sands and quartzite rocks (not amenable to concentration) 
with submicron gold particles disseminated by in situ heap leaching with a cyanide 
solution [BAR 97]. Injection of lixiviant into the rock pores is usually sufficient to 
quickly dissolve all the accessible gold. 


From highly siliceous refractory ores, submicron gold particles are locked in fine 
pyrite or arsenopyrite micronic particles, these particles being disseminated in 
various gangue phases, notably an impermeable matrix of microcrystalline quartz or 
amorphous silica. Cyanide solutions cannot access the fine gold particles. The 
processing route, after grinding, is made up of the following operations: 


– oxidative sulfuric pressure leaching of the sulfides, liberating the gold particles 
(see [VIG 11b], Chapter 1, section 1.2.3.6); 


 – neutralization by addition of milk of lime to increase the pH from 1.5 to 10.5 
with injection of oxygen to convert the ferrous ions into ferric ions; 


– leaching with sodium cyanide, performed in the presence of activated carbon 
(carbon-in-leach), which selectively absorbs the cyanide gold and silver complexes;  


– stripping of carbon, which releases an aqueous gold cyanide solution; 


– electrolysis or cementation of the resulting solution (see [VIG 11b], Chapter 1, 
section 1.3.4.2 and [VIG 11a] Chapter 8, section 8.3.5 and 8.5.2). 
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10.15. Metals belonging to the PGM  


These metals are recovered from the anodic slimes from electrorefining of 
copper and nickel in which gold and PGMs are concentrated and from the residues 
of the hydrometallurgical treatment of Cu-Ni mattes (see section 10.5.1.2 of this 
volume and [VIG 11b], Chapter 1, section 1.5.4.2). 


The final step of the treatment is the separation and purification of the six PMGs 
[CRA 01, GOU 63]. The slimes and muds undergo leaching with a hydrochloric 
solution in the presence of gaseous chloride ClH-Cl2 in which gold, platinum and 
palladium are dissolved with formation of chloro-complexes: AuCl4–, Pt(Cl)4


2–, 
Pt(Cl)6


2–, Pd(Cl)4
2–, Pd(Cl)6


2– (see [VIG 11b], Chapter 1, section 1.2.4.3), the other 
metals of the group being insoluble (iridium, osmium and rhodium).  


The separation of these metals as complexes is performed by solvent extraction 
(see [VIG 11b], Chapter 1, section 1.4) or by selective precipitation of complex 
salts. Due to the difference of the standard electrode potentials of these different 
metals E°M/Mz+ or their complexes, separation by cementation is possible (see [VIG 
11a], Chapter 8, Table 8.2.2a).  


10.16. Silicon 


The purity of silicon for a solar panel (SG-Si) has to be 99.9999% and the purity 
of electronic silicon (EG-Si) has to be 99.999999% [FIS 08]. 


 


Figure 10.16.1. Flow sheet of the processing route of production of electronic  
silicon by the chloride process. FBR: fluidized bed reactor: chlorination  


of silicon, CD1 and CD2 distillation columns and CVD reactor: chemical  
vapor deposition of silicium on a silicium rod [McC 84]  
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The processing route is made up of:  


– a carbothermic reduction of the silica in the electric furnace (see [VIG 11b], 
Chapter 4, section 4.6.2 and Chapter 8, section 8.4.6 of this volume) yielding an 
ingot with a purity of 98%; 


– a purification of the silicon metal in the liquid state by oxidation of the Al, Ca 
and Mg elements with silica, in an induction furnace in the presence of a slag; or 


– a chlorination of the metallurgical Si with HCl in a fluidized bed reactor (see 
Figure 10.16.1) , between 250 and 400°C in the presence of catalysts (Cu, Fe):  


Si(s) + 3 HCl(g) → SiHCl3(g) (TCS)+ H2(g)  


+ byproducts (STC)(SiCl4, SixHyCl2, BCl3, PCl3) 


– a purification by distillation; 


– a reduction with hydrogen of (SiHCl3) at 950°C, either by decomposition in 
vapor phase in the presence of Si particles in a fluidized bed reactor, or by CVD 
deposit on an electronic silicon rod (see [VIG 11b], Chapter 3, section 3.3): 


SiHCl3(g) + H2(g) → Si(powder or deposit) + 3 HCl  


Silicon with less than 1 ppm of impurities is achieved.  


Other processes produce electronic Si by decomposition of dichlorosilane (DCS) 
(H2SiCl2), which is itself obtained by decomposition of TCS. For a feed of 10% 
DCS or TCS in hydrogen of the reduction reactor at 1,050°C, the conversion rate in 
silicon reaches 60% for DCS and 37% for TCS. 


NOTE.– The carbochlorination of silica SiO2 directly gives SiCl4 ([VIG 11b], 
Chapter 3, section 3.2.3). SiCl4 is a by-product of the carbochlorination of zircon. 
The industrial route producing electronic silicon does not start from this reaction.  
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List of Symbols  


 
Superscripts:  


°   indicates standard state  


*  indicates quantity at equilibrium 


 ¯   indicates mean value 


Subscripts for a component  X or for a quantity such as a flowrate  F or a flux:  


X(s,l,g)  indicates the physical state of the component  


X(metal)    indicates a component X dissolved  in a metallic  phase 


(X)(slag)  indicates a component (element or compound) dissolved in a slag  


{X}(matte) indicates  a component (element or compound) dissolved in a matte 


X(aq)   indicates a component X dissolved in an aqueous solution 


[X]   = CX   is the molar concentration of component X in a solution  


For the content (mole fraction, concentration, mass fraction) or for the flux (flow 
rate) of a component X in a phase α at a specific location, for example at the (in the 
vicinity of the) interface between two phases, this is indicated by subscript s: 


xX(α)s ;  CX(α)s ; %X(α)s (%X(M)s , %X(slag)s , %X{matte)), FX(α)s  
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a, b: partial order of  the  rate of a chemical  reaction  (see [VIG 11a], formula [5.2.12]) 


aj, aj(α): activity of component j, aj(α) activity of component j (dissolved) in phase α:  


Raoultian activity of component j:  aj =   γj . xj (see [VIG 11a], formula [1.3.21] and 
[1.3.31]) 


a°j: standard activity of component j relative to its standard potential µ°j (reference state: 
standard  state of the pure component, i.e.: its physical state at the temperature T and  
p = 1 atm) (see [VIG 11a], formula [1.3.22]) 


ãj  = fj xj: Henrian activity of component j = fj xj (see [VIG 11a], formula [1.3.37]) 


ãj(1%)  = fj . %j  ;  ãj©   =   fj.Cj  ; ãj(<m>)   =  fj. <mj>  (see [VIG 11a], formula [1.3.41], 
[1.3.46-47]) 


ã(MaAb): activity (of an electrolyte (salt)) of the fraction of the content of a compound in an 
aqueous solution in an undissociated state (see [VIG 11a], formula [4.2.27]) 


a±: mean (ionic) activity of  the fraction of the content of a compound (electrolyte (salt),   
in an aqueous solution in a  dissociated  state (function of the activities of the two ions) 
(see [VIG 11a], formula [4.2.8]) 


âMaXb: pseudo-activity of an electrolyte  in an aqueous solution  (see [VIG 11a], formula 
[4.2.10]) 


âMaXb: pseudoactivity of an unstoichiometric compound in an intermediate phase (see [VIG 
11a], formula [2.3.11]) 


aw: activity of water in aqueous solutions (see [VIG 11a], formula [4.2.13]) 


Ar: affinity of a  chemical reaction  r (Ar = –∆Gr) (see [VIG 11a], formula [1.3.14] and 
[1.3.53]) 


A°r: standard affinity of a reaction r :  A° (T, P = 1atm) = –∆G°r (see [VIG 11a], formula 
[1.3.16]) 


b: ratio of stoichiometric coefficients of reactants  A and B :  νB/νA (see [VIG 11a], 
formula [7.2.1]) 


B: slag basicity (see [VIG 11a], formula [3.4.1]) 


C: total molar density of a solution 
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Cj(α): molar concentration (molarity) of component (species) j in α phase, CA = [A]  
(moles/L3) (see [VIG 11a], formula [1.2.34]) 


Cpj: molar heat capacity at constant pressure of species j (J/°K.mole) (see [VIG 11a], 
formula [1.3.5]) 


Cp: steel dephosphorization (phosphate) capacity of a slag (see [VIG 11b], formula 
[5.4.18]) 


dp: diameter of a particle (= 2 Rp) 


Dj(α): diffusion coefficient of a component j in a phase α  (L2/t ) (see [VIG 11a], formula 
[6.2.18]) 


DAR: interdiffusion coefficient (binary diffusivity) for mixture of A+R (see [VIG 11a], 
formula [6.2.12]) 


Deff: effective diffusion coefficient of a gas in a porous particle 


ek
j: interaction coefficients (see [VIG 11a], formula [1.3.44]) 


Ea: activation energy for an elementary reaction (cal/mole or J/*mole) (see [VIG 11a], 
formula [5.2.27]) 


E: EMF: electromotive force (see [VIG 11b], formula [2.2.6]) 


E*(decomposition): decomposition voltage of a salt (see [VIG 11b], formula [2.2.12]) 


E
M Mz+ : electrode potential (see [VIG 11a], formula [8.2.3]) 


E *
M Mz+ : electrode potential at equilibrium between the electrode and its solution 


(Nernst equation) (see [VIG 11a], formula [8.2.6-7]) 


E°
M Mz+ : standard  electrode potential (see [VIG 11a], formula [8.2.8]) 


EESH = EH: electrode potential relative to standard hydrogen reference electrode (see [VIG 
11a], Table 8.2.1) 


Em: mixed (electrical) potential (potential at which the rates of the two reactions are 
balanced) (see [VIG 11a], Figure 8.5.2) 
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fj: Henrian activity coefficient of component j, relative to a standard which makes f equal 
to unity at infinite dilution (see [VIG 11a], formula [1.3.37]) 


fj
i: Henrian activity coefficient of component j function of the content of component  i  in a  


multicomponent solution (see [VIG 11a], formula [1.3.43]) 


f±: mean activity coefficient of a dissociated compound in an aqueous solution (see [VIG 
11a], formula [4.2.9]) 


F: Faraday number  = 96,485 coulombs/mole = 96,485 J/volt/eqg = 23,060 cal/volt/eqg 


Fj: molar flow rate of component j (see [VIG 11a], formula [1.2.42]) 


FjMj: mass flow rate of component j (see [VIG 11a], formula [1.2.42]) 


G = Q ρ: mass flow rate  of a stream (see [VIG 11a], formula [1.2.42]) 


G(sys): “Gibbs free energy” or “free enthalpy” of a system (see [VIG 11a], formula [1.3.6]) 
(see ∆G) 


gp: linear growth  or shrinkage rate of a particle = dRp/dt (see [VIG 11a], formula [7.2.4] 
and [VIG 11c], formula [2.2.6]) 


h: hydratation number (see [VIG 11a], formula [4.2.22]) 


hT: heat transfer coefficient (see [VIG 11a], formula [6.3.1]) 


hT(α)s: heat transfer coefficient in phase α (see [VIG 11a], formula [6.3.1b]) 


hA(α): mass transport conductance (mass transfer coefficient) of component A in a  phase  α  
(see [VIG 11a], formula [6.3.2]) 


H: enthalpy of a phase per unit mass (see [VIG 11a], formula [6.2.9]) 


H:  distribution (partition) coefficient in solvent extraction (see [VIG 11b], formula [1.4.6]) 


i: basicity of a slag (see [VIG 11a], formula [3.4.1b]) 


i0: exchange current (see [VIG 11a], formula [8.4.9]) 


ia: anodic current (see [VIG 11a], formula [8.4.6] and [8.4.11]) 


ic: cathodic current (see [VIG 11a], formula [8.4.7] and [8.4.12]) 
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idiff: diffusion controlled current (DLC) (see [VIG 11a], formula [8.4.15]) 


I: (electrolysis) cell (line) current (see [VIG 11b], formula [2.2.3]) 


i = ia+ ic: polarization current (see [VIG 11a], formula [8.4.13]) 


I: ionic strength of an aqueous solution relative to component concentrations (see [VIG 
11a], formula [4.2.16]) 


Im: ionic strength of an aqueous solution relative to component molalities (see [VIG 11a], 
formula [4.2.17]) 


jj: molar flux of component j relative to the molar average velocity (see [VIG 11a], formula 
[6.2.7] and [6.2.13]) 


Jj: molar (barycentric) diffusion flux molar flux of component j relative to the mass 
average velocity (see [VIG 11a], formula [6.2.4] and [6.2.12]) 


JT: heat flux by conduction: law of heat conduction (see [VIG 11a], formula [6.2.9] and 
[6.2.10]) 


kr: rate constant of a chemical reaction (see [VIG 11a], formula [5.2.11]) 


krp; krc: rate constants (rate expressed as a function of component concentration or 
pressure) (see [VIG 11a], formula [5.2.12] and [5.2.13] and [5.2.26]) 


kB: rate constant of the fractional conversion of a particle B kinetic law ([VIG 11a], 
formula [7.2.7]) 


K°(T): equilibrium constant of a reaction expressed in terms of the standard activities of 
components (see [VIG 11a], formula [1.3.54]) 


Kp: equilibrium constant of a reaction expressed in terms of the partial pressures of 
components (see [VIG 11a], formula [1.3.59]) 


KC: equilibrium coefficient of a reaction expressed in terms of the concentrations of 
components  (see [VIG 11a], formula [5.2.19]) 


K%: equilibrium coefficient of a reaction expressed  in terms of the mass fraction of 
components 


Kads: equilibrium constant of an adsorption reaction (see [VIG 11a], formula [5.4.3]) 


KD: dissociation (acidity) constant of a weak electrolyte in an aqueous solution (see [VIG 
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11a], formula [4.2.27]) 


KSTxy: stability constant (stability product) i.e. equilibrium constant of a formation reaction 
of a complex ion defined as a product of activities) (see [VIG 11a], formula [4.2.45a]) 


Ksxy: solubility constant of  an hydroxo-complex (see [VIG 11a], formula [4.2.60]) 


Kps: solubility product of an oxide or a sulphide in a metallic phase (see formula [3.2.16]), 
of an hydroxide (see formula [4.2.74]) and a salt (see formula [4.2.81] in an aqueous 
solution [VIG 11a]. 


KXn: equilibrium constant for the formation reaction of a complex ion (see [VIG 11a], 
formula [4.2.71]) 


Kw: dissociation constant of water (see [VIG 11a], formula [4.2.13]) 


LS: sulfur partition ratio between a slag and a metallic (Fe) phase (see [VIG 11b], formula 
[7.2.5]) 


LP: phosphorus partition ratio between a slag and a metallic (Fe) phase (see [VIG 11b], 
formula [5.4.10]) 


mj: mass of component j in a phase α (see [VIG 11a], formula [1.2.27]) 


m: mass of metal deposited at an electrode (Faraday law) (see [VIG 11b], formula [2.2.3]) 


mB: mass of a particle B (see [VIG 11a], formula [7.2.17]) 


Mj: molar (atomic) weight of component j (see [VIG 11a], formula [1.2.27]) 


<mj>: molality of component (see [VIG 11a], formula [1.2.37]) 


mol%j: mole percentage of component j in a solution = xj (see [VIG 11a], formula 
[1.2.29]) 


n: number of reactants and  products in a chemical system (see [VIG 11a], formula [1.2.3]) 


nj(α): number of moles of component j in a phase α (see [VIG 11a], formula [1.2.5]) 


nB: number of moles of component B in a particle (see [VIG 11a], formula [7.2.2]) 


pj: partial pressure of component j (see [VIG 11a], formula [1.2.38]) 
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p*j: equilibrium partial pressure of component j 


pH: (see [VIG 11a], formula [4.2.15]) 


pKw: ionic product of water  (see formula [4.2.13b]) 


pK D  = – log KD (dissociation constant) (see formula [4.2.28]) 


P: pressure (see [VIG 11a], formula [1.3.27]) 


q: electric charge of an ion = zF (see [VIG 11a], formula [8.2.1]) 


Q: volumetric flow  rate (L3 /t) (see [VIG 11a], formula [1.2.41]) 


QSTxy: stability coefficient (called also quotient) of a complex ion (equilibrium coefficient 
of the formation reaction of a complex expressed as a product of  molar concentrations) 
(see [VIG 11a], formula [4.2.45b]) 


QSxy: solubility coefficient of an hydroxide (equilibrium constant) (see [VIG 11a], formula 
[4.2.60]) 


QHxy: hydrolysis  coefficient of a cation Mz+ (equilibrium coefficient) (see [VIG 11a], 
formula [4.2.47]) 


r: current efficiency (see [VIG 11b], formula [2.2.3]) 


r: number of independent reactions of a reaction system (see [VIG 11a], formula [1.2.3]) 


rS: reaction rate of an heterogeneous reaction (per unit surface) (mole/cm2.sec) (see  
[VIG 11a], formula [5.2.10]) 


rV: reaction rate of an homogeneous reaction (per unit volume) (mole/cm3.sec) (see [VIG 
11a], formula [5.2.5]) 


R: Boltzman constant = 1.986 cal/mole.K ; 8.314×107 ergs/mole.K ; 9.325 J/mole.K; 82.1 
cm3.atm/mole.K 


Rg: nucleus radius (see [VIG 11a], formula [5.3.4]) 


Rp: particle radius (see [VIG 11a], formula [7.2.2]) 


s: solubility of an oxide or a salt in an aqueous solution (see [VIG 11a], formula [4.2.57] 
and [4.2.86]) 
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sm: area of a particle  per unit mass (see [VIG 11a], formula [7.2.17]) 


sv: area of a particle per unit volume ρ sm 


S: area of interface for bulk phase 


Sp: area of a particle, drop or bubble 


tS: residence time of a unit volume of fluid in a flow reactor (see [VIG 11c], formula 
[2.1.1] and [3.2.13]) 


t s: reactor holding time; mean residence time of a unit volume of fluid in a CSTR reactor 
(see [VIG 11c], formula [2.1.2] and [3.2.14]) 


T: temperature 


u: mass average velocity of a fluid flow (see [VIG 11a], formula [1.2.41] and [6.2.1]) 


vMB: molar volume of component B (see [VIG 11a], formula [7.2.2]) 


V: volume of a phase 


V; Vcell: electrolytic cell voltage (see [VIG 11b], formula [2.2.6]) 


vMS: molar volume of the solvent (see [VIG 11a], formula [1.2.35]) 


vMB: molar volume of component B (see [VIG 11a], formula [7.2.2]) 


w: number of intensive variables (see the phase rule) (see [VIG 11a], formula [1.2.4]) 


wj =  wt%j: mass fraction of component j (see [VIG 11a], formula [1.2.30]) 


W: energy consumption to produce by electrolysis to one ton of metal (see [VIG 11b], 
formula [2.2.10]) 


%j: mass percentage of component j (see [VIG 11a], formula [1.2.31]) 


xj: mole fraction of component j in a phase (see [VIG 11a], formula [1.2.29]) 


Xj: fractional extraction (removal) or absorption of a component j by or from a drop or a 
bubble (see [VIG 11a], formula [6.4.19] and [7.6.7]) 


XB: fractional volumetric conversion of a particle B (see [VIG 11a], formula [7.2.5]) 
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zj: electric charge (valency) of an ion, z+  charge of a cation  z- charge of an anion j (see 
[VIG 11a], formula [4.2.2]) 


Greek letters 


α: transfer coefficient of an electrochemical reaction (see [VIG 11a], formula [8.4.2] and 
[8.4.4])  


α: dissociation degree of a weak electrolyte in an aqueous solution (see [VIG 11a], formula 
[4.2.29])  


α: stoichiometric excess of reactant A with respect to reactant B (see [VIG 11a], formula 
[1.3.58a] and Figure [1.3.4]) 


αT: thermal diffusivity (cm2/sec)(see [VIG 11a], formula [6.2.10b])  


β(STxy) = KSTxy: stability constant (see [VIG 11a], formula [4.2.45])  


δ: thickness of the Nernst layer (see [VIG 11a], formula [8.4.14])  


δv, δM, δT: boundary layer thicknesses (see [VIG 11a], formula [6.4.9], [6.4.10] and 
[6.4.11])  


εA: ( νR – νA ) / νA (see [VIG 11a], formula [6.2.28])  


εA: (see [VIG 11a], formula [1.2.55])  


ε: mixing power: rate of energy dissipation (see [VIG 11b], formula [7.2.15])  


χA: fractional conversion of a reactant A (fraction of reactant A converted into product) 
(see [VIG 11a], formula [1.2.7])  


Φ: number of phases of a system (see [VIG 11a], formula [1.2.4])  


Φ: osmotic coefficient (see [VIG 11a], formula [4.2.22]) 


Φ: electrical potential (voltage) (see [VIG 11a], formula [8.2.1])  


Φj(α): molar flux of component j in a phase α relative to stationary coordinates (with 
respect to fixed axes) (see [VIG 11a], formula [6.2.2])  


ΦA(α)s: molar flux of component A in a phase α at the interface between two phases  
relative to stationary coordinates (see [VIG 11a], formula [6.2.27])  
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∆Gr(ξ): variation of the Gibbs  free energy (free  enthalpy) of a reaction for a “degree of 
advancement” ξ (see [VIG 11a], formula [1.3.9]) 


∆G°r: standard Gibbs  free energy of a reaction (see [VIG 11a], formula [1.3.13b]) 


∆G°f(A): standard Gibbs free energy (free enthalpy) of formation of a compound A (see 
[VIG 11a], formula [1.3.11]) 


∆Ga: energy barrier (see [VIG 11a], formula [8.4.2])  


∆Ga: free energy of formation of a stable nucleus (see [VIG 11a], formula [5.3.5])   


∆gj
sc: molar free energy  of  a physical  state change of a component j (see [VIG 11a], 


formula [1.3.25]) 


∆gj
fusion: molar  free energy of fusion of a component (see [VIG 11a], formula [1.3.26]) 


∆g°j(0)
(diss): molar  free energy of dissolution of a component j in its standard state, in a 


dilute solution at infinite dilution (see [VIG 11a], formula [1.3.39]) 


∆g°j(1%)
(diss): molar free energy of fusion of a component j in its standard state in a solution 


with 1% of component j (see [VIG 11a], formula [1.3.42]) 


γj: Raoultian activity coefficient  γj . aj = γj . xj (see [VIG 11a], formula [1.3.31] and 
[1.3.36] and Figure [1.3.2])   


γj(0): Raoultian activity coefficient  at infinite dilution (see formula [1.3.35])  


∆Hr: enthalpy (heat) of reaction r (see [VIG 11a], formula [1.3.3])  


∆H°r: standard enthalpy (heat) of reaction r (see [VIG 11a], formula [1.3.2])  


∆H°f(A): standard enthalpy (heat) of formation of  a pure species (compound) A (see [VIG 
11a], formula [1.3.5])  


λT: thermal conductivity (cal(joule)/cm K) (see [VIG 11a], formula [6.2.10a])  


λ(g): ∆ν/ {∑nji(g) +   ninertes(g)} (see [VIG 11a], formula [1.2.50]) 


µj  . µj chem: chemical potential of component j (see [VIG 11a], formula [1.3.7], [1.3.21] and 
[8.2.1])  


µ°j: chemical potential of component j in standard state (potential of the pure species in its 







List of Symbols     339 


physical state at temperature T and pressure p = 1 atm) (see [VIG 11a], formula [1.3.22]) 


µ±: mean chemical potential of both ions of a compound dissociated in an aqueous solution 
(see [VIG 11a], formula [4.2.7])  


µj(el): electrochemical potential of component (ion) j (see [VIG 11a], formula [8.2.1])  


µ: viscosity (poise = g/cm/s dyn.s/cm2) 


η°j: Henrian chemical potential of a pure component j (see [VIG 11a], formula [1.3.38], 
[1.3.46] and [4.2.5]) 


η: overvoltage (see [VIG 11a], formula [8.4.5]) 


ηc , ηa: cathode and anode polarization (see [VIG 11b], formula [2.2.8] and [VIG 11a], 
Figure 8.4.4)  


νA: stoichiometric coefficient of  reactant A  in a chemical reaction (see [VIG 11a], 
formula [1.2.1])  


∆ν : (νR + νS – νA– νB) (see [VIG 11a], formula [1.2.47]) 


ν: kinematic viscosity (cm2/s)  


θA(ads),  θT: number of sites per unit surface covered by adsorbed species (see [VIG 11a], 
formula [5.4.3] and [5.4.12]) 


θv: number of empty sites per unit  surface (see [VIG 11a], formula [5.4.2]) 


ρ: (mass) density of a solution (see [VIG 11a], formula [1.2.28]) 


ρj: mass concentration of component j  


ρB: (mass) density of a particle B (see [VIG 11a], formula [7.2.20])  


ρmC: carbon reactivity (combustion rate per unit mass of the particle) (see [VIG 11a], 
formula [7.2.24]) 


σα/β: surface tension α/β   


τ: time for complete conversion of a single solid particle (see [VIG 11a], formula [7.2.8], 
[7.2.13], [7.4.3] and [7.4.7])  
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Ω:  cross-sectional area  


ξ(t) : “extent” or “degree of completion” or “degree of advancement” of a reaction (moles) 
(see [VIG 11a], formula [1.2.5] and [1.2.6]) 


ψT: heat flux across the interface (phase boundary) between two phases (see [VIG 11a] 
formula [6.3.1])  


ψA: flux of a component A across the interface between two phases) (see [VIG 11a], 
[6.3.21]) 


ψ(Rp): size distribution function of particles (volumetric density function) (see [VIG 11c], 
formula [2.1.11]) 


ζj: chemical potential of a pure component j in the same physical state than the phase in 
which it is dissolved (see Formula [1.3.21])  


Dimensionless numbers (see Table 6.1) 


Nu: Nusselt  number = 2 hTα Rp/ αTα (see [VIG 11a], formula [6.4.15b])  


Pr: Prandtl number  = να/αTα  (see [VIG 11a], formula [6.4.12b]) 


Re: Reynolds number  =  2Rpu∞ρf/µf     ( ) (see [VIG 11a], formula [6.4.15a])  


Sc: Schmidt number  = να/DAα  (see [VIG 11a], formula [6.4.12a])  


Sh: Sherwood number = 2 hAα Rp/ DAα  (see [VIG 11a], formula [6.4.15c]) 
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A 
a-c circuit 


characteristic curves, 228 
accretions, 195 
active zone 


iron BF, 84, 91, 96 
AISI process, 130 


production rate, 136 
alumina (Al2O3) 


decomposition voltage, 273 
molten salt electrolysis, 271 


aluminum 
alternative processing routes, 298 
electrorefining, 286 
industrial processing route, 298 
standard electrode potential, 265 


aluminum chloride (AlCl3) 
decomposition voltage, 270 
molten salt electrolysis, 270 


aluminum fluoride (AlF3), 273 
aluminum refining 


filtration, 4 
anodic effect 


alumina electrolysis, 277 
anodic slimes 


treatment in a TBRC, 205 
AOD converter, 176 


plasma arc 
electric arc, 222 


Ausiron process, 139 
Ausmelt process 208 


slag cleaning, 139 
tin smelting reduction, 141 
lead sulfide concentrate converting, 
211 


autoclave 
leaching, 16 


B 
Bayer process, 298 
bipolar cell 


aluminum chloride (AlCl3) 
electrolysis, 270 


bismuth 
Kroll-Betterton process, 316 
recovery from lead anodic slimes, 
315 


blast furnace 
ferromanganese, 109 
iron, 81 
lead (LBF), 120 
zinc (ISF), 114 


blast furnace efficiency 
ferromanganese BF, 110 
iron BF, 110 
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blister copper, 185, 186, 193, 198, 
199, 205, 208, 301 


Bosh 
blast furnace, 79 
ferromanganese BF, 110, 114 
iron BF, 82 


Boudouard reaction 
alumina electrolysis, 276 
iron BF, 88 


bubble columns 
leaching, 15 


C 
cadmium 


distillation(Zn-Cd), 10 
recovery from zinc 
hydrometallurgical processing 
route, 314 
recovery from zinc sinter fume, 
312 


calciothermic reduction 
titanium oxide (TiO2), 289 


calcium chloride (CaCl2) 
decomposition voltage, 286, 288 
molten salt electrolysis, 270, 289 


calcium fluoride(CaF2), 274 
calcium oxide(CaO) 


decomposition voltage, 286 
carbochlorination 


zircon(ZrSiO4), 73 
carbon combustion 


iron BF, 87 
carbon in  liquid steel 


carbon-oxygen equilibrium, 165 
in liquid steel, 163 


carbon-packed bed smelting 
reduction 
corex process, 129 
finex process, 129 


carbothermic smelting reduction 
hot metal (iron), 126 


iron oxide (FeO) (slag), 135 
tin oxide (SnO2), 139 


carbothermic smelting reduction, 240 
coke-packed bed smelting, 241 
ferromanganese bf, 110 
in-bath smelting, 241 
iron BF, 91 


carburizing 
hot metal, 91 


caron process, 310 
cast iron 
filtration, 4 


centrifugation 
cyclone, 3 


Cezus process 
extractive distillation (Zr-Hf 
chlorides), 11 


chalcocite (Cu2s) concentrates, 206 
chalcocite (Cu2S) matte 


converting, 206 
Chaudron diagram 


iron BF, 102 
reduction zones in the iron BF, 90 
zinc BF (ISF), 116 


chemical reserve zone 
iron BF, 89, 102 
zinc BF (ISF), 116 


chromite reduction 
dc-arc furnace, 246 


chromite 
soda-ash roasting, 321 


chromium 
electrolysis, 321 
processing route, 321 


chromium oxide 
aluminothermic reduction, 321 


coal 
Corex process, 129 
HIsmelt process, 134 


coal injection 
iron BF, 85 
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coal specific consumption 
Ausiron process, 134 
corex process, 130 
dios process, 134 
hismelt process, 134 


cobalt 
extraction from copper  sulfide 
ores, 302 
extraction from nickel matte, 308 


cohesive zone 
blast furnace, 79 
iron BF, 84, 96 


coke, 81 
iron BF, 85 
lead BF (LBF), 121 


coking, 81 
coke checker 


kivcet process, 190 
coke combustion 


iron bf, 84, 94 
lead bf(lbf), 121 


coke oven, 81 
coke-bed 


submerged-arc smelting furnace, 
250 


Colburn factor, 50 
concentrate burner 


flashsmelting furnace, 193 
condensation, 5 
continuous stirred tank reactors 


(CSTR), 135 
copper 


anodic slime processing, 303 
copper blow 


blister copper, 186 
copper oxide ores 


hydrometallurgical processing 
route, 303 


copper sulfide concentrate 
flashsmelting 
outokumpu process, 188 


copper sulfide concentrate smelting 
noranda process, 196 


copper sulfide ores 
pyrometallurgical processing 
routes, 301 


copper-nickel sulfide concentrate 
flashsmelting 
INCO process, 189 


Corex process, 129 
cryolite (AlF6Na3), 273 
CSTR 


Noranda smelting reactor, 197 
CSTR (continuous stirred tank 


reactor) 
PSD (particle size distribution), 21 
RTD (residence time distribution), 
18 


cupellation, 316 
cupola 


zinc BF (ISF), 116 


D 
Deadman zone 


iron BF, 84 
DIOS process, 130 


production rate, 136 
direct ironmaking technologies, 297 
direct reduced iron (DRI) 


Finmet process, 69 
Midrex process, 63 


direct reduction 
blast furnace, 80 


direct reduction of iron ore, 297 
direct reduction zone 


iron BF, 89 
direct smelting 


lead concentrates, 186 
nickel concentrates (see DON 
process), 193 


distillation 
extractive, 11 
nickel carbonyl process, 10 
tray column, 8 
zinc refining (Zn-Pb-Cd), 10 
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DON process 
direct smelting Ni concentrates, 
193 


DOW process 
MgCl2 electrolysis, 267 


drained cathode cell 
alumina electrolysis, 284 


DRI (direct reduced iron), 237 
Dwight-Lloyd sintering machine, 58 


E 
electric arc 


anodic fall, 224 
arc heating power, 229 
arc plasma, 222 
arc voltage, 222, 224 
cathodic potential fall, 222 
electrode current density, 225 
static characteristic, 224 
thermal efficiency, 229 


electric arc furnace (EAF) 
electrical circuits, 220 
flicker phenomena, 236 
scrap iron melting, 235 
submerged-arc, 237 


electric arc melting furnace 
scrap iron melting, 235 
single electrode DC-arc, 238 
UHP (ultra high power), 236 


electric arc (AC) 
active arc power, 227 
alternating current, 223 
electrical circuit, 226 


electric arc (DC) 
arc power, 226 
direct current, 223 
power source characteristic, 226 


electric furnace 
induction melting furnace, 218, 235 
remelting furnace (ESR), 218 
single-electrode/DC-arc furnace, 
218 


three-phase/six-in-line electrode 
furnace, 218 
three-phase, three-electrode 
furnace, 218 


electric resistance furnace 
immersed electrodes, 231 


electric resistance smelting furnace 
immersed-electrode smelting, 243 


electric smelting furnace 
ferrochrome, 253 
immersed electrodes and floating 
charge banks, 243 
immersed electrodes and open 
bath, 243 
open-arc/open-bath, 244 
PVI diagram, 234 
shielded-arc, 246 
silicon, 255 
submerged-arc, 250 


electrical circuit(ac) 
active circuit power, 227 
power factor (cos Φ), 227 


electroreduction of oxides 
molten salt electrolysis, 287 


electroreduction 
titanium oxide(TiO2), 287 


electrorefining 
aluminum, 286 


enviroplas process 
d-c arc smelting furnace, 246 
zinc slag fuming, 144  


Ergun relation, 49, 108 
ESR (electroslag remelting), 231, 259 
extractive distillation, 11 


chlorides (Zr-Hf) separation, 11 


F 
Fasmet process 


iron ore carbothermic reduction, 74 
FCC Cambridge process 


titanium oxide electrolysis, 287 
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ferro-alloys 
processing routes, 298 


ferrochrome 
submerged-arc smelting furnace, 
253 


ferromanganese 
submerged arc smelting furnace, 
252 


filtration 
aluminum, 4 
aqueous suspensions, 4 
cast iron, 4 
ceramic filter, 4 
liquid metals, 4 


Finex process, 129 
Finmet process 


direct reduced iron (DRI), 69 
Finmet process, 129 
flash-smelting process 


INCO, 189 
Kivcet, 190 
Outokumpu, 188 


flash-smelting 
sulfide concentrates, 185 


flooding 
iron BF, 96 
solvent extraction (SX), 38 


flotation 
froth flotation, 1 
oxide inclusions in steel, 3 
sulfides, 3 
sulfur, 3 
surfactants, 2 


flotation cell, 1 
fluidization 


bubbling regime, 52 
hydrodynamics, 51 
modeling, 66 
particles residence time distribution 
(RTD), 53 
turbulent regime, 53 
uniform fluidization, 52 


fluorides 
decomposition voltage, 266 


G 
gallium 


electrolysis, 299 
recovery from zinc 
hydrometallurgical processing 
route, 314 
solvent extraction, 299 


garnierites 
see saprolites, 308 


gas-solid reactor 
fixed packed bed, 55 
fluidized bed, 51 
moving packed bed (shaft furnace), 
60 
multiple-hearth furnace, 59 
packed bed, 49 
riser regime, 54 
sintering machine, 58 


Gates-Gaudin-Schuhmann PSD 
equation, 23 


Gaudin-Meloy PSD equation, 23 
germanium 


recovery from zinc 
hydrometallurgical processing 
route, 314 
recovery from zinc sinter fume, 
312 
solvent extraction, 314 


gold 
electrolysis, 316 
extraction from copper anodic 
slimes, 303 
heap leaching, 323 
hydrometallurgical processing 
route, 323 
processing routes, 323 
recovery from lead anodic slimes, 
315 
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H 
hafnium 


chlorometallurgical processing 
route, 319 


Hall-Héroult cell 
alumina electrolysis, 271 


hearth 
blast furnace, 80 
ferromanganese BF, 112 
iron BF, 82 
zinc BF (ISF), 117 


heat transfer 
gas-solid packed bed, 50 


Hismelt process, 130, 137 
hold-up (dispersed phase) 


solvent extraction (sx), 37 
hold-up (particles) 


fluidized bed, 53 
hot metal 


dephosphorization, 153 
desiliconizing, 153 
desulfurization, 153 
from iron blast furnace, 296 
iron BF, 81 


hot metal (iron) 
carbon-packed bed smelting 
reduction process, 127 
carbothermic smelting reduction, 
126 
in-bath carbothermic smelting 
reduction processes, 127 


hot-blast air 
blast furnace, 80 
iron BF, 86 


hot-blast stoves 
iron BF, 81 


HUT (height of a transfer unit) 
solvent extraction column, 43 


I 
IG-FARBEN process 


MgCl2 electrolysis, 267 


ilmenite 
processing route, 319 


ilmenite smelting reduction 
open-arc/open-bath  furnace, 244 


immersed-electrode smelting furnace, 
243 


imperial smelting furnace (ISF) 
zinc BF, 114 


in-bath smelting 
Mitsubishi smelting furnace, 207 
Noranda process, 196 
sulfide concentrates, 185, 195 


in-bath smelting reduction 
shielded-arc smeltingfurnace, 247 


INCO flashsmelting process, 189 
indirect reduction zone 


ferromanganese BF, 110 
iron BF, 89 


indirect reduction 
blast furnace, 80 


indium 
electrolysis, 314 
recovery from zinc 
hydrometallurgical processing 
route, 314 
recovery from zinc sinter fume, 
313 


induction melting furnace, 235 
inert anodes 


alumina electrolysis, 285 
iron blast furnace (BF) 81 


dynamic models, 108 
height, 91 
thermodynamic model, 97 


iron ore sinter 
iron BF, 85 


iron ore 
sintering, 59 


iron smelting reduction 
AISI process, 130 
DIOS process, 130, 135 
HIsmelt process, 130, 137 
Romelt process, 130 
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iron (hot metal) 
carbothermic smelting reduction, 
126, 135 


ironmaking (hot metal) 
electric resistance smelting furnace, 
243 
open-arc smelting furnace, 244 
submerged-arc smelting furnace, 
250 


K 
Kivcet flashsmelting process, 190 
Kivcet process, 126 
Kroll-Betterton process 


bismuth recovery (lead refining), 
316 


L 
laterites 


nickel oxide ores, 308 
Laval tuyere, 203 
leaching 


autoclaves, 16 
CSTR (continuous stirred tank 
reactors), 15 
Pachuka tanks, 15 
population balance equation, 30 


lead anodic slimes, 318 
lead blast furnace (LBF), 120 
lead refining 


liquation (Cu removal), 7 
Parkes process, 7 
vacuum distillation (Pb-Zn), 5 


lead silicate 
reduction by CO in LBF, 121 


lead sulfide concentrate converting 
Ausmelt process, 211 
QSL process, 200 


lead sulfide ore 
processing route, 314 


lead-zinc-silver (Pb-Zn-Ag) phase 
diagram, 7 


lime (CaO) 
steel converting, 160 


limonites 
nickel oxide ores, 308, 310 


liquation 
lead refining, 7 
Parkes process (lead refining), 7 
separation Zn-Pb, 7 
tin refining, 7 


liquation 
Zn-Pb separation, 115 


lithium chloride (LiCl) 
decomposition voltage, 269 
molten salt electrolysis, 269 


M 
magnesia 


silicothermic smelting reduction, 
146 


magnesium 
magnesium chloride (MgCl2) 
electrolysis, 318 
magnetherm process, 146 
pyrometallurgical processing 
routes, 318 
standard electrode potential, 265 


magnesium chloride (MgCl2) 
decomposition voltage, 265 
molten salt electrolysis, 266 


magnetherm process, 146 
mass transfer coefficient 


solvent extraction (SX), 42 
matte 


primary converting, 186 
secondary converting, 186 


matte converter 
Noranda, 199 
Peirce-Smith, 198 
QSL, 200 


melter-gasifier 
Corex process, 129 
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Midrex process 
direct reduced iron (DRI), 63 


Mintek thermal magnesium process, 
148 


Mitsubishi process, 207 
molten salt electrolysis 


alumina (Al2O3), 271 
aluminum chloride (AlCl3), 270 
calcium chloride (CaCl2), 270 
lithium chloride (LICl), 269 
magnesium chloride (MgCl2), 266 
titanium chloride (TiCl2), 270 


molybdenum 
processing route, 321 


molybdenum ore 
roasting, 59 


multiple-hearth furnace, 59 


N 
nickel carbonyl process 


distillation, 10 
nickel laterite (saprolite) smelting 


d-c arc smelting furnace, 246 
electric resistance  smelting 
furnace, 243 
open-arc/open-bath furnace, 244 
PVI diagrams, 248 
shielded-arc furnace, 246 


nickel matte 
hydrometallurgical processing 
routes, 307 
pyrometallurgical processing route, 
306 


nickel matte roasting 
fluidized bed reactor, 70 


nickel matte secondary converting 
TBRC process, 204 


nickel oxide 
reduction with hydrogen, 71 


nickel oxide ores (limonites) 
hydrometallurgical processing 
routes, 310 


nickel oxide ores (saprolites) 
pyrometallurgical processing 
routes, 309 


nickel sulfide calcine smelting 
electric resistance smelting furnace, 
243 


nickel sulfide concentrate 
flashsmelting 
Outokumpu process, 188 


nickel sulfide ores 
hydrometallurgical processing 
routes, 307 


nickel sulfide roasting 
fluidized bed reactor, 70 


niobium 
processing route, 322 


noranda continuous converter, 199 
noranda process 


copper matte secondary converting, 
199 


noranda smelting process, 196 
noranda smelting reactor, 196 
Norsk Hydro process 


MgCl2 electrolysis, 267 
NUT (number of transfer units) 


solvent extraction column, 43 


O 
operating line 


ferromanganese BF, 112 
iron BF, 99, 102 
zinc BF (ISF), 118 
shaft furnace, 62 
solvent extraction (SX), 38, 39, 41 


ore sintering, 81 
OS process 


calciothermic reduction of TiO2, 
289 


Outokumpu flashsmelting process, 
188 


oxides 
electroreduction, 286 
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oxide reduction 
electrochemical reduction, 286 


P 
Pachuka Tanks 


leaching, 15 
Parkes process 


silver recovery (lead refining), 316 
silver recovery (lead refining), 7 


Peirce-Smith converter, 198 
PGM 


processing routes, 324 
phosphorous 


hot metal, 91 
hot metal dephosphorization, 154 


pig iron 
see hot metal, 81, 296 


post combustion, 133 
Ausiron process, 134 


potassium chloride (KCl) 
decomposition voltage, 269 


prebake cell 
alumina (Al2O3) electrolysis, 271 


Precipitation 
modeling, 32 


primary converting 
copper matte, 198 
matte, 198 
nickel matte, 198 


PSD (particle size distribution), 21 
Gates-Gaudin-Schuhmann 
equation, 22 
Gaudin-Meloy (PSD) equation, 22 
Rosin-Rammler-Bennett equation, 
22 


pulsed column 
solvent extraction (SX), 35 


PVI diagram 
electric  smelting furnace, 234 
electric resistance smelting furnace, 
248 
nickel laterite (saprolite) smelting, 


248 
shielded-arc smelting furnace, 248 


Q 
QSL converter, 201 
QSL process,126 


lead sulfide concentrate converting, 
200 


R 
raceways 


blast furnace, 80 
iron BF, 82 


recycled scraps 
scrap pretreatment, 296 


Reichardt diagram 
iron BF, 93 


Reynolds number 
at minimum fluidization velocity, 
52 
fluid flow through packed beds, 50 


RH-OB converter, 179 
Rist diagram 


ferromanganese BF, 112 
iron BF, 98 
lead BF (LBF), 122 
zinc BF (ISF), 118 


romelt process, 130 
Rosin-Rammler-Bennett PSD 


equation, 22 
rotary hearth furnace, 73 
rotary Kiln, 75 
RTD (residence time distribution) 


CSTR (continuous stirred tank 
reactor), 18 


RTD (residence time distribution) 
fluidized bed, 53 


S 
saprolites 


nickel oxide ores, 309 
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Savard-Lee tuyere, 195, 198, 201 
secondary converting 


white metal (Cu2S), 198 
selenium 


extraction from copper anodic 
slimes, 303 


settling 
flocculating agents, 3 


shaft 
zinc BF (ISF), 116 


shaft furnace 
gas-solid moving packed bed 
reactor, 60 
operating line, 62 


shielded-arc smelting furnace, 241 
silicon 


chlorination, 325 
hot metal, 92 


silicon metal 
submerged-arc smelting furnace, 
255 


silicon transfer reactions 
iron BF, 91 


silicon (electronic) 
processing route, 325 


silicothermic smelting reduction 
magnesia, 146 


silver 
electrolysis, 316 
extraction from copper anodic 
slimes, 303 
recovery from lead anodic slimes, 
315 


sintering 
Dwight-Lloyd machine, 58 
iron ore, 59 


sintering plant, 81 
sinter-roasting 


zinc sulfide ore, 59 
slag cleaning, 189 


ausmelt process, 139 
electric smelting furnace, 243 


slag fuming 
zinc, 142 


slag-metal reaction 
(SnO) (slag) by Fe(Sn), 140 


smelting 
sulfide concentrates, 186 


sodium carbonate (Na2CO3) 
hot metal dephosphorization, 153 


solid-solid reactor 
rotary kiln, 75 


solvent extraction (SX) 
columns, 35 
distribution ratio, 38 
flooding, 38 
fractional extraction, 38 
hold-up (dispersed phase), 37 
mixer-settler, 34 
operating line, 38, 39 
pulsed column, 35 
stages number, 41 


SOM process, 287 
specific coke consumption 


ferromanganese BF, 109, 112 
iron BF, 98, 107 
lead BF (LBF), 122 
zinc BF (ISF), 119 


specific oxygen consumption 
ferromanganese BF, 112 
iron BF, 98, 107 
lead BF (LBF), 122 
zinc BF (ISF), 119 


stack 
blast furnace, 79 
ferromanganese BF, 110, 113 
iron BF, 82 


stainless steel converting 
decarburization in AOD, 178 


steelmaking 
electric arc melting furnace, 235 


steel converting 
decarburization, 159 
dephosphorization, 159 
desiliconizing, 159 
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metallurgical stirring, 160 
primary slag, 158 
secondary slag, 159, 160 


steelmaking converter  
kaldo, 155 
K-BOP, 157 
LD-AB/LD-KGC/LBE, 157 
LD-BOP/BOF, 203 
LD-OB/K-BOP/LET, 157 
OBM/Q-BOP/LWS, 155 
Thomas, 155 


steelmaking routes 
blast furnace/hot metal, 296 
electric steel making, 296 


submerged-arc smelting furnace, 241 
coke bed, 250 


sulfides 
flotation, 3 


sulfide concentrates 
smelting, 185 


sulfur 
hot metal desulfurization, 153 


T 
tantalum 


processing route, 322 
TBRC converter, 303 
tellurium 


extraction from copper anodic 
slimes, 303 


thermal reserve zone 
iron BF, 93 
zinc BF (ISF), 116 


tin 
carbothermic smelting reduction, 
139 
slag-metal reaction (SnO) (slag) by 
Fe(Sn), 140 
smelting reduction by Ausmelt 
process, 141 


tin oxide fuming, 316 


tin oxide ore 
processing route, 316 


tin refining 
liquation (Fe removal), 7 


titania slags 
conductivity, 245 


titanium 
chlorometallurgical processing 
route, 319 
standard electrode potential, 265 


titanium  chloride (TiCl4) 
molten salt electrolysis, 270 


titanium oxide (TiO2) 
calciothermic reduction, 289 
molten salt electrolysis, 287 


TSL (top submerged lancingsystem), 
208 


tungsten 
processing route, 321 


tungsten (wolframite) 
soda-ash roasting, 322 


tuyere 
alarc-jet, 203 
iron BF, 84 
Laval, 203 
Savard-Lee, 195 


V 
vacuum distillation, 5 


lead refining (Pb-Zn), 5 
Zr-Mg alloy, 5 


VAR (vacuum arc remelting) , 218, 
260 


VIM (vacuum induction furnace), 
257 


VOD converter, 176 


W 
Waëlz process 


steelmaking dust treatment, 76 
white metal blow, 186 
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Z 
zinc 


slag fuming, 142 
zinc refining 


distillation (Zn-Pb-Cd), 10 
zinc slag fuming process, 122 
zinc sulfide concentrates 


hydrometallurgical processing 
routes, 313 
pyrometallurgical processing route, 
311 


zinc sulfide ore 
sinter-roasting, 59 


zinc sulfide roasting 
fluidized bed reactor, 70 


zircon 
processing route, 319 


zirconium 
chlorometallurgical processing 
route, 319 


Zn-Pb equilibrium diagram, 7 
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Preface 

Extractive metallurgy is the art of extracting metals from their ores and refining 
them.  

This book deals with the processes, operations, technologies and processing 
routes of extractive metallurgy, i.e. the (production) extraction of metals from ores, 
concentrates (enriched ores), scraps and other sources and their refining to liquid 
metals before casting or to solid metals.  

In many books dealing with metallurgy, the introduction starts by recalling the 
steps of the progress of metallurgy. These steps, according to and since Lucrèce, are 
identical to those of human progress: the copper age, the bronze age, the iron age, 
the silicon age1. According to Mohen2, the considerable role attributed to the three 
principal metals in the development of human societies must not be overstressed or 
overvalued. It is nonetheless true that “metallurgy is the most advanced prehistoric 
manifestation of the mastery of natural resources” (Mohen). Extracting copper from 
its ore dates back to the middle of the fifth millennium before our age and extracting 
iron from its ore dates from the beginning of the second millennium before our age.  

The winning (production) of metals and alloys today is still one of the basic 
industries of the transformation of matter. Metals and alloys still are essential 
resources for metallic, mechanic, electromagnetic, electric and even electronic 
industries (silicon is treated as a metal).  

                             
1 S.L. SASS, The Substance of Civilization: Materials and Human History from the Stone Age 
to the Age of Silicon, Arcade Publishing, 1999. 
2 J.P. MOHEN, Métallurgie préhistorique, Masson, Paris, 1990. 
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This industry is characterized by: 

– Production (of primary metal) ranging from 1,345 million tons (Mt) of steel a 
year to 138,000 tons of titanium, in 20073.  

Steel Aluminum Copper Zinc Lead Nickel Magnesium Titanium 

1,345 38 15.6 10.6 7.0 1.66 0.79 0.138 

Table 1. World metal production in 2007 

– Very high growth rates in the years 1950 to 1973, and again since 2000. The 
production of steel was 200 million tons in 1950. The production of aluminum 
increased from 2 million tons in 1950 to 10 million tons in 1973, reaching  
38 million tons in 2007. If in developed countries the growth in terms of tonnage has 
strongly slowed in recent decades, this is due to a smaller consumption of these 
products owing to the increase in mechanical and physical properties of the 
materials and parts forged from these materials, thus requiring less material for the 
same usage. However the annual production of steel in China increased from  
182 million tons in 2002 to 489 million tons in 20074. 

– Production costs varying by a factor of 20 to 25 between steel and titanium. 
The three principal costs in metal production are investment, ore and energy 
consumption. The energy consumption is about 20 GJ/ton of steel, 80 GJ/ton of 
aluminum and 160 GJ/ton of titanium. Hence the permanent research into 
improvements of the processes or operations and/or the development of new 
processes. 

– Very high recycling rates. Recycled steel represents 46% of iron sources in 
worldwide steel production. The “electric furnace processing route” produces 35% 
of steel. It uses 75% less energy than the integrated route. The recycling rate of 
aluminum represents 25% of total production and the energy consumption from 
recycled aluminum represents 5% (energy reflow) of energy consumption from the 
ore. The production of primary zinc is 7.4 million tons and from recycled zinc is 
2.1 million tons. In the case of lead, the production from recycled lead is greater 
than 50%. 

– Very high quality products with degrees of purity (i.e. contents of harmful 
impurities) for the finished products, comparable to the purity of materials for 
electronics and with very narrow concentration ranges of the alloying elements, to 
obtain physical or mechanical properties with very small dispersions. For metal 
castings reaching 300 tons, steel grades with carbon content of less than 25 ppm, 

                             
3 US Geological Survey, Minerals Commodity Summaries and Minerals Yearbook, 2007. 
4 Source: IISI (International Iron and Steel Institute). 
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and sulfur and phosphorus content of less than 20 ppm or even 10 ppm can be 
guaranteed. The impurities in liquid aluminum after electrolysis and refining are  
<3 ppm for Li, <1 ppm for Ni and <1/10 ppm for H. The contents of each impurity 
in copper for electric wire must be <1 ppm. Achieving these chemical performances 
coupled to research into the lowest energy consumption requires perfect mastery of 
the process and thus a profound knowledge of its technology. 

– The energy consumption and reduction of pollution (rejected CO2, SO2 and 
dust) from the production of metals have become major objectives, leading to the 
development of new processes or product lines. 

– Non-ferrous metal ores often have very low contents of many rare or noble 
metals, whose extraction and recuperation often constitutes essential steps for the 
global production economy. Such extraction requires very complex processing 
routes for recovering rare or precious metals.  

Often the metal can or could be produced via several processing routes. The 
industrial processing routes for a given metal are to a large extent dependent on 
economic considerations, i.e. the cost of raw materials, cost of energy, cost of 
equipment and market conditions. 

The raw materials for the production of metals and alloys are the ores on one 
hand and recovered and recycled products on the other: 

– the ores. The ores of Sn, Fe, Mn, Cr, Al, Ni are oxides. The ores of many  
non-ferrous metals, e.g. Cu, Ni, Pb, Zn, Cd, Mo, are sulfides; 

– the recycled metals (Fe, Al, Cu, Zn, Pb); 

– the steel plant dust containing metals or oxides (Zn, Cd, Pb); 

– the residues from leaching operations, e.g. the red muds, a residue containing 
titanium, vanadium, gallium produced by bauxite leaching during the Bayer process, 
the gold cyanide sludge; 

– the drosses, slags and scoria treated to recover rare metals or to eliminate 
harmful components. 

The operations of mineralogy are known as ore-dressing. In the general case, the 
ore must be concentrated to free it from minerals of no value, called the gangue, 
whose main components are oxides (SiO2, Al2O3, CaO, MgO). This is done using 
physical operations: grinding (comminution) or fragmentation of the ore to small 
sizes to allow easy separation, then separation by sedimentation and enrichment by 
flotation, magnetic sorting etc., leading to a raw material enriched in components.  

The operations of extractive metallurgy treat ores, concentrates and recycled 
metals. These are mixtures of oxides or sulfides. The processing routes of the ore’s 
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treatment, raw or enriched, together with the technologies used in these routes 
depend first of all on the ore’s nature and its metal content. 

Thus iron ore is practically pure iron oxide (hematite or magnetite), with a 
content of iron of the order of 65% and several percent of silica (SiO2). The basic 
treatment will be the direct reduction of the iron oxide.  

Alternatively, the ores can be treated to give an essentially pure chemical 
compound of the metal and this compound may be converted to give the metal. For 
example, aluminum’s ore (bauxite), is composed of alumina (Al2O3, 30–60%), iron 
oxide (Fe2O3, 1–30%) and silica (1–10%). The first phase of the ore’s treatment will 
be the separation of these oxides to obtain the pure alumina, which will be reduced 
in a second phase by electrolysis in molten salts. 

The copper sulfide ores, whose copper content is very low, exceptionally 
reaching 5%, undergo processes of mineralogy (flotation) to obtain concentrates 
containing Cu (20–25%), Fe (30%) and S (30%). The separation of copper sulfide 
from iron sulfide via a selective roasting constitutes the first step of the treatment. 
The second step is a copper converting. 

Zirconium ore, zircon (silicate of zirconium and hafnium, i.e. ZrSiO4 and 
HfSiO4), is converted into gas chlorides whose separation is possible before the 
reduction of zirconium chloride to very pure zirconium.  

Extraction and refining operations may be carried out by pyrometallurgical, 
hydrometallurgical, halide and electrometallurgical processes:  

– pyrometallurgy involves processes carried out at high temperatures divided 
into:  

- primary pyrometallurgy, which converts the ore or concentrate to impure 
metal generally in liquid form. The main operations are oxide reduction, sulfide 
roasting, smelting and converting;  

- secondary pyrometallurgy is the treatment of the liquid metal, obtained either 
directly in the first step or by remelting metallic recycled products. It consists of 
several refining operations, mainly the removal of harmful elements left in the liquid 
metal (deoxidation, dehydrogenation, etc.) and addition of the alloying elements; 

– hydrometallurgy consists of operations of primary metallurgy performed in 
aqueous solutions, at relatively low temperatures and often under high pressure, 
such as leaching, precipitation and solvent extraction;  

– hydroelectrometallurgy consists of salt electrolysis in an aqueous solution, 
yielding the metal in a solid state. Electrorefining constitutes a refining process of 
the metal obtained in a first electrolysis;  
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– pyroelectrometallurgy consists of processes employing electrolysis (reduction), 
either of mattes or oxides (e.g. Al2O3) or chlorides (e.g. MgCl2) into molten salts, 
yielding the metal in a liquid state;  

– chlorometallurgy consists of the following processes: 

- chlorination of a highly reactive metal oxide, such as titanium or zirconium, 

- separation of the chlorides via physical processes: distillation and extractive 
distillation, 

- reduction of chlorides by metallothermic reduction. 

The upholding into operation of an existing processing unit, the improvement of 
an industrial operation, the implementation of a new technology (not formerly used 
in the unit) and the development of a new process all fall within technical 
considerations, as well as economic considerations. In this series, economical 
considerations will not be discussed, for obvious reasons, but sound economic 
decisions rest on in-depth technical analyses of the processes and operations. Such 
in-depth analyses are based on process engineering principles. These methods use 
mathematical models allowing us to simultaneously take into account the 
elementary processes and their couplings5. These mathematical models are sets of 
fundamentally-based differential equations derived from thermodynamics, kinetics, 
heat flow, fluid flow, mass transfer and electromagnetic phenomena. Modeling will 
thus be at the heart of all the analyses here. The solutions to these differential 
equations, via analytical or numerical methods, allow us to achieve sound 
quantitative previsions. Analytical solutions of these equations of partial derivatives 
have been established in numerous instances, but only for specific cases. They are 
nonetheless interesting as they reveal the influence of certain factors or parameters 
on the processes. This leads to very useful dimensionless numbers. These analytical 
solutions and the dimensionless equations are presented and used in these volumes. 
For the numerical methods of the solution of equation systems, the reader is referred 
to specialized publications. 

The subject of extractive metallurgy is also addressed in two other publications 
written by myself and published by ISTE. The first volume, Basic Thermodynamics 
and Kinetics deals with the fundamentals of thermodynamics and kinetics of the 
extraction processes. The second volume, Metallurgical Reaction Processes, deals 
with the extraction and refining unit processes. This final volume, Processing 
Operations and Routes, deals with the operations and technologies used in industrial 

                             
5 J. SZEKELY, “The mathematical modeling revolution in extractive metallurgy”, 
Metallurgical Transactions B, Vol. 19B, p. 525-540, 1988, and H.Y. SOHN, “The coming-of-
age of process engineering in extractive metallurgy”, Metallurgical Transactions B, Vol. 22B, 
p. 737-754, 1991. 
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production and industrial processing routes, i.e. the combination of steps or 
operations used to convert the available ore  to metal, illustrated by flowsheets. 

This book is intended not only for students of metallurgical and mechanical 
engineering who want to acquire the bases of this technology, decreasingly taught in 
universities and engineering schools, but also for engineers confronted with a new 
production problem, either directly (management of a industrial operation or 
development of a new process) or indirectly (in the definition of a materials’ 
specification).  

It is conceived to be accessible to any student or engineer with general chemistry 
and physics training. It only necessitates elementary knowledge in chemistry, 
thermodynamics and chemical kinetics. One of the objectives of this book is to 
allow the easy consultation of books and technical publications dealing with this 
field.  

This book is the result of my chemical engineering training, courses taught in the 
Écoles des Mines of Nancy and Paris (France), visits to industrial plants, research 
performed in collaboration with industry, studies and common work as a consultant 
and as an industrialist in direct contact with numerous producers of metallic parts. I 
would like to thank, more particularly, engineers from the research centers of 
Arcelor-Mittal (IRSID), Alcan (ex-Péchiney), Cezus and Eramet for their advice and 
authorized opinions. 

I would most particularly like to thank Professors Jean Philibert and 
André Pineau. Finally this book is dedicated to Professors Pierre Le Goff and  
Pierre-Marie Fourt. 

Alain VIGNES 

February 2011 



 

Chapter 1 

Physical Extraction Operations  

This chapter presents the unit operations of separation of the components of a 
mixture. These physical operations do not involve a chemical reaction. Only the 
bases of these processes are presented. 

1.1. Solid-solid and solid-fluid separation operations  

1.1.1. Flotation  

Flotation (“froth flotation”) is one of the primary mineral processing operations 
that is a beneficiation process. Flotation is a sorting (separation) process of 
chemically different solid particles by using surfactants and wetting agents 
[FUE 07]. The principle of froth flotation is as follows: after grinding into a fine 
powder, the solid particles to be separated are mixed with water. A water slurry 
(called a pulp) is then made. This pulp is treated with reactants (surfactants) that, by 
being selectively absorbed at the surface of certain particles, make them 
hydrophobic (having a greater affinity for air than for water). 

This pulp of hydrophobic and hydrophilic particles is placed in a flotation cell 
with impellers (see Figure 1.1.1) and air bubbles are blown through it. Air bubbles 
attach themselves to the hydrophobic particles and carry them to the surface if the 
result of the surface tension, mass and buoyancy forces is negative. They are floated 
out in a stable froth (concentrates) that is skimmed off and discharged of its burden. 
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Figure 1.1.1. Diagram of a froth flotation cell: showing pulp from the previous  
flotation cell; and pulp to the next flotation cell  

Collectors are ions of organic molecules that belong to the family of 
alkyldithiocarbonates or xanthates and dithiophosphates [RAO 04].   

Flotation is one of the processes used for concentrating (beneficiating) complex 
ores, such as sulfide and carbonate ores of nonferrous metals (lead, copper, zinc, 
nickel). Sulfide ores can always be concentrated by flotation with good yields. 
Flotation is the most commonly used technique for separating minerals from their 
gangue (silicates are wetted by water, sulfides are non-wetted). The ore has to be 
subjected to a grinding until particles with a size lower than 150 µm are obtained. 
This operation has a major economical importance (units have a treatment capacity 
of more than 100,000 tons of ore per day). 

Flotation also allows the separation of sulfides: in the treatment of zinc-lead 
sulfide ores, nickel-copper sulfide concentrates and nickel-copper mattes (see 
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Chapter 10, Figure 10.5.2) leading to a concentrate rich in one sulfide and a 
concentrate rich in the other.  

In the refining operations of steel and aluminum, flotation is used to remove 
from the liquid phase oxide inclusions formed during the deoxidation of steel (see 
[VIG 11b], Chapter 7, section 7.2.3) or present in [MIR 09]. This operation is 
performed by injection of argon bubbles that attach themselves to the inclusions. 

The removal of sulfur S°, which forms in the leaching of zinc sulfides, is 
performed by flotation (see [VIG 11b], Chapter 1, section 1.5.2.2). 

1.1.2. Settling under gravity  

Settling under gravity is the natural separation of solids that are suspended in a 
liquid. Settling can be accelerated by coagulation of the particles with flocculating 
agents.  

1.1.3. Centrifugation 

The gas-solid separation is carried out in cyclones (see Figure 1.1.2). The solid 
particles carried along by a gas flowing at a high rate, due to the centrifugal force, 
end up on the walls of the cyclone during a downward helical journey and fall to the 
lower conical part, whereas the gas escapes from the higher part.  

For liquid-solid suspensions, the separation by centrifugation is obtained by 
rotating the suspension.  

 

Figure 1.1.2. Gas-solid separation in a cyclone  
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1.1.4. Filtration  

Ordinary filtration is used in hydrometallurgical operations. For aqueous 
suspensions, the separation of the particles resulting from a precipitation is obtained 
by filtration, which is carried out by passing the slurry through a natural or synthetic 
cloth that will not permit passage of solids. The cloth should offer minimal 
resistance to water flow and act mainly as a support for the deposited solids that 
form the effective filter bed. The water may be forced through the filter under 
pressure or drawn through by suction.  

The presence of non-metallic inclusions in cast iron, steels and aluminum alloys 
is very detrimental to product quality. These very fine oxide inclusions (of 1−3 µm) 
are formed when the steel is deoxidized with various deoxididizers, such as 
aluminum, silicon, etc. They do not separate into the slag phase during these 
refining operations in spite of their low density. Filtration of liquid metals prior to 
casting is used to remove inclusions (see [VIG 11b], Chapter 7, section 7.2.3).  

The ceramic (alumina) filters are made either of a bed of spherical particles or of 
a monolith bearing parallel cylindrical pores with a diameter of about 1 mm. The 
pore diameter in a deep bed filter can be 100 times as large as the filtered particle 
diameter. The particles are captured by adsorption on the pore walls throughout the 
entire depth of the filter. The flow rate of the liquid metal in these pores is thus a 
significant parameter for the efficiency of these filters.  The ceramic (alumina) used 
allows the filtration of aluminum alloys (see Figure 1.1.3),  copper alloys, cast iron 
(see Figure 1.1.4) and of super-alloys. 

 

Figure 1.1.3. Pechiney deep-bed filter [CLE 95]  
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Figure 1.1.4. Ceramic filter for cast iron (Daussan Group document)  

A filter, such as the one presented in Figure 1.1.3, with a height of 1.5 m and a 
global surface of 2.7 m2 can treat 25 tons of aluminum per hour. It contains 2.5 tons 
of liquid metal [BRE 95]. 

1.2. Separation operations of the components of a fluid phase  

1.2.1. Condensation 

Condensation allows separation of components of a gaseous phase by cooling. 
Condensation is carried out in zirconium and titanium metallurgy in order to 
separate the gaseous chlorides obtained by carbochlorination of the ores (see 
Chapter 10, Figure 10.10.1).  

1.2.2. Vacuum distillation  

In zirconium metallurgy, after the Kroll reduction that produces a pseudo Zr-Mg 
alloy, vacuum distillation producing a vaporization of magnesium allows the 
separation of magnesium and magnesium chloride from titanium or zirconium, 
leaving a sponge (see Chapter 10 Figure 10.10.1). 

Lead bullion is refined (see Chapter 10 Figure 10.7.1) using a vacuum 
distillation operation, to remove zinc whose content reaches ≈0.55%. At 600°C, 
under a vacuum of 0.05 mbar, the volatilized metallic zinc condenses on the higher 
part of a tank cooled down by water (see Figure 1.2.1).  A mechanical vacuum pump 
produces a residual pressure of about 0.05 mbar. A temperature of 600°C, a stirring 
time of five hours reduces the zinc content in lead from 0.50% to 0.05%. 
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Figure 1.2.1. Lead bullion refining in a batch vacuum dezincing plant. The distance between 
the evaporating and condensing surfaces is about 30 cm [DAV 00]   

1.2.3. Liquation  

After cooling, a two-component liquid phase is separated into two liquid phases. 
This is liquation. One of the phases is rich in component A and the other is rich in 
component B when the phase diagram of the A-B binary solution presents a 
miscibility gap. 

 Liquation is also an operation in which impurities in a metal are removed by 
cooling the mixture to just above the melting point of the pure metal. Where the 
solubility of the impurity decreases and precipitation of this impurity or a compound 
occurs.  
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This operation is used in zinc metallurgy, in the pyrometallurgical processing 
route based on the Imperial smelting process, after zinc condensation by lead to 
separate lead from zinc (see Chapter 4, Figure 4.4.1 and Chapter 10 Figure 10.6.1). 
The zinc-lead equilibrium diagram (see [VIG 11a], Chapter 3) presents a miscibility 
gap. By lowering the temperature of the liquid phase down to 430−440°C, two 
liquid phases form; one of the phases is rich in zinc and contains 0.9% lead and the 
other is rich in lead and contains 2% zinc. The phase rich in zinc contains some iron 
and the solubility of iron in zinc significantly decreases when the temperature is 
reduced from 800°C to 419°C. By cooling, we obtain a liquid very rich in zinc and a 
solid component: phase ζ (whose formula is FeZn13). This operation is carried out 
by keeping zinc in a reverberatory furnace with a sloping hearth for 24 to 48 hours 
at a temperature of 430−440°C. Lead settles down, as do the FeZn13 crystals, called 
“zinc matte”. Three products are thus obtained:  

– refined zinc with 0.9% lead;  

– lead with 5−6% zinc; 

– the “matte”. 

This operation is carried out for many other metals. In the extraction of tin by 
smelting-reduction, we obtain tin with 2% iron (see [VIG 11b], Chapter 7, section 
7.6 and Chapter 10, Figure 10.3.1 of this volume). Refined tin is obtained by 
liquation. By cooling down the tin bath, precipitation of FeSn2 compounds occurs. 
The solid precipitates, having a density close to that of tin, form a dross whose 
separation from liquid tin is performed by filtration or centrifugation. During this 
operation, other impurities (Cu, As, Sb) that also form inter-metallic components are 
also partly removed.  

In lead refining, copper is the first impurity to be removed from lead bullion. The 
“decoppering” is performed by liquation (see [VIG 11b], Chapter 7, section 7.5.1 
and Chapter 10, Figure 10.7.1 of this volume). The lead bullion is melted and held 
just above its melting point. The solid copper precipitates and rises to the surface, 
forming a dross that is skimmed off. 

The recovery of silver and gold from lead bullion, known as “lead desilverizing” 
involves liquation by the Parkes process (see [VIG 11b], Chapter 7, section 7.5.4 
and Chapter 10, section 10.7, Figure 10.7.1 of this volume). This  is performed by 
addition of zinc to the (Pb + Ag + Au) solution at 480°C. The phase diagram of the 
Pb-Zn-Ag system (see Figure 1.2.2) shows that the system is split into two phases, 
with silver being concentrated in liquid zinc. The temperature of the melt is 
gradually lowered to below 419.5°C, at which point the zinc (now containing all the 
silver and gold) begins to solidify as a crust on the surface of the lead and can be 
skimmed off.  
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Figure 1.2.2. Lead-zinc-silver ternary phase diagram [WIL 80]  

1.2.4. Distillation  

Distillation is a separation operation of the components of a liquid phase whose 
boiling points are not too close to each other. The simplest equilibrium diagram for 
two-component system is composed of a liquid-phase region, a gas-phase region and 
a two-phase liquid + gas region. The temperature-composition curves for each phase 
in two-phase equilibrium are the two curves that separate the single phase from the 
two-phase region (see Figure 1.2.3). At temperature T2, for instance, the liquid phase 
is richer in component B and the gas phase is richer in component A. The principle 
of distillation relies upon this fact.  

Separation is carried out in a distillation column with trays above each other, 
along which a temperature gradient is imposed (see Figure 1.2.4).  A layer of liquid 
is held on each tray and bubbles of the gas phase pass through. At each tray, the 
liquid phase and vapor phase in equilibrium have different compositions. There is 
then extraction from the liquid phase of one or two of the most volatile components, 
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which are carried out by the gas bubbles and absorbed by the liquid phase of one or 
two components of the gaseous phase with the highest boiling points [PET 04].  

 

Figure 1.2.3. Liquid–vapor phase diagram of a binary system  

 

Figure 1.2.4. Tray distillation column  

In this operation, the liquid mixture to be distilled is introduced to the column at 
an intermediate level. The vapor phase circulates upwards in the column as bubbles 
through the liquid layer of each tray; it carries away the most volatile component(s). 
The liquid phase circulates downwards due to gravity and becomes richer in the 
components whose boiling points are the highest. A fraction of the liquid at the 
bottom of the column is removed, as residue; another part is vaporized in the boiler. 
This fraction forms the vapor phase required for distillation. The vapor at the head 
of the column is condensed; some of the condensates are carried back to the head of 
the column and form the liquid phase that passes goes down the column.  

This operation is carried out in the INCO pressure carbonyl process of nickel 
production, where nickel is converted into nickel carbonyl, Ni(CO)4 (see [VIG 11b], 
Chapter 7, section 7.9 and Figure 7.9.1). Distillation is used to separate nickel 
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carbonyl Ni(CO)4 (TE: 43°C) from iron carbonyl Fe(CO)5 (TE: 102.8°C). Ni(CO)4 is 
released at the head of the column.  

Zinc, obtained by pyrometallurgy, contains always lead, cadmium, (see [VIG 
11b], Chapter 7, section 7.7). Zinc refining is performed by “fractional distillation”, 
in a unit consisting of four parallel working columns (see Figure 1.2.5).  Each 
column has between 56 and 58 silicon carbide (SiC) trays with holes that allow 
vertical counter-current flows of rising vapor and descending molten metal zinc 
between the trays [HAN 00]. Crude zinc is inserted at 580°C into the middle of the 
lead column where the less volatile elements, such as iron, copper and lead, are 
removed along with half the zinc at the bottom of the column. This metal feeds a 
liquation furnace where the Zn-Pb separation is carried out. The zinc thus recovered 
is reheated to 600°C and feeds a second re-boiling column (not represented in the 
figure) where zinc vapor with a purity of 99.995% collects at the top of the column. 
The vapor passing out of the top of the lead column containing about 0.3−0.9% 
cadmium, is condensed and fed into the cadmium column.  

After condensation, the vapor passing out of the top of the cadmium column, 
enriched in cadmium (20% Cd–80% Zn) is fed into a second cadmium column (not 
represented in the figure), at the top of which cadmium, with a purity of 99.997% or 
more, is obtained. The metal at the bottom of the cadmium column is zinc with a 
purity of 99.995%.        

 

Figure 1.2.5. Refining of zinc: distillation unit for the separation of zinc, cadmium and lead  
(New Jersey zinc distillation process)[HAN 00]  
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1.2.5. Extractive distillation  

When the components of a liquid phase have boiling temperatures very close to 
each other, extractive distillation can be used to separate them by adding a solvent in 
which one of the components predominantly dissolves. The distillation unit consists 
of two columns. The distillation column (see Figure 1.2.6) is fed with the mixture.  
The solvent is introduced in the column above the feed level. It has a high boiling 
point, remains in the liquid state and absorbs, as it moves downwards, the less 
volatile component. The more volatile component is obtained at the top of the 
column. The mixture of the solvent and less volatile component passes from the 
bottom of the extractive distillation column and is distilled in the second 
regeneration column. The purified solvent obtained at the bottom of this column is 
recycled in the first column. 

 

Figure 1.2.6. Schematic representation of an extractive distillation unit  

1.2.5.1. Extractive distillation of chlorides  

Extractive distillation is carried out in zirconium metallurgy to separate 
zirconium and hafnium chlorides (see Chapter 10, Figure 10.10.1).  The separation 
of these chlorides is difficult as both components have similar properties; however 
the hafnium content in the ore has to be reduced from a few percent to 100 ppm in 
the metal, which represents an extraction factor of about 1,000. The Cezus process is 
a continuous process of separation of ZrCl4 and HfCl4 by extractive distillation using 
a mixture of molten salts, KCl-AlCl3, at a temperature of 350°C under atmospheric 
pressure (see Figure 1.2.7).  

The zirconium and hafnium chloride vapor is preheated to 500°C and is injected 
at mid-level into the tray column. The ascending vapor flows counter-currently with 
a descending solution of potassium and aluminum chlorides, KAlCl4 (AlCl3-KCl), 
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which are used as the solvent. This solution becomes richer in ZrCl4 and the 
ascending vapor becomes richer in hafnium chloride, which is released at the head 
of the column. At the bottom of the column, the solvent enriched in zirconium 
chloride passes through a boiler at 500°C where the zirconium chloride is vaporized 
and carried along by a neutral gas before being recovered by condensation. The 
solvent recovered is injected back into the head of the column. 

 

Figure 1.2.7. Cezus process unit of extractive distillation of ZrCl4/HfCl4 chlorides  
(French patent 73 40395, 2 250 707, November 14, 1973) 

1.3. Bibliography  

[ALI 85] S. ALI, R. MUTHARASAN, D. APELIAN, Metallurgical Transactions B, Vol. 16B,  
p. 725, December 1985. 

[BRE 95] R. BREMOND et al., La Revue de Métallurgie, CIT/Science et génie des matériaux, 
pp.593-599, May 1995. 

[CLE 95] G. CLÉMENT, “The Pechiney deep bed filter: technology and performance”, in J. 
EVANS (ed), Light Metals 1995, The Minerals, Metals and Materials Society, pp. 1253-
1263, 1995. 


